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Abstract 
High-Pressure Phase Equilibria of Ionic Liquids and Compressed Gases for 
Applications in Reactions and Absorption Refrigeration 
by 
Wei Ren 
Environmental concerns using volatile organic compounds have attracted 
intensive research of replacing them with more sustainable (“greener”) solvents.  
Ionic liquids have been promising alternatives due to their unique physical and 
chemical properties, especially their lack of volatility.  However, using ionic liquids 
over common organic solvents has several challenges, i.e., higher viscosity (lower 
diffusivity) than common organic solvents; lower solubility of reaction gases and 
large number of high-melting solids not liquids at processing conditions.  Coupling 
ionic liquids with compressed gases systems may overcome most of these difficulties 
for their applications in separations, reactions, materials processing and engineering 
applications.  To further develop these processes, phase behavior and phase 
equilibrium knowledge are of essential significance.  The main objective of this 
research is to investigate high pressure global phase behavior and measure phase 
equilibrium of ionic liquids and compressed gases for their applications as reaction 
media for hydrogenation and hydroformylation reaction and as working fluids for 
absorption air conditioning systems.  
This research investigates imidazolium ionic liquids with various alkyl groups 
and anions and two compressed gases: carbon dioxide (CO2) and 1,1,1,2-
 iii
Tetrafluoroethane (R-134a).  The global phase behavior and phase equilibria are 
measured in the temperature range from approximately 0°C to 105°C and pressure up 
to 330 bar.  Binary systems of R-134a with ionic liquids of [EMIm][Tf2N], 
[HMIm][Tf2N], [HMIm][PF6], [HMIm][BF4], and [BMIm][PF6] indicate a Type V 
system according to the classification of Scott and van Konynenburg.  Regions of 
multiphase equilibria exist, viz. vapor liquid equilibrium, vapor liquid liquid 
equilibrium, liquid liquid equilibrium; while Type III phase behavior for [HMIm][Br] 
and R-134a is observed, which provides a novel purification method to separate 
[HMIm][Tf2N] from [HMIm][Br] after synthesis.  The phase behavior of CO2 and all 
ionic liquids indicate Type III systems.  The effects of ionic liquid structures on the 
solubility, lower critical end-point (LCEP) and mixture critical points are also 
investigated.   
Complete phase behavior study with the reactant, product, CO2 and ionic liquids 
for hydrogenation and hydroformylation reactions are accomplished, and volume 
expansion and molar volume data of liquid phase with CO2 pressure are measured 
simultaneously. Two regions of reaction rate with different primary phenomena can 
be explained by phase behavior knowledge: dilution effect and reactant partitioning.  
The unique phase properties of IL/CO2 suggest an ease product purification process 
and make it a favorable biphasic solvent system. Detailed phase behavior and 
equilibrium help understand fully the kinetics results, determine the operating 
conditions, choose appropriate separation process and properly design an optimal 
reaction system. 
 iv
The understanding and quantitative modeling of the high-pressure phase 
behavior and equilibria data are essential for process design and simulation.  The 
Peng-Robinson equation of state model with van der Waals 2-parameter mixing rule 
is chosen to correlate the experimental data and predict phase equilibrium. 
Thermodynamic modeling of an absorption air conditioning system using ILs and 
compressed gases as working fluids is developed.  
This work reveals that a biphasic reaction system with IL/CO2 for 
homogeneously catalyzed reactions provides a highly tunable, flexible and economic 
platform for reactions and separations.  However, without understanding the phase 
equilibrium, the kinetics results cannot be properly interpreted.  This work also 
demonstrates that the absorption refrigeration system using ionic liquids and 
compressed gases in vehicles is feasible using just the waste heat from the engine and 
can provide comparable cooling capacity as vapor compression system.  The common 
vapor compression system diverts work from the engine to power the air conditioning 
system and this adds to fuel consumption and pollution.   
 v
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Chapter 1 Introduction 
With increasing environmental concerns, it becomes more and more important 
to decrease the use of volatile organic compounds.  Thus, exploring alternatives of 
traditional solvents has become more critical.  Ionic liquids (ILs) have been receiving 
more and more worldwide attention in academic research and commercial 
applications.  Room-temperature ionic liquids (RTILs) are organic salts that form 
liquids at or near room temperature.  Many of the properties of ILs make them 
environmental benign.  For instance, ILs have non-measureable vapor pressure, 
which dramatically decreases the exposure for operator.  ILs are nonflammable, non-
explosive and stable as liquids in a wide temperature range.  They have a wide 
window of electrochemical stability, good electrical conductivity, high ionic mobility 
and excellent chemical stabilities.  ILs also are good absorbents for organic, inorganic, 
and gas components for a variety of applications in reactions, extractions, materials 
processing and engineering applications.   
 
1.1 Ionic Liquids  
1.1.1 Ionic liquids classification 
The most commonly used ILs are quaternary ammonium, imidazolium, 
pyridinium, and phosphonium.  As shown in Figure 1.1, ILs often have large organic 
cations.  Other cations [1] (shown in Figure 1.2) are also reported such as 
sulfonium(1), oxazolium(2)[2] and pyrazolium(3)[3] lithium(4), pyrrolidinium(5), 
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thiazolium(6),[4] triazolium(7)[5].  The anions can be polynuclear anions, e.g.  
[AlCl4], [Al2Cl7], [Au2Cl7], [Fe2Cl7], inorganic (halide, [BF4], [PF6]), and organic 
anions [C4F9SO3], trifluoroacetic [CF3CO2], triflate[CF3SO3], amides [Tf2N], 
[(C2F5SO2)2N], [(FSO2)2N] and [CF3CONCF3SO2], methide [(CF3SO2)3C], 
[(CF3SO2)2N].  Anions may also be based on cyano groups, such as [Ag(CN)2], 
[C(CN)3] and [N(CN)2] [1].  Several common ionic liquids with an abbreviation and 





Figure 1.2 Other cations used in ionic liquids 
 
Figure 1.1 Illustrations of common cation classes and anions used with ionic liquids 
 3
Table 1.1 Common ionic liquids, abbreviation names and chemical structures 
















1.1.2 Ionic liquids nomenclature 
Ionic liquids consist of cation and anion.  Typically ILs are named as: 
[cation][anion].  Ionic liquids chosen in this research are 1-alkyl-3methylidazolium 
cations, which are abbreviated as [RMIm].  Regarding to different alkyl chain length, 
“R” is replaced by the first letter of alkyl chain.  For instance, [EMIm] represents 1-
Ethyl-3-methylimidazolium, and [BMIm] refers to 1-Butyl-3-methylimidazolium 
respectively.  For imidazolium cations, if the C2 position (Figure 1.2) has been 
methylated, the cation is abbreviated as [RMMIm].  For example, [EMMIm] is 
abbreviation of 1-ethyl-2, 3-dimethylimidazolium.  Pyridinium, ammonium and 
phosphonium cations have different abbreviation.  [n-Alkylpyridinium] is abbreviated 
to [CnPyr]+, where n is the number of carbons in the alkyl chain attached to the 
nitrogen of the pyridinium ring.  [(Cn)mN] and [[(Cn)mP] are the abbreviations for 
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tetraalkylammonium and tetraalkylphosphonium, where m accounts for number of 
alkyl chain groups attached to nitrogen or phosphorus.   
The anions are generally abbreviated as their molecular formulas.  For 
example, hexafluorophosphates is abbreviated as [PF6], tetrafluoroborates as [BF4].  
Triflate as Tf,  Trifluoromethanesulfonyl, [CF3SO2] as [TfO], and 
bis(trifluoromethanesulfonyl)amide, [(CF3SO2)2N] as [Tf2N]. 
1.1.3 History of ionic liquids 
Ionic liquids have been known for over a century.  In 1888, 
Ethanolammonium nitrate with a melting point of 52-55 °C was reported by Gabriel  
[6].  In 1914, the room temperature ionic liquid, ethylammonium nitrate 
([EtNH3][NO3]) with a melting point of 12 °C was first synthesized.  However, little 
advancement occurred in the field for most of the 20th century.  The development of 
chloroaluminate (AlxCly) ionic liquids started from 1948.  In 1951, Hurley and Weir 
[7] synthesized alkylpyridinium chloroaluminate salts.  Because of alkylpyridinium 
cations are not satable, Hussey and Wilkes [8] used imidazolium cations. Despite the 
applications in catalysis and use as a solvent, chloroaluminate ILs suffer from 
extreme air and water sensitivity, which limit their applications as solvents in 
transition metal catalysis and mainly used in electrochemical process. 
In 1972, the first use of an IL as a solvent for homogeneous transition metal 
catalysis reaction was described by Parshall [9].  Tetraethlylammonium 
trichlorostannate, with a melting point of 78 ºC was used in hydroformylation of 
ethylene with a platinum catalyst.  1-Ethyl-3-methylimidazolium [EMIm] 
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chloroaluminate ILs were discovered [8] in 1982, which provided acceleration for 
activity in the area of RTILs.  The named salt was one of the most widely studied 
room-temperature melt systems until recently.  It exists as liquid at room temperature 
for compositions between 33 and 67 mol% AlCl3.  The Diels-Alder reaction using 1-
Ethyl-3-methylimidazolium chloride / chloroaluminate ([EMIm][Cl]/(AlCl3)x) has 
been reported [10].  The acidic/basic products are determined by the ratio of 
([EMIm][Cl]/(AlCl3)x.  The halogenoaluminate ILs can posses Lewis Acidity, which 
can be varied by controlling the molar ratio of the two components for various 
catalytic reactions.  This kind of tuning makes these ILs attractive as nonaqueous 
reaction media [11].  A drawback of aluminum chloride-based ionic liquids is their 
moisture sensitivity. 
 In 1992, Wilkes and Zaworotko [12] reported the first air and moisture stable 
ionic liquids based on 1-Ethyl-3-methylimidazolium cation with either 
tetrafluoroborate or hexafluorophosphate as anions.  Unlike the chloroaluminate ionic 
liquids, these ionic liquids could be prepared and safely stored outside of an inert 
atmosphere.  In 2004,  the first major industrial application of ILs was used by BASF 
in the Biphasic Acid Scavenging utilizing Ionic Liquids (BASILTM) process [13].  
This technology increases yield and capacities, and replaces the conventional process 
of forming solid salts when the acid is removed. 
Now research and industrialization of ionic liquids are expanding dramatically 
as shown in Figure 1.3.  All the data were given by Scifinder till September 2009.  
ILs have seen wider industrial applications [1, 14-20] in catalytic reactions, gas 
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separations, liquid-liquid extractions, electrochemistry, fuel cell, biotechnology 
especially for biocatalysis,[21-23] synthesis of RNA and DNA oligomers [24].  They 
have also been successfully used to dissolve and process cellulose, [25-27] for 
optoelectronic applications,[28] as well as in synthesizing novel polymers [29-30] 
and nanomaterials [31]. 
 
 
1.1.4 Physicochemical properties of ionic liquids 
It is necessary to measure and understand the fundamental physical and 
chemical properties of ionic liquids in order to replace organic components as 
solvents for reactions or separation processes.  Physical properties, such as melting 











1995 1997 1999 2001 2003 2005 2007 2009
 
Figure 1.3 Literature survey on publications of ionic liquids.  All data is until 
September, 2009 
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Chemical properties, such as co-ordination properties, Lewis acidity, polarity, 
hydrogen bonding ability of donating and accepting, play a key role in solubility, 
phase behavior, and reaction kinetic rates.   
The most important feature of ILs is the ability to tune molecularly by the 
choice of functional groups on the cation and the anion [32-33].  It has been estimated 
that ~1014 unique cation/anion combinations are possible [34].  Therefore, ionic 
liquids are “designer media”, whose great flexibility allows for optimizing the solvent 
for any specific application.  For example, replacing the [PF6] anion of the 1-alkyl-3-
alkylimadazolium cation by [BF4] dramatically increases the miscibility of the ionic 
liquid in water; however, the replacement by [Tf2N] ion decreases the water 
miscibility.  Changing the length of alkyl chain can tune the miscibility of ionic liquid 
in water [33].  
For the properties of ionic liquid, there is a free web database available at 
National Institute of Standard and Technology (NIST)[35], which provides access to 
thermodynamic and transport properties of ionic liquids and contains information of 
more than 200 ions and 300 ionic liquids.   
1.1.5 Structure of ionic liquids determines the properties 
The relationships between properties and structures need to be understood 
before selecting and synthesizing the ionic liquids.  Previous research demonstrated 
that the anion for any given cation class has the most significant effects on many of 
the properties.  The alkyl chain length and functional alkyl chain added on cations are 
also important.   
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1.1.5.1 Melting point 
Generally, ILs consisting of large and unsymmetrical ions have lower melting 
points [36].  Thus, relatively small and symmetrical ions, such as halide anion Cl 
often produce higher melting point salts, while larger amide anions, such as [Tf2N], 
often produce room-temperature Pyridinium based ILs that generally have higher 
melting points than imidazolium ILs [37].  Table 1.1 lists the melting points for 
several 1-alkyl-3-methylimidazolium ionic liquids.  The long alkyl chain IL causes a 
decrease in melting point initially, followed by an increase with longer alkyl chains.  
For a [PF6] anion, the melting points decrease as [EMIm] > [BMIm] >[HMIm], 
however, if the alkyl chain length increased beyond a certain length, for instance, 8-
10 carbons for 1-alkyl-3-methylimidazolium cations, the meting point increases 
instead of decreasing due to the difficulty of ion packing.  Substituation at the C2-
position of imidazolium ring (Figure 1.2) increases the melting point due to aromatic 
stacking or methyl-π stacking between cations.  For the same cation, large, more 
asymmetrical anions have lower melting points, such as triflate ([TfO]) and [Tf2N].  
[Tf2N] has relatively lower melting points probably due to the electron delocalization 
and the anion’s inability to hydrogen bond [38].  The main factors affecting the 
melting points of ILs are the size, the symmetry of the ions, the distribution of charge 






Table 1.2 Melting points of ionic liquids 
Ionic liquids Melting Points [°C] Reference 
[BMIm][Cl] 41 [41] 
[BMIm][I] -72 [41] 
[BMIm][PF6] 10 [41] 
[BMIm][BF4] -81 [42] 
[BMIm][AlCl4] 65 [43] 
[EMIm] [AlCl4] 84 [43] 
[EMIm] [PF6] 58-60 [12] 
[EMIm] [TfO] 9 [38] 
[EMIm] [Tf2N] 4 [38] 
[HMIm] [PF6] -61 [42] 
 
1.1.5.2 Density 
ILs are usually denser than water.  The densities of ionic liquids slightly 
decrease with increasing temperature.  The effects of anions on the densities of 1-
Butyl-3-methylimidazolium ionic liquids are shown in Table 1.2 [1].  For [BMIm] 
ILs, the density follows the order as: [methide] > [Tf2N] > [PF6] > [triflate] > [BF4] > 
[dicyanamide(Dca)].  Therefore, the density of ILs increases with molecular weight 
of the anion.  The larger anion has relatively higher density.  With increasing alkyl 
chain length on cation, the density decreases.  For example, the density of 
[EMIm][Tf2N] is larger than [BMIm][Tf2N].  Addition of methyl group on the C2 
carbon reduces density, for instance, [EMIm][Tf2N] > [EMMIm][Tf2N]; 
[BMIm][BF4]> [BMMIm][BF4] [40]. 
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Table 1.3 Densities of different anions for [BMIm] ionic liquids 
Anion Density (g cm-3) references 
[BF4] 1.17 (30 °C) [1] 
[PF6] 1.37 (30 °C) [1] 
[CF3SO3] 1.29 (20 °C) [1] 
[CF3CO2] 1.209 (21 °C) [1] 
[Tf2N] 1.429 (19 °C) [1] 
[Triflate] 1.301 (22.6 °C) [40] 
[Dca] 1.058 (24.0 °C ) [40] 
[Methide] 1.563 (24.5 °C) [40] 
 
1.1.5.3 Viscosity  
Ionic liquids are often more viscous than conventional organic solvents.  The 
viscosity data of a number of ionic liquids are shown in Table 1.4.  It is shown that 
the viscosity of ionic liquids is several orders higher than water, which is 0.894 cP at 
25 °C and acetone is 0.306 cP at 25 °C.  As usual, the viscosity decreases with 
temperature, sometimes substantially.  For [HMIm][PF6], the viscosity decreases by 
more than 50% when the temperature is only increased about 10 °C from 20 °C to 30 
°C,  which is observed with [HMIm][BF4] similarly.   
For ILs with the same anion, the viscosity increases with alkyl chain length 
due to stronger van der Waals interactions [38].  As shown in Table 1.4, at 20 °C, for 
the [BF4] anion, the viscosity with an [HMIm] cation is 314 cP, for [BMIm] 154 cP 
and for [EMIm], 66.5 cP.  The more asymmetrical cations have a lower viscosity.  
The viscosity of 1-alkyl-3-methylimidazolium salts can be decreased by using highly 
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branched and compact alkyl chains.  Phosphonium ILs have higher viscosities than 
imidazolium ILs [46].  The effect of cation is not as important as changing the nature 
of the anion [46].  For the same cation, the viscosity decreases following the 
order:[Cl] > [PF6] > [BF4] ≈ [NO3] >[Tf2N] [1].  [EMIm] salts were reported to have 
the lowest viscosity with the combinated effects of sufficient side chain mobility and 
low molecular weight [38].  
 
Table 1.4 Viscosity data for ionic liquids 
Ionic liquids Temperature [°C] Viscosity [cP] reference 
[BMIm][I] 25 1110 [41] 
[BMIm][BF4] 25 219 [41] 
[BMIm][PF6] 25 450 [41] 
[EMIm][Tf2N] 25 28 [44] 
[BMIm][Tf2N] 25 69 [38] 
[EMIm][BF4] 20 66.5 [45] 
[BMIm][BF4] 20 154 [45] 
[HMIm][BF4] 20 314 [45] 
[HMIm][BF4] 30 177 [45] 
[BMIm][PF6] 20 371 [45] 
[HMIm][PF6] 20 680 [45] 
[HMIm][PF6] 30 363 [45] 
[OMIm][PF6] 20 866 [45] 
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Huddleston et al. [41] investigated a series of 1-alkyl-3-methylimidazolium 
cations.  They reported that increasing the alkyl chain length from butyl to octyl 
increases the hydrophobicity and the viscosity of the ionic liquid; whereas densities 
and surface tension values decrease.  It should be noted that changing the length of 
one or both alkyl chains on the cation does not necessarily result in a monotonous 
increase in the viscosity.  For example, Bonhote et al. [47] reported that for [Tf2N] IL, 
replacing a butyl substituent by a methoxyethyl would decrease the viscosity by 
increasing the chain mobility, but no such effect could be observed. 
1.1.5.4 Thermal stability and heat capacity 
The thermal stability and heat capacity are important for ILs being used as 
both reaction media (especially for exothermic reactions) and as absorbents.  For 
imidazolium ILs, the suggested order of relative stabilities for different anions are: 
[PF6] > [Tf2N] ≈ [BF4] > [halides] [48].  The decomposition temperature on a series 
of [BMIm] ILs with various anions follows the order: [Cl] < [Br] < [Dca] < [BF4] < 
[CF3SO3] < [Tf2N].  For [Tf2N] ILs, the [BMIm] decomposes more easily than 
[BMMIm].  The thermal decomposition temperatures for several ionic liquids are 
listed in Table 1.5.  Compared with anions, the alkyl chain length does not affect 
thermal stability significantly.  For instance, for [EMIm][BF4], it is 412 °C  and 403 





Table 1.5 Thermal decomposition temperatures of ionic liquids 
Ionic Liquid Temperature onset for decomposition [°C] References 
[BMIm][I] 265 [41] 
[BMIm][Cl] 254 [41] 
[BMIm][BF4] 403 [41] 
[BMIm][PF6] 349 [41] 
[EMIm][Tf2N] 455 [48] 
[BMIm][Tf2N] 439 [41] 
[HMIm][PF6] 417 [41] 
[OMIm][PF6] 376 [41] 
[EMIm][BF4] 412 [48] 
[EMIm][CF3SO3] ~440 [38] 
 
The effects of anions on  heat capacity follow the order: [Br]<[Cl] <[BF4]<[Dca] 
<[PF6]<[TfO]<[Tf2N]<[C(CF3SO2)3] [40].  It is obvious that the larger the anion, the 
higher the heat capacity.  For ILs with the same anion, alkyl substituent on the cation 
increases the heat capacity.  Adding methyl group on the C2 carbon shows the same 
trend, except [Tf2N] ILs.   
1.1.5.5 Surface tension 
Surface tension is a property of the surface of a liquid in contact with air, 
caused by the attraction of the liquid molecules due to various intermolecular forces.  
The surface tension plays an important role in the way liquids behave.  Several ionic 
liquid surface tension data are given in Table 1.6.  It is lower than water, which is 
71.97 dyn/cm at 25 °C, but higher than some organic. 
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Table 1.6 Surface tension data of ionic liquids at 25 °C ([41]) 









1.1.5.6 Water miscibility 
Seddon et al. [45] indicated that for imidazolium-based ionic liquids, halide 
(Cl, Br, I), ethanoate([AcO]), nitrate ([NO3]) and trifluoroacetate ([CF3CO2]) salts 
were totally miscible with water, while [PF6] and [Tf2N] salts were immiscible.  The 
miscibility of [BF4] and [CF3SO3] salts depends essentially on the substituents on the 
cation [49].  Olivier-Bourbigou and Magna [1] pointed out that for [PF6] based salts, 
the shorter symmetric substituted 1,3-dimethylimidazolium [PF6] salt became water-
soluble.  Increasing the alkyl chain length of ILs decreased the water miscibility at 
room temperature.  Huddleston et al. [41] reported that the solubility of [BF4] salts in 
water varied with temperature.  For example, at room temperature [BMIm][BF4] was 
completely water-miscible, while the phase splits at 0 °C [26]. 
Jain et al. [32] reviewed new functionalized imidazolium ionic liquids.  Some 
of them are miscible with water, such as 1-Methyl-3-ethoxyl imidazolium 
tetrafluoroborate ([C2OHmim][BF4], and 3-alkoxymethyl-1-methylimidazolium 
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tetrafluoroborates [C4Omim] [BF4].  In addition, they have relatively low viscosity 
(65 cP ~ 138 cP at 30°C) compared with other ILs.  They also show that 
[C2OHmim][PF6] and [C3Omim][PF6] are totally miscible with water at room 
temperature, although imidazolium-based [PF6] ionic liquids are usually water 
immiscible.   
Zhang et al. [50] measured the density and viscosity of [EMIm][BF4] and 
water.  The densities and viscosities of mixtures declined sharply when the mole 
fraction of water increased to 50%.  Rodriguez et al. [51] investigated the density and 
viscosity of binary mixtures of water with [EMIm][EtSO4], [EMIm][TfO] and 
[EMIm][TFA].  It was shown that the ILs incorporating the fluorinated anions ([TfO] 
and [TFA]) had higher densities and lower viscosities than those with non-fluorinated 
anion ([EtSO4]).  The introduction of hydroxyl groups on the alkyl chain considerably 
modifies the miscibility of water in ILs.   
In general, the melting point, thermal stability, heat capacity, viscosity and 
density mainly depend on the size and symmetry of ions.  The larger and more 
unsymmetrical ions the lower melting points, the higher decomposition temperature, 
the larger heat capacity and the lower water miscibility.  The effects of the alkyl chain 
length and substituents on cations should also be considered for their specific 
applications. 
1.1.5.7 Purity effect  
All of properties shown here are affected by the impurities of ionic liquids 
significantly.  For example, at 20 °C, a 1.8 molal solution of [Cl] in [EMIm][BF4]  
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will increase viscosity to 92.4 mPas-1 from 66.5 mPas-1 [45].  Water content is 
another important factor for changing physical properties.  Dry [DMIm][Tf2N] 
decomposes at 439 °C, but the water equilibrated [DMIm][Tf2N] will  decompose at 
394 °C [41]. Therefore, during the synthesis process and storage, the ILs have to be 
purified and kept dry, otherwise, the properties, such as density, viscosity, surface 
tension, solubility, etc. will be changed considerably.   
1.1.5.8 Challenges   
Using ionic liquids only face several challenges.  Firstly, the cost of making 
ILs is relatively higher than conventional solvents, which makes large-scale solvent 
replacement difficult.  The Scurto laboratory is involved in the understanding and 
development of sustainable methods to make ionic liquids in large-scale.  Secondly, 
higher viscosity of ionic liquids often lowers mass transfer rates; lower diffusivity 
generally leads to lower reaction rates in a mass transfer limit reactions.  Thirdly, a 
lower solubility of reaction gases, such as H2, CO, O2, makes it hard to apply ILs into 
gas reactions.  Fourthly, despite the huge theoretical number of ionic liquids are 
liquids, (e.g.  ~1014)[34], the vast majority are actually solids having melting points 
above 100°C.  Finally, the limited information and data are available on structural 
variations, chemical and physical properties, corrosion and toxicity, etc.  All of these 
challenges will limit their applications.  These challenges must be overcome for 
further process development.   
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1.2 Compressed Gases 
1.2.1 Carbon dioxide  
Using carbon dioxide (CO2) as green reaction media has gained more and 
more research interests due to environmental and nontoxic properties.  Carbon 
dioxide is nonflammable, nontoxic and inexpensive.  The most important aspect of 
CO2 is its tunable properties, which can change significantly with temperature and 
pressure.  CO2 has a relatively low critical temperature (31.1 °C) and moderate 
critical pressure (73.8 bar).  By changing the operating conditions, the properties of 
CO2 can be adjusted between liquid-like and gas-like. 
Besides of being a green solvent, CO2, also known as R744, is a natural 
refrigerant, which had already been known for more than a century.  A Global 
Warming Potential (GWP) with CO2 is 1,300 times less than with the most used 
refrigerant R-134a [52].  As a refrigerant, carbon dioxide has a number of advantages: 
low cost, non-combustible, a high cooling capacity, available worldwide in the 
required qualities.  Numerous tests on vehicles with CO2 A/C systems have shown 
that CO2 does provide cooling performance comparable to R-134a [53-54]. 
However, compared to 20 to 30 bar pressure on the high side for R-134a, CO2 
requires extremely high operating pressures, 25 to 30 bar on the low side and up to 
125 bar on the high side, because CO2 remains in the gaseous state and does not 
condense in the refrigeration cycle.  As a result, the front heat exchanger is called a 
"cooler" rather than a condenser. 
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1.2.2 Gas expanded liquids (GXLs) / CO2 expanded liquids (CXLs) 
In recent years, Gas-Expanded liquids (GXLs) , more specifically CO2-
Expanded liquids (CXLs) have been applied to separations, extractions, reactions and 
other applications successfully.  Jessop and Subramaniam [55] calssified CXLs into 
three types: Type I liquids are not able to dissolve sufficient CO2 to induce a large 
expansion of the solvent volume, for instance water.  Type II are liquids having 
ability to dissolve large amount of CO2, such as methanol, acetone, etc.  Type III are 
liquids dissolving relatively large amounts of CO2, such as ionic liquids, liquid 
polymers, crude oil, etc., but whose volume does not expand much.  Some physical 
properties of CXLs are changed compared with the pure liquid, such as density, 
viscosities, etc.  But some of them change very little over certain 
pressure/compositions, such as polarity.   
Scurto et al. [56] reviewed the science, technologies, fundamentals and 
applications of GXLs and CXLs, and showed  GXLs/CXLs have many benefits with 
combination of dense CO2 and liquids.  It has been found that CO2 can increase the 
solubility of reaction gases in GXLs/CXLs up to two orders of magnitude relative to 
organic solvents even in ambient conditions.   
 The presence of CO2 in the liquid phase can significantly affect the transport 
properties.  As more CO2 dissolves in the liquid state, the viscosity decreases 
accordingly.  Sih et al. [57] reported the viscosity of methanol with CO2 pressure at 
40°C.  The viscosity decreases nearly 80% from pure methanol to CXL methanol at 
77 bar.  This viscosity reduction is especially striking for ionic liquids, which is 
generally more viscous than organic solvents.  The Scurto group has measured the 
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viscosity of a number of ILs.  The viscosity of [HMIm][Tf2N] decreases 
approximately 80+% with up to 60 bar of CO2 at 40°C.  As the viscosity decreases, 
the diffusivity correspondingly increases.  Eckert et al. [58] reported the diffusivity of 
benzene in methanol and CO2 mixtures at 40°C and 150 bar.  The diffusivity of 
benzene increases by over 200%.  These enhanced transport properties allow 
enhancement in mass transfer during reactions. 
Furthermore, Gas expanded liquids/CO2 expanded liquids (GXLs/CXLs )[55, 
59-65] show reaction benefits, such as enhanced solubility of gaseous reactants and 
catalyst miscibility compared to supercritical CO2, higher turnover frequencies, 
milder operating pressure (tens of bars) compared to hundreds of bar with scCO2, 
potential for catalyst recovery and comparable or better product selectivity than in 
neat organic solvent or scCO2 [63-65].   
However, even operating in supercritical conditions, CO2 is still a poor 
solvent for polar and low volatile components.  Moreover, despite its high solubility 
in organic substrate, many homogeneous catalysts are not very soluble in CO2, which 
limits the application of CO2 as solvent, especially for catalytic reactions. 
1.2.3 Refrigerant: 1,1,1,2-tetrafluoroethane 
The most common refrigerant gas used in automobile air conditioners today is 
1,1,1,2-Tetrafluoroethane (R-134a), which replaced dichlorodifluoromethane (R-12)  
in the early 1990s.  R-12 has ozone depleting properties, while R-134a does not.  
However, both have significant global warming potential (GWP = 1300 for R-134a, 
compared to 1 for carbon dioxide) [52].  R-134a is non-toxic, non-flammable and 
non-corrosive and it is safe for normal handling.  The manufacturing industries use it 
in plastic foam blowing.  Pharmaceuticals industry uses it as a propellant for 
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aerosolized delivery systems.  It exists in gas form when expose to the environment 
as the boiling temperature is -26.1°C.  It has critical points as 101.5° C and 40.6 bar. 
However, the European Community has recently decided to phase out R-134a 
in new vehicles starting in 2011, with a complete phase-out by 2017.  The European 
rules require any new refrigerants must have a global warming potential of less than 
150.  CO2 is a promising alternative refrigerant as replacement of R-134a.  However, 
R-134a use will continue in much of the rest of the world for the foreseeable future.  
Both R-134a and CO2 were investigated here as refrigerants in automobile absorption 
air conditioners.   
 
1.3 Combination of ILs and Compressed Gases 
1.3.1 Benefits 
There are several challenges by using ionic liquids only, including higher 
viscosity, existing as solids for most of them, limited solubility for reaction gases, etc.  
Combining ionic liquids and compressed gases has a number of advantages.  Both 
CO2 and R-134 have a high solubility in ionic liquids, which results in dramatic 
decrease of the viscosity of the liquid mixture [66].  For CO2 and ionic liquids, the 
phase behavior of IL with CO2 is unique.  CO2 is very soluble in the ionic liquids and 
in contrast, the ionic liquids are immeasurably insoluble in the pure CO2 phase.  
Therefore, IL and CO2 mixture does not become miscible (critical) even at elevated 
pressures, which makes them advantageous for be reaction media of biphasic systems.  
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Moreover, compressed CO2 can increase the solubility of reaction gases (H2 and O2) 
in ILs [67-68], and dramatically decreases the melting point of many ionic solids, 
even inducing melting over 100°C below some ionic solids’ normal melting points, 
which was demonstrated by Scurto et al. [69-70]  Concurrent studies in the Scurto 
laboratory reveal that the viscosity of the IL/CO2 mixture decreases approximately 
80+% with up to 60 bar of CO2 at 40°C compared with pure IL.  This decrease in 
viscosity results in an increase of diffusivity.  The diffusivity predicted by the 
viscosity in the ionic liquid has approximately a 3 fold improvement over the same 
pressure range.  Thus, the combination of ILs and compressed gases may overcome 
many of the limitations of pure ionic liquids and expand its applications widely. 
1.3.2 Applications of ILs and compressed gases 
1.3.2.1 Reaction media 
There are a number of reactions using IL-CO2 biphasic system as reaction 
media: hydrogenation, hydroformylation, oxidation, C-C coupling reactions, 
metathesis, dimerisation- polymerization, etc.  Dyson and Geldbach [71] reviewed the 
reactions in ionic liquids in book metal catalyzed reactions in ionic liquids and 
covered the literature till early 2005.  Recently, Keskin et.al [72] reviewed the 
applications of the solvent systems composed of IL and supercritical fluids with an 
emphasis on supercritical carbon dioxide (scCO2).  More recently, the Scurto group 
used IL-CO2 for hydrogenation, hydroformylation reactions, the detailed phase 
behavior for these two reactions and literature survey are given in Chapter 7. 
1.3.2.2 Solute recovery and solvent regeneration from ILs using scCO2 
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The negligible vapor pressure of ILs and the insolubility in CO2 also facilitate 
efficient extraction of products from ILs. The advantages of using supercritical CO2 
to recovery solute from the solvent are: nontoxic, low cost, no cross contaminations, 
ease of separation from the products with minimal pollution, etc.  Blanchard and 
Brennecke [73] reported a wide variety of solutes can be extracted from [BMIm][PF6] 
with scCO2, with recovery rates greater than 95%.  Scurto et al. [74] demonstrated 
that the addition of CO2 can induce phase split in [BMIm][PF6]–methanol system and 
phase separation in IL–water systems [75].  Aki et al. [76] measured vapor–liquid–
liquid equilibrium on eight different IL–CO2–organic solvent systems at 25 °C and 40 
°C.  Mellein and Brennecke [77] investigated the ability of compressed CO2 to induce 
liquid/liquid phase separation in mixtures of ILs and organic solvents, such as 
Acetonitrile, 2-butanone, and 2,2,2-trifluoroethanol.  [HMIm][Tf2N], 1-n-hexyl-2,3-
dimethylimidazolium bis(trifluoromethylsulfonyl)amide ([HMMIm][Tf2N]), 1-n-
hexyl-3-methylimidazolium triflate ([HMIm][TfO]), and ethyl-dimethyl-
propylammonium bis (trifluoromethylsulfonyl)amide ([NMe2EtPr][Tf2N]), were 
chosen to vary hydrogen-bond-donating and -accepting abilities of the ionic liquids.  
Strong hydrogen bonding between the ionic liquid and the organic component was 
found to make it more difficult for CO2 to induce a liquid/liquid-phase separation.  
Saurer et al. [78] showed compressed CO2 at 25ºC can be used to remove ammonium 
bromide (NH4Br), ammonium chloride (NH4Cl), and zinc acetate (Zn(CH3COO)2) 
from [HMIm][Tf2N] with dimethylsulfoxide or acetonitrile mixtures. 
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Zhang et al. [79] studied the phase behavior of CO2–water–1-n-Butyl-3-
methyl-imidazolium tetrafluoroborate ([BMIm][BF4]) system in the temperature 
range of 5 to 25 °C and pressures up to 160 bar.  The distribution coefficients of the 
IL, water, and CO2 in the IL-rich phase and water rich phase are discussed in detail.  
Increase of pressure and decrease of temperature are favorable to the separation of the 
IL and water.  Zhang et al. [80] investigated the effect of CO2 on the phase behavior 
of the reaction system and equilibrium conversion for esterification of acetic acid and 
ethanol in ionic liquid (1-Butyl-3-methylimidazolium hydrogen sulfate, 
[BMIm][HSO4]) at 60.0 °C and up to 150 bar.  It was demonstrated that there was 
only one phase in the reaction system in the absence of CO2.  The reaction system 
underwent two-phase→three-phase→two-phase transitions with increasing CO2 
pressure.  The pressure of CO2 or the phase behavior of the system affected the 
equilibrium conversion of the reaction markedly.  Zhang, Han and et al. [80] studied 
CO2/acetone/1-n-Butyl-3-methyl-imidazolium hexafluorophosphate ([BMIm][PF6]) 
system at 313.15 K and at pressures up to 150 bar.  The ternary system forms two 
phases at most conditions.  At pressures from 4.9 to 8.1 MPa, a three-phase region 
appeared in the system. 
Najdanovic-Visak et al. [81] showed phase changes in ionic liquid + water 
systems, induced by addition of ethanol and supercritical carbon dioxide, which 
allows reaction cycles to proceed as depicted.  They also demonstrated that the 
surprisingly varied phase behavior of [BMIm][PF6]–ethanol–water–CO2 mixtures, 
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ranging from total miscibility through partial miscibility to nearly complete phase 
separation, can be very useful in reaction/separation cycles. 
Bortolini et al. [82] used scCO2 to recovery the epoxides in several ILs 
[BMIm][X] (X = BF4, PF6, TfO and Tf2N) from the epoxidation reaction of several 
electron-deficient olefins (2-cyclohexen-1-one and its derivatives).  Kroon et al. [83] 
recovered N-acetyl-(S)-phenylalanine methyl ester (APAM), the product of 
asymmetric hydrogenation of methyl-(Z)-acetamidocinnamate (MAAC) from 
[BMIm][BF4] by using scCO2.  In addition, the product APAM can also be 
precipitated out of the ionic liquid phase using scCO2 as an anti-solvent, because the 
solubility of APAM in [BMIm][BF4]–scCO2 mixture was lower than the solubility of 
APAM in pure [BMIm][BF4] at ambient conditions.  Yoon et al. [84] employed 
scCO2 to extract the products of Heck reaction (C-C coupling reaction) between 
iodobenzene and olefins using [BMIm][PF6] as solvent.  It is possible to recycle the 
catalyst four times without loss of activity. 
1.3.2.3 Gas sensing materials  
ILs with their distinctive properties are potential new materials for gas 
detections.  Liang et al. [85] developed a Quartz Crystal Microbalance (QCM) device 
of using ionic liquids as the sensing materials for organic vapors.  The sensing 
mechanism is based on the fact that the viscosity of the ionic liquid membrane 
decreases rapidly due to solubilization of analytes in the ionic liquids.  The QCM 
sensor demonstrated a rapid response (average response time of < 2 s) to organic 
vapors with an excellent reversibility because of the fast diffusion of analytes in ionic 
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liquids.  Jin et al. [86] investigated a novel sensor array using seven room-
temperature ionic liquids (ILs) as sensing materials and a quartz crystal microbalance 
(QCM) as a transducer to detect of organic vapors, such as Ethanol, dichloromethane, 
benzene, and heptane at ambient and elevated temperatures.  Selected organic 
components were taken as representative gas analytes for various kinds of 
environmental pollutants and common industrial solvents. 
Recently, supercritical carbon dioxide (scCO2) was used to recover 
contaminants from IL extracts to clean contaminated soils [87].  ILs are used to 
dissolve soil contaminants at ambient conditions and then scCO2 extraction is chosen 
to contaminants.  Naphthalene was used as the model component to represent a group 
of soil contaminants, and 1-n-Butyl-3-methylimidazolium hexafluorophosphate 
([BMIm][PF6]) was used as the IL.  The results demonstrated the amount of 
naphthalene remaining in the soil after extraction was below the allowable 
contamination limit. 
1.3.2.4 Gas separation 
Anthony et al. [88] measured the selective solubility of gases in ionic liquids, 
which leads to the possibility for gas separations using absorbers, liquid-supported 
membranes, scrubbers, etc.  Carbon dioxide exhibits relatively high solubility in 
imidazolium-based ionic liquids; while oxygen, nitrogen, hydrogen, carbon monoxide, 
argon have lower solubility, Brennecke and Maginn [89] studied natural gas treatment 
by removing of acid gases using ionic liquids. 
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Bates et al. [90] synthesized “Task-specific” Ionic Liquids (TSILs) for 
selective gas solubilities.  The structure of an imidizolium-based cation was modified 
by appending an amine substitutent, yielding an IL with elevated carbon dioxide 
capture ability from gas mixtures.  Noble group has been using ionic liquids to 
separate the gases.  Bara et  al. [91] investigated CO2, O2, N2 and CH4 using a four 
imidazolium supported ionic liquid membrane (SILM) configuration.  These 
fluoroalkyl-functionalized room-temperature ionic liquids  were found to exhibit ideal 
selectivities for CO2/N2 separation that were lower than their alkyl-functionalized 
analogues, but higher ideal selectivity for CO2/CH4 separation.  Bara et al.  [91] also 
reviewed RTILs as media for CO2 separation appears especially promising with 
imidazolium-based salts.  They found the solubilities of gases, particularly CO2, N2, 
and CH4, have been studied in a number of RTILs.  Process temperature and the 
chemical structures of the cation and anion have significant impacts on gas solubility 
and gas pair selectivity.  Koval et al. [92] studied properties of imidazolium-based 
room temperature  ionic   liquids  that effect CO2 solubility and selectivity for CO2/N2 
and CO2/CH4  gas   separations.  Koval et al.  [93] also used ionic liquids for 
membrane-based and electrochemically - driven gas separations. 
   Bara et al. [94] studied the effect of "Free" cation  substituent on  gas   
separation  performance of polymer-room-temperature  ionic   liquid  composite 
membranes.  Functional groups attached to the imidazolium cation include alkyl, 
ether, nitrile, fluoroalkyl, and siloxane functionalities.  The poly(RTIL)-RTIL 
composites were homogeneous, optically transparent solids and exhibited high 
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stability.  The presence of 20 mol% "free" RTIL within the poly(RTIL) matrix was 
shown to increase CO2 permeability by approximate 100-250% compared with the 
pure poly(RTIL) membranes, which were utilized as gas separation membranes and 
tested for their permeabilities to CO2, N2, and CH4.   
1.3.2.5 Extract metal chelates from ILs   
Supercritical CO2 can also be used to extract metal chelates from ILs.  Mekki 
et al. [95] extracted Cu(II) from [BMIm][Tf2N] using the trifluoroacetonate or 
hexafluoroacetonate chelating agents with a contingent addition of tributylphosphate 
as a CO2-philic synergist agent to stabilize the metal chelates.  The extraction 
efficiencies varied somewhat with the experimental arrangement (static/dynamic 
extraction, with/without tributylphosphate) but generally exceeded 95%.  Mekki et al. 
[96] also used fluorinated-diketones, hexafluoroacetylacetonate and 4,4,4-trifluoro-1-
(2- thienyl)-1,3-butanedione, to extract Eu(III) and Ln(III) from [BMIm][Tf2N] or 
from aqueous solution via [BMIm][Tf2N].  In some experiments, tributylphosphate 
was added to stabilise the metal chelates, and extraction efficiencies exceeding 87% 
were achieved. 
1.3.2.6 CO2 storage and sequestration 
Chinn et al. [97] reported a process and method for separation of  CO2 from a 
gaseous stream such as natural gas.  The ionic liquids, [BMIm][BF4] and 
[BMIm][acetate],  were used as adsorbents to selectively extract the CO2 yielding a 
gaseous stream with a greatly reduced CO2 content.  The ionic liquid can then be 
easily regenerated and recycled.  Sharma et al. [98] discovered a cost-effective carbon 
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dioxide absorbing ionic liquid, tri-(2-hydroxyethyl) ammonium acetate in 
Knoevenagel condensation.  
Palgunadi  et al. [99] measured solubilities of carbon dioxide in a series of 
fluorine-free room temperature ionic liquids (RTILs), dialkylimidazolium 
dialkylphosphates and dialkylimidazolium alkylphosphites at 40 ~60 °C and 
pressures up to 50 bar.  The CO2 solubility in a phosphorus-containing RTIL was 
found to increase with the increasing molar volume of the RTIL.  In general, 
dialkylimidazolium dialkylphosphate exhibited higher absorption capacity than 
dialkylimidazolium alkylphosphite with an same cation.  Among RTILs tested, 1-
butyl-3-methylimidazolium dibutylphosphate [BMIM][Bu2PO4] and 1-Butyl-3-
methylimidazolium butylphosphite [BMIM][BuHPO3] exhibited similar Henry’s law 
coefficients to 1-butyl-3-methylimidazolium bis (trifluoromethylsulfonyl)amide 
([BMIm][Tf2N]) and 1-butyl-3-methylimidazolium tetrafluoroborate ([BMIm][BF4]), 
respectively.   
Lee  et al. [100] investigated using ionic liquids as SO2 absorbents to separate 
SO2 in SO2/O2 gaseous mixtures from the sulfuric acid decomposer.  SO2 absorption 
rate in ILs was mainly influenced by anions of ILs.  [BMIm][Cl] and [BMIm][OAc] 
showed the highest SO2 solubility in the tested ILs at 50 °C and 0.67 atm SO2 .  
Interestingly, [BMIm][OAc] showed irreversibility in the cycle of absorption and 
desorption.  [BMIm][MeSO4] showed moderate SO2 solubility and good reversible 
cycles of absorption and desorption.  Huang et al. [101] demonstrated that ionic 
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liquids can reversibly absorb large amounts of molecular SO2 gas at under ambient 
conditions, which is useful for SO2 removal in pollution control. 
   Kulkarni et al. [102] proposed a new, simple, and efficient approach for the 
absorption of dioxins from gaseous streams using thermally stable ionic liquids.  
Dioxins are highly toxic compounds from incineration and combustion sources.  The 
absorption process of non-chlorinated and chlorinated dibenzo-p-dioxin compounds 
was studied in the temperature range 100 ~ 200 °C.  Imidazolium-, ammonium-, and 
guanidinium-based ionic liquids were designed for this specific purpose.  It was 
observed that imidazolium cations having long alkyl side chains exhibit the highest 
absorption capacities, whereas the anion [Dca] possesses higher absorption capacity 
than other anions studied.  Kulkarni  et al. [103] also did a comparative study on 
absorption and selectivity of organic vapors by a series of imidazolium, ammonium, 
and guanidinium-based ILs containing several types of anions.  Organic solutes were 
chosen for the absorption studies include 1,4-benzodioxane, biphenyl, xanthene, and 
menthol.  Absorption of water vapor was also studied along with the organic solutes.  
Absorption values of more than 25 000 ppm were observed in some ionic liquids.  
Desorption of organic vapors from ionic liquids was successfully carried out by 
applying a vacuum.  Further, it was observed that the same ionic liquid can be 
repeatedly reused several times for absorption.   
Zhang et al. [104] synthesized a new type of "task specific ionic liquid", 
tetrabutylphosphonium amino acid [P(C4)4][AA] by the reaction of 
tetrabutylphosphonium hydroxide [P(C4)4][OH] with amino acids, including glycine, 
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L-alanine, L-beta-alanine, L-serine, and L-lysine.  The [P(C4)4][AA] supported on 
porous silica gel effected fast and reversible CO2 absorption when compared with 
bubbling CO2 into the bulk of the ionic liquid.  The CO2 absorption capacity at 
equilibrium was 50 mol % of the ionic liquids.  The CO2 absorption mechanisms of 
the ionic liquids were affected by water content. 
ILs are also used for storage and delivery of hazardous specialty gases such as 
phosphine (PH3), arsine (AsH3) and stibine (SbH3)[74].  The mechanism of 
absorption is that the desired gases (BF3 and PH3) are chemically bonded to ILs, then 
high purity gas is released by pulling the vacuum on the IL–gas complex. 
1.3.2.7 Working fluids  
Refrigerants are very soluble in ionic liquids. The refrigerant/ionic liquid pairs 
are useful as working fluids in absorption cooling and heating systems.  Shiflett and 
Yokozeki [105] invented an absorption refrigeration cycle utilizing ionic liquid as 
working fluid, where the IL absorbs the refrigerant gas in absorber and releases the 
high pressure gas in the generator with heat.  The invention also provides the 
execution of absorption cycles utilizing refrigerant/ionic liquid pairs.  Currently, the 
Scurto group was also considering the use of ILs and compressed gases for absorption 
refrigeration applications.  The detailed feasibility studies are presented in Chapter 6. 
 
1.4 Overall Objectives 
The objectives of this research are to investigate high pressure global phase 
behavior and measure phase equilibrium of ionic liquids and compressed gases for 
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their applications as reaction media for hydrogenation and hydroformylation reaction 
and as working fluids for absorption air conditioning systems through both 
experimental and thermodynamic modeling studies.  
This research investigates imidazolium ionic liquids with various alkyl groups 
and anions and two compressed gases: carbon dioxide (CO2) and 1,1,1,2-
tetrafluoroethane (R-134a). The global phase behavior needs to be investigated to 
determine the operating conditions and phase transitions in equilibria, such as vapor-
liquid, vapor-liquid-liquid, liquid-liquid, etc.  Phase equilibria data are also needed to 
quantify the solubility of each component in each phase at equilibria.  The 
experimental data along with literature data allow comparison of the effects of both 
the anion and the alkyl-chain length of the cation on the phase behavior and 
equilibrium.  For further process design for current and other IL/compressed gases 
applications, to develop a thermodynamic model of the high-pressure phase behavior 
and equilibria is essential.  Moreover, the feasibility of using ionic liquids and CO2/R-
134a as working fluids in novel absorption refrigeration systems for vehicles needs to 
be evaluated based on a thermodynamic model. The hydrogenation and 
hydroformylation reactions kinetics and results need to be fully understood by the 
phase behavior and equilibrium results and knowledge. 
The technologies used in IL/compressed gases investigations are not only be 




1.5 Outlines of Chapters 
Chapter 2 introduces all of equipments and detailed experimental procedures 
used to measure all of properties in this work.  Which include the high pressure 
vapor-liquid equilibrium set up to measure the solubility and critical points of 
compressed gases in ionic liquids, high pressure autoclaves to measure the global 
phase behavior, high pressure UV-Vis cell to measure polarities of compressed gases 
and different ILs, GC and ICP to measure the liquid-liquid extraction by using ILs.  
Chapter 2 also describes the ionic liquid synthesis, analysis method and lists all of 
materials used in investigations. 
Chapter 3 reviews the equation of state models to correlate the VLE and other 
equilibria data of ionic liquids and compressed gases.  Different mixing rules are also 
included.  The phase equilibrium software, PE2000, is introduced as well.   
Chapter 4 presents a global phase behavior study for ionic liquids and 
compressed gases.  Most of ionic liquid and R-134a belong to type V, ionic liquid and 
CO2 belong to type III, according to van Konynenburg and Scott classification 
indicating regions of multi-phase behavior.  The effects of alkyl chain length and 
anion on local end critical point are studied. The global phase behavior prediction 
using GPEC are also presented.   
Chapter 5 reports the phase equilibrium (solubility) of compressed gases and 
ionic liquids.  Both experimental data and modeling results are presented at three 
isotherm runs for R-134a and CO2.  Peng-Robinson model with van der Waals 2 
mixing rule is employed.  The model predicts the vapor liquid equilibrium very well.  
But for mixture critical points, the prediction is much lower than experimental value 
due to the limits of equation of state. 
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Chapter 6 presents the feasibility study of using ILs as absorbents for CO2 and 
R-134a in an absorption refrigeration system.  The performance between adsorption 
cycle and conventional vapor compression cycle is compared by the cycle 
thermodynamic modeling.   
Chapter 7 presents the results of phase behavior study of IL/CO2 as reaction 
media for hydrogenation and hydroformylation reactions.  The phase behavior with 
conversion is completely studied to determine the operating condition and explain the 
reaction results.  The solubility and volume expansion data are used to help calculate 
the molarity of reactants to understand explain the apparent kinetics results with CO2 
pressure.  The unique phase behavior of CO2 and ILs help to develop a product 
separation technology by using supercritical gas extraction. 
Chapter 8 shows the results of using CO2 expanded liquid as reaction media 
for hydroformylation reaction.  The phase behavior of reactant, product, CO2 
with/without syngas pressure are studied to define a boundary of reaction happened in 
one phase or biphasic.  The solubility, volume expansion, molar volume in pure 
octane, pure nonanal, and mixture with conversion of 25%, 50%, 75% are measured.  
Peng-Robison equation of state is employed to correlate the VLE data and shows 
excellent regression.  The binary interaction parameters are used to correlate the 
ternary system, which gives the good correlation in higher pressure and reasonable 
regression in lower pressure.   
Chapter 9 completes the work with conclusions and gives recommendation for 
future research activities.   
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Chapter 2 Experimental Technology 
Several apparatus have been used in the study of global phase behavior, 
vapor-liquid equilibrium (VLE), liquid-liquid equilibrium (LLE), vapor-liquid-liquid 
equilibrium (VLLE), and polarity measurement of mixtures of ILs/compressed gases.  
The details are described in the following sections. 
 
2.1 An Apparatus to Measure Vapor-Liquid Equilibrium 
2.1.1 Literature overview 
Several experimental methods can be used to measure high-pressure phase 
equilibria.  These methods are generally divided into two categories: analytical and 
synthetic approaches [3].  For analytical methods, samples are typically taken from 
each phase and analyzed using various detection methods, such as gas 
chromatography (GC), high-pressure liquid chromatography (HPLC), nuclear 
magnetic resonance (NMR), infrared radiation (IR), etc.  The synthetic method is a 
direct approach in a closed system.  A certain concentration of mixture is loaded and 
the points of phase transition (temperature, pressure, etc.) are observed.  
The apparatus introduced in this chapter belongs to the category of the 
synthetic method, based on a material balance.  This apparatus is capable of 
measuring vapor-liquid (VLE), liquid-liquid (LLE), vapor-liquid-liquid (VLLE), and 
solid-liquid-vapor (SLV) equilibria, in addition to viewing general high-pressure 
phase behavior (pressure and temperature of transitions).  The apparatus is most 
commonly used to determine the vapor-liquid equilibrium (gas solubility) of 
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compressed gases, such as carbon dioxide, in single component or multicomponent 
liquids.  Many properties may be obtained including concentration (mass fraction, 
mole fraction, molarity, molality, etc.) of gases in liquids, liquid molar volume and 
density, the induced volume expansion of the gas-expanded liquids, etc.  SLV data 
and VLLE data can also be obtained by slightly different procedures. Quantitative 
solubility measurements are limited to single component gases, and liquids or liquid 
mixtures with lower volatilities than the compressed gas.   This chapter describes the 
design in detail of the setup, phototypesets the method of building the apparatus, and 
illuminates the operation of the apparatus.  Phase equilibrium data of ionic liquids, 
organic components and compressed gases measured by this apparatus will be given 
in Chapters 5, 7 and 8. In addition, a rigorous error analysis has been performed to 
quantify the inherit error at any condition (T, P, volume, composition, etc.). The 
details are given in Appendices B and D. 
2.1.2 Overview of apparatus and the principle of operation 
This apparatus mainly consists of a high-pressure view cell (equilibrium cell), 
high-pressure and precision syringe pump filled with desired gas, a water bath and 
accessories to measure the temperature and pressure (see Figure 2.1). [6] The detailed 
mechanic draw and the whole setup picture are given in Appendix A. A spreadsheet 
is developed to calculate the solubility, density of the liquid solution, molar volume, 
volume expansion and molarity.  The spreadsheet sample is given in Appendix D for 
[HMIm][Tf2N] and R-134a at 50 ºC.  These calculations are based on the mass 
balance by determining the amount of gas delivered from the pump, the moles/mass 
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of gas in the headspace above the liquid and in the tubing/lines to the equilibrium cell. 
This method can yield high resolution of solubility data (often better than ±0.001), 
pressure with accuracy of ±0.2 bar, temperature of ±0.01°C, density up to ±0.4 %, 
and volume expansion to ±0.05%.  In addition, there is no need for analytical 
methods, nor calibration for each system of interest. 
 
Some of the initial concepts of this apparatus were devised by Kurata and 
Kohn, here at the University of Kansas, over fifty years ago [7]. Some modifications 
were introduced by Kohn and Huie [8] and Brennecke and Scurto [9] at the 
University of Notre Dame.  Luks [10] at the University of Tulsa used a similar 
 
Figure 2.1 Diagram of experimental apparatus. (1) Gas Cylinder; (2) Syringe 
Pump; (3) Heater/Circulator; (4) Immersion Heater/Circulator; (5) Water Bath; (6) 
High pressure view cell; (7) Mixing Bar; (8) Lab Jack; (9) Computer; (10) 
Cathetometer with Telescope (11) Vacuum Pump 
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apparatus as Kohn’s . However, these devices utilize mercury for pressure transfer to 
the gas and in volume reduction in the pressure gauges.  The Cailletet apparatus [11-
12] also uses mercury as a pressure intermediate to measure vapor liquid equilibrium.  
The present apparatus uses a similar mass balance concept, but simplifies the initial 
design, eliminates the use of mercury, provides a robust equilibrium cell and 
improves the accuracy, operability, and ease of data acquisition.  Procedures for the 
measurement of other types of phase equilibria are introduced in sequel.  
2.1.3 Experimental principles 
The phase equilibria data are obtained based on a mass balance.  The main 
assumption asserts that the pressure of the compressed gas is much greater than the 
vapor pressure of the liquid; and/or the vapor phase composition of the liquid 
component is much less (<<10% mole) than the compressed gas.  The mass of gas in 
the liquid phase is calculated by subtracting the mass of gas in the lines and 
headspace above the liquid from the total mass of gas injected into the system.  The 
mass balance equation of the gas is: 
00
headspacelinesheadspacelinespumpg mmmmmm ++−−=   (2.1) 
( )pumppumppumppump PTVm ,ρ×Δ=  (2.2) 
( )PTVm lineslineslines ,ρ×=  (2.3) 
( )PTVVm lcellheadspace ,)( ρ×−=  (2.4) 
( )00 , PTVm lineslineslines ρ×=  (2.5) 
( )00 , PTVm headspaceheadspace ρ×=  (2.6) 
where, mg is the mass of the gaseous component in the liquid.  mpump is the mass of 
the gas injected into the system, which is the product of the volume of the gas 
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displaced by the metering pump (∆Vpump) that is at constant temperature and pressure, 
and the density of the gas in the pump (ρ(Tpump , Ppump)).  mlines is the mass of the gas 
in the lines connecting the pump to the equilibrium cell.  It is calculated as the 
product of the volume of the lines (Vlines) and the density of the gas in the lines 
(ρ(Tlines, P)) at the system equilibrium pressure, P, and at a relatively high 
temperature.  The temperature is usually set higher than the critical point of the gas to 
eliminate gas condensing in the lines which could decrease the accuracy of the liquid 
solubility data (see error analysis in Appendix D).  mheadspace is the mass of the gas in 
the headspace, which is calculated in the same way as mlines except at the system 
temperature, T.  The volume of the headspace is the difference between the liquid 
volume (Vl) and the total cell volume (Vcell).  Since the liquid volume generally 
expands with the gas pressure, the headspace volume also decreases with the 
pressure/composition.  As the apparatus is purged with the compressed gas of interest 
to remove any air or other capping gases, some of the gas is initially in the lines and 
headspace.  Mline0 is the mass of the gas in the lines before after venting the system.  
mheadspace0 is the mass of the gas in the headspace initially in the system after venting.  
For work at moderate to high pressures (>10bar), the initial solubility of the gas in the 
liquid at atmospheric pressure, P0, will be negligible compared to higher pressures, 
e.g. for CO2.  However, for gases that are highly soluble in liquids at atmospheric 
pressure (for instance, hydrofluorocarbons, etc.), a vacuum pump may be applied to 
establish initial conditions with low solubility in the liquid.   
















=  (2.7) 
where ng is the moles of the gaseous component; nl is the moles of the liquid 
component; Mg  is the molecular weight of the gas; ml is the mass of the liquid sample; 
Ml is the molecular weight of the liquid.  The mass fraction of the gas, i, in the liquid, 
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Molar volume of the liquid mixture, V , is computed from the liquid volume and the 
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where Vl is the volume of the liquid (usually in ml/cm3); volume expansion accounts 
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where, ΔV is the volume difference between pure liquid volume and expanded liquid 
volume; Vo is the initial liquid volume at the system temperature.  Molality, [m] 









][  (2.11) 











where, the unit of ml is in grams, Vl is in milliliters. 
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Density calculations 
Density calculations of the pure gas must have a high accuracy.  While 
experimental data may be used or interpolated, ultra-accurate equations of state are 
highly useful. Here, densities are determined from REFPROP database (version 
8.0)[13] from the National Institute of Standards and Technology (NIST).  REFPROP 
includes three models to calculate the thermodynamic properties of pure fluids: 
equations of state explicit in Helmholtz energy, the modified Benedict-Webb-Rubin 
equation of state, and an extended corresponding states (ECS) model.  As an example, 
the database uses the ultra-accurate Span-Wagner Equation of state [13-14].  For 
gases, such as CO2, R134a, H2, CO, REFPROP provides a dynamic link library 
(“.dll”) that allows incorporation in a broad variety of software applications, such as 
Excel, Visual Basic & C, Matlab, Labview, etc.  The database of REFPROP includes 
83 pure fluids and 54 mixtures.  
2.1.4 Apparatus details 
This setup mainly includes an Isco, Inc. 100 DM syringe pump with a 5000 
psi externally mounted pressure transducer of 0.1% full scale accuracy, a high 
pressure view cell and a computer data acquisition system.  The pump has a volume 
resolution of 9nl.   The accessories include a Fisher, Inc. Isotemp circulator, model 
3016 with 0.01° C resolution, to maintain the temperature of the pump; a water bath 
and an immersion circulator (Haake DC30/DL3) to maintain the water bath 
temperature with temperature stability greater than ±0.1 K.  A platform jack (Fisher 
Lab-Jack) allows the bath to be lowered away from the equilibrium cell which is 
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mounted from above.  An Eberbach 5160 cathetometer with telescope is used to read 
the height of the liquid level to a resolution of 0.01mm and accuracy of ± (0.02 + 
0.00005L), where, L represents the length from the starting point of the measurement 
to the given position (mm).  The gas lines are heated using fiberglass covered heating 
tape, controlled by two variable AC transformers, STACO ENERGY® Model 
3PN1010B.  The line temperatures are usually maintained above the critical point of 
the gas; for instance with CO2 (Tc = 31.1°C) ~60°C.  In order to prevent the heat 
from dissipating to the surroundings, a fiberglass cloth tape insulation is used.  The 
line temperatures are measured by T-type thermocouples with an accuracy of ±0.5°C.  
A MEASUREMENT COMPUTING, Inc. USB–TC is used to interface the 
thermocouples to the data acquisition system.  The pump temperature is measured by 
an ERTCO-EUTECHNIC 5 digital thermister, Model 4400, with an accuracy of at 
least ±0.01 °C in the range of 0-100°C.  The pressure of the cell is measured  by a 
5000 psi Heise DXD Series #3711 precision digital pressure transducer which has an 
accuracy of ±0.02% full scale (F.S.) with ranges of 10°-30°C , ±0.04% F.S. 0°-50°C, 
and ±0.05% F.S. –10°-70°C.  The pressure transducer interfaces with the data 
acquisition system by a serial port converter.  LabView 8.2 software is used for the 
data acquisition.  The temperature of the lines, the pressure of the cell and the lines, 
the pump information including volume, flow rate, and pressure are monitored and 
logged at 60 second intervals.  The data sampling rate is adjustable from 30 to 240 
seconds.  The gas line tubing uses small diameter (1/16” OD, 0.006”ID) HIP tubing 
to minimize the volume of the lines.  The tubing connections use HIP 1/16” taper seal 
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fittings (AF1) and HIP 15-24AF1 316SS tee. All valves are HIP 15-11AF1 316SS 
type except the output valve, which uses the three way Swagelok® valve (SS-41XS1), 
and is connected from the output line to a vacuum pump and to a 125 ml PYREX 
vent filtering flask with a #4 rubber stopper to remove any organic compounds from 
the venting gas.  The vent filtering flask uses 1/16 inch Nalgene 180 PVC non-toxic 
autoclavable 3/8” ID tubing to vent the gas directly to an exhaust hood. 
 2.1.4.1 Equilibrium view cell 
The high pressure equilibrium cell is one of the key components of the 




Figure 2.2 High- pressure equilibrium view-cell 
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The equilibrium cell is equipped with a high pressure gauge glass window so 
that the interface between vapor and liquid phases can be observed.  The gauge glass 
is from L.J. Star Inc. Ilmadur® Borosilicate Glass I-420 brand with maximum 
pressure of 4000 psi and temperature of 280 °C.  The equilibrium cell consists of a 
rectangular vessel, which is fabricated out of stainless steel and pressure tested for 24 
hours at 4000 psi without leakage.  The Gore-Tex® GR PTFE gasket is used for 
sealing; other gasket materials are possible for use at higher temperatures.  A small 
PTFE coated stirring bar (3.2mm diameter x 12.7mm) is placed inside of the cell.  An 
external rare-earth magnet in a slot behind the cell is raised and lowered by a pulley 
system and allows precision mixing throughout the cell.  
 
2.1.4.2 Volume calibration 
In order to measure the phase equilibrium data based on the mass balance, 
precision calibration of the volume of the cell and the lines is necessary.  Calibration 
of both the lines and equilibrium cell was performed by the high-precision metering 
pump using high purity nitrogen.  Nitrogen was used to calibrate due to its relatively 
low compressibility.  Nitrogen was added to the lines or cell at the same temperature 
(usually room temperature).  The volume needed to return the pump and lines/cell to 
the original pressure is the volume of the lines/cell.  The calibration was repeated 
three times at different pressures.  Our line volume was measured as 0.846 ml and the 
volume of the cell is 5.716 ml.  In order to minimize the volume of the lines, a short 
feed line with small inside diameter tubing, 0.006”ID and 20” long, is used. 
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The liquid volume of the cell is calibrated by correlating the height in the cell 
(height difference between a permanent fixed reference and the liquid height).  The 
liquid volume was calibrated by using a 5 ml Kimax Brand microburet with 
subdivision of 0.01ml, tolerance ±0.01ml. n-Tetradecane (99%) was used as a 
calibration liquid because of its low vapor pressure and surface tension.  The liquid 
was injected into the cell, 0.05ml each time, using a 12 inch long needle.  The height 
(difference) was read from the cathetometer with the telescope.  The relationship 
between the height and the volume of the liquid is determined by a linear regression.  
With a 3.2 diameter x 12.7mm PTFE stir-bar installed, the minimum sample size to 
just cover the bar to allow accurate height measurement is approximately 0.60 ml.  
Thus, only a small amount of sample is needed for the measurements.  
2.1.5 Experimental procedure 
2.1.5.1 Vapor-liquid equilibria  
The Isco pump is filled with the desired gas, such as CO2 or R-134a.  For a 
typical isothermal run, the apparatus is preheated and thermally equilibrated for about 
one hour to the desired temperature.  The pump pressure is generally set constant at 
just above the maximum anticipated pressure and a temperature above the critical 
temperature, e.g. 150 bar and 60 °C for the CO2 run; this may be changed during the 
run.  In the constant-pressure mode, the pump automatically adjusts the volume to 
achieve the desired pressure.  The delivery lines are set above the critical temperature 
as well.  The water bath is set at the desired temperature and the cell is put in the 
water bath to be preheated.   The atmospheric pressure is read from a barometer, since 
the pump pressure transducer yields the gauge pressure. 
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A syringe with liquid sample is weighed before and after injection with a long 
needle (12 inches) on a precision balance (±0.01mg).  The sample is carefully 
injected into the cell to avoid leaving droplets on the wall, which would alter the 
initial volume obtained from the liquid height. After injection, the cell is attached to 
the lines.  The water bath is physically raised to immerse the entire cell in water.  It 
generally takes approximately 30 minutes for the sample and cell to reach thermal 
equilibrium as confirmed in a separate experiment.  
The cathetometer with telescope is set to zero on the reference line (marked on 
the lower portion of the cell), then the initial liquid height is measured.  The initial 
liquid volume is calculated based on the calibration of the height with volume.  The 
cell is quickly flushed several times with gas at low pressure to remove any residual 
air or other gases.  For lower pressure runs with highly soluble gases, such as R-134a, 
the vacuum pump is connected to the cell by the three way valve in order to reduce 
the gas pressure to a minimal solubility level.  The apparatus is ready to collect data 
after recording the initial liquid height, the initial cell pressure, temperature, each line 
temperature, and the pump conditions (pressure, temperature, and initial volume), as 
well as creating the log file to save the data in the computer.  
Valve 3 (see Figure 2.1), between the pump and the cell, is opened slowly to 
increase the cell pressure until the first desired value.  The flowrate of the pump to 
maintain a constant pressure while the main valve is open is kept at less than 0.20 
ml/min to prevent any large PVT disturbances in temperature.  After valve 3 is closed, 
the pump is given time to equilibrate until the flowrate reads zero, then the final 
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volume of the pump is recorded.  The difference of the volume is used to compute the 
mass of CO2 injected into the cell by the computed density of the gas.  During the 
pressurization, the stir bar inside of the cell is used to mix the vapor phase and liquid 
phase by stirring the interface to accelerate the mass transfer process into the liquid 
sample.  With vigorous mixing, equilibrium is often reached after approximately 30 
minutes; longer times are needed with more viscous liquids.  When equilibrium is 
reached, all variables are recorded and then entered into the spreadsheet (Excel) to 
compute the properties and associated error analysis. 
2.1.5.2 Mixture critical points  
The mixture critical points can be determined by careful observation of the 
liquid-vapor interface.  As the vapor-liquid critical point usually occurs in organic 
liquids that have expanded several hundred percent of the initial volume, lower 
sample volumes/mass are loaded; here ~0.6mL.  The gas is injected into the system 
while mixing until near the critical point in pressure.  The gas is then very slowly 
injected (<0.1bar/min.) while stirring until the disappearance of the interface which is 
often preceded by “critical opalescence” [15].  In order to see the phenomena clearly 
(not near the top of the cell), it may take several runs to find an appropriate initial 
loading.  As the critical mixture is in one phase, the mole fraction is simply the total 
pump amount delivered to the cell and the initial mass of liquid.   
2.1.5.3 Solid-liquid-vapor equilibrium  
For binary systems, the pressure and temperature in which a solid, liquid and 
vapor coexist in equilibrium may be determined.  First, solid is loaded into the cell; 
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this may require dissolution into a volatile solvent, injection into the cell, followed by 
sufficient vacuum. The system is pressurized and heated until the solid completely 
melts. The temperature is then reduced until the first appearance of a crystal.  This 
procedure is called the method of “first freezing”.  The composition at this point is 
often difficult to measure as the mass balance procedure requires accurate measures 
of initial volume; the compound of interest in the case is a solid until it is induced to 
melt with compressed gas.   
For ternary systems, the point at which a solid is precipitated from a liquid 
solution using the compressed gas as an anti-solvent is the solid-liquid-vapor 
equilibrium.  The knowledge of this point is very important for particle production 
methods that are beginning to be used by the pharmaceutical industry [16].  The 
procedure is similar to the VLE experiments, except that the initial liquid has a 
certain concentration of a solid component.  For an isotherm run, the gas, such as CO2, 
is continuously injected into the cell with the liquid solution, until the first appearance 
of a solid particle, which is assumed to have negligible mass compared with the total 
solution.  The concentration of all components can then be measured.  The pressure 
and composition will change with different initial concentrations of the solid in the 
liquid. 
2.1.5.4 Dew points  
This apparatus can also be used for measuring dew points. However, it is 
often difficult to perform the measurements at constant temperature. First the gas is 
added into the cell and mixed with a small amount of the liquid to make a solution of 
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known overall concentration. The temperature is raised until one phase is formed and 
then cooled until the first drop of liquid appears in the cell.  The drop is assumed to 
have negligible mass, thus the composition is determined from the initial loading of 
gas and liquid. More gas can be added to the cell and the procedure is repeated.   
2.1.5.5 Vapor-liquid-liquid equilibrium  
Vapor-liquid-liquid equilibrium (VLLE) can occur near the vapor pressure of 
the pure gas and even extend to temperatures above the critical point of the pure gas.  
At this point, a liquid phase rich in the organic liquid L1, a liquid phase rich in the 
compressed gas L2, and a vapor phase rich in the compressed gas can exist.  VLLE 
data can terminate at an upper critical end point (UCEP) at higher temperatures.  In 
addition, type IV systems according to the classification of Scott and van 
Konynenburg [17-18] can have a break in the VLLE line at a lower temperature upper 
critical endpoint.  The VLLE composition for each of the liquid phases is determined 
by two individual runs with different initial loadings of the organic liquid.  If the 
phase of the organic liquid of interest, here labeled L1, is to be studied, the cell is 
injected with a large amount by volume of the liquid sample, and the gas, e.g., CO2 is 
continuously added to the system just until a droplet or very thin film of the L2 layer 
appears; the phase is assumed to have negligible mass, and the composition of the 
mostly organic liquid can be determined.  To determine the composition of the L2 
layer, a small amount of the liquid sample, L1, is added into the cell.  Gas is added 
until a large amount of the L2 phase forms and the L1 phase just dissolves completely 
into the L2 phase or only a small fraction of the original L1 phase remains.  The 
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composition of the L2 phase can then be determined assuming all of the loaded L1 
phase dissolved into the L2 phase, the density of the L2 to be that of the pure saturated 
liquid at the system temperature, and knowing the volume of the L2 phase.  It should 
be noted that for many binary systems, the L2 phase is often mostly the gaseous 
species 95+% and errors in the organic liquid component in L2 will often have larger 
errors. When the three phase equilibrium is reached, the upper and lower critical 
endpoints (UCEP and LCEP respectively) can be determined by increasing or 
decreasing the temperature until one of the liquid phase disappears. 
 
The phase equilibrium data of carbon dioxide in n-Decane at 71.1°C is given 
in Table 2.1. 
Figure 2.4 illustrates the Pressure (P) – mole fraction (x) phase equilibrium of 
CO2 (99.99% purity) and n-Decane (with purity of 99.9%) binary system.  As shown 
in the figure, the experimental data of this setup are in excellent agreement with  
literature data of Gasem and coworkers [2] and Robinson and coworkers [5], which 
were measured by an analytical method.  They sampled the liquid phase from the 
equilibrium cell and analyzed using a gas chromatograph (GC) for composition. 
 
Figure 2.3 Liquid-liquid-vapor equilibria 
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Table 2.1 The phase equilibrium data of Carbon Dioxide + n-Decane at 71.1 °C 
Pressure 
[Bar] 
Mole fraction of 






17.26 0.1284±0.0010 0.6758±0.0007 0.0401±0.0005 0.669±0.006 
33.68 0.2669±0.0009 0.6861±0.0008 0.0902±0.0005 1.578±0.008 
56.24 0.4127±0.0011 0.6888±0.0009 0.1881±0.0005 2.794±0.012 
73.26 0.5246±0.0012 0.6948±0.0011 0.2978±0.0005 4.017±0.019 
87.43 0.6209±0.0016 0.7069±0.0017 0.4329±0.0005 5.401±0.036 
101.15 0.7023±0.0023 0.7064±0.0034 0.6459±0.0006 6.771±0.075 
 
 
Mole fraction of CO2













This work at 71.10 °C
Gasem's data at 71.15 °C
Robinson Jr.'s data at 71.15 °C
Critical point  from Gasem's group 
Critical point of this work 
 
Figure 2.4 Phase equilibrium data of Decane/CO2 71°C with literature data of Gasem’s 
group[2] and Robinson Jr.’s group[5]. 
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Figure 2.5 gives the comparison between our work, Sage and coworkers [1] 
and Schucker and coworkers[4], which used the synthetic method; again, our data 
agree very well.  Sage and coworkers [1] used a gravimetric method by weighing the 
CO2 and determined n-decane from volumetric measurements.  Schucker and 
coworkers [4] used a variable-volume cell apparatus and a flow apparatus.  They 
weighed the n-decane and CO2, and then computed the solubility.  
 
Mole fraction of CO2













This work at 71.1 °C
Sage's data at 71.11°C
Schucker's data at 71.1°C
Critical point of this work 
 
Figure 2.5 Phase equilibrium data of Decane/CO2 at 71°C with literature data of 
Sage’s group[1], Schucker’s group[4] 
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Figure 2.6 illustrates the density data of n-decane and CO2 in the liquid phase. 
The experimental data has a very good correlation to the literature data of Gasem and 
coworkers [2] and Robinson and coworkers [5].  Their density data were obtained by 
using a densitometer.  The mixture critical point for n-decane and CO2 at 71.1 °C is 
127.9 bar and the mole fraction of CO2 is 95.34%, compared to the literature data 
(127.2 bar and 93.5%CO2) at 71.15°C [2].  The difference of CO2 composition is less 
than 2%, and the critical pressure difference is less than 1 bar. 
 
Pressure [Bar]

















This Work at 71.10 °C
Gasem's data at 71.15°C
Robinson Jr.'s data at 71.15 °C  
 
Figure 2.6 The mixture density data of Decane/CO2 at 71°C with literature data of 
Gasem’s group [2] and Robinson Jr.’s group[5] 
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For the determination of gas solubility, this apparatus is based on an 
assumption of little or no liquid dissolution in the vapor phase.  Comparison with 
literature data does not allude to any meaningful difference.  However, the veracity of 
this assertion deserves further discussion.  By using the dew point data for CO2/n-
decane from literature sources [5], an estimate of the mass transferred from the liquid 
phase to the vapor phase may be computed and is illustrated in Table 2.2.  For 
instance, at 103.34 bar and 71.15°C, the dew point composition is 0.008 mole fraction 
n-decane.  By computing the molarity with the vapor density and using the typical 
volumes of the vapor phase found in our experiments, only ~0.13% of the original 
(loaded moles) of n-decane would be removed from the liquid phase to the vapor 
phase.  Thus, the loss can be considered negligible. From simulation of the more 
volatile systems, the reported accuracies can be maintained with dew point 
compositions less than 10%.  
2.1.6 Summary 
A new apparatus is set up for measuring the high pressure phase equilibrium 
up to 300 bar and 150 °C.  The construction and operation of the apparatus is 
described in detail and uses no mercury.  The apparatus is capable of a large variety 
of experiments for different equilibria and properties, e.g. VLE, SLE, VLLE, mixture 
critical points, etc.  It is easy to use, very accurate, does not need any system-specific 
calibration.  Data from this apparatus is in excellent agreement with literature reports 
using two very different substrates: an n-alkane and an ionic liquid.   
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Table 2.2 Estimate of the amount of n-Decane transferred to the CO2 phase at 71.1°C 
Pressure 
[Bar] 
Mole fraction of 
Decane in CO2 a 
Molarity 
[mM] 
Moles of Decane 
* 105 
Percentage of loaded 
Decane in CO2 phase 
[%] 
35.06 0.006 8.19 1.8 0.12 
46.04 0.005 9.39 1.9 0.13 
71.83 0.004 13.29 2.2 0.14 
71.97 0.005 16.62 2.7 0.18 
83.54 0.005 20.61 2.7 0.18 
90.57 0.006 27.95 2.9 0.19 
103.45 0.008 46.26 2.0 0.13 
a The dew points data are from Nagarajan and Robinson Jr. [5] 
 
 
2.2 Setup to Measure the Critical Points and Global Phase Behavior 
2.2.1 Instrument setup 
The phase behavior and the temperature and pressure of the transitions were 
observed in a windowed high-pressure autoclave similar to a design by Koch and 
Leitner [19] and modified in our group; for further details see Schleicher [20].  The 
whole set up is shown in Figure 2.7.  The ~10mL viewcell has a temperature limit of 
150 °C and a pressure limit of 400 bar.  Agitation is performed with a stirbar within 
the vessel.  The temperature was maintained by a heating plate (Ika Werke, GmbH, 
PN: RET Basic C) with electronic temperature control (Ika Werke, GmbH, PN: 
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IKATRON ETS-d4-fuzzy) using a Pt-1000 RTD placed through the wall of the 
autoclave; the temperature precision is ±0.1°C.  Pressures were measured with a high 
precision digital pressure gauge, Omega DPG7000 with an error band of ± 0.05% of 
full scale (FS=3000psi).  For the runs of pressure higher than 3000 psi, the Omega 
DPG5000  digital pressure gauges with an accuracy of ± 0.25% of full scale (FS = 




Figure 2.7 Setup to measure the global phase behavior 
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2.2.2 Experimental procedure 
Three different types of phase behavior transitions were observed: vapor-
liquid (VLE) to vapor-liquid-liquid (VLLE); VLLE to liquid-liquid (LLE); and VLE, 
VLLE or LLE to critical transitions including upper-critical (UCEP) and lower-
critical endpoints (LCEP).  Approximately 1.5 ml (see below) ionic liquid was loaded 
into the cell and heated to the desired temperature.  The compressed gases, R-134a or 
CO2, was slowly introduced by a high-pressure syringe pump (Teledyne-Isco, Inc. 
model 100DM) and vented to remove any argon or air.  Gas was slowly added to the 
vessel to the desired pressure, stirred and allowed to reach equilibrium 
(approximately 30 minutes).  The pressure was slowly raised, stirred, and raised again 
until the first sign of the phase transition.  The vessel was partially vented to a 
pressure just below the transition, and allowed to re-equilibrate.  The process was 
 
Figure 2.8 Setup of autoclaves 
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repeated until the transition was reproduced within ±0.5 bar.  In addition, the 
temperature of the system was changed at constant pressure.  These temperatures 
were reproducible to approximately ±0.5°C. The amount of initial ionic liquid is also 
important as the liquid phase will expand significantly with increases 
pressure/solubility of the gases and the transition may occur above the window of the 
vessel.  This is especially important for the mixture critical points.  The amount of IL 
was varied so as to render the transition approximately at a height of 70% of the total 
window height. 
 
2.3 Liquid Liquid Equilibrium Measurement 
2.3.1 Cloud point method  
The liquid-liquid equilibrium envelope at ambient pressure of three 
components, such as 1-octene, n-nonanal and ionic liquids was measured by a cloud 
point method, where one component is continuously added to the other component 
(for binary mixtures) or a mixture at a certain ratio (ternary mixtures), until the 
mixture becomes cloud.  Take a two-component mixture as an example, such as 1-
octene and [HMIm][Tf2N], the two components are immiscible when the mixture 
becomes cloud.  
The detailed procedure of the cloud point method consists of the following 
steps.  First, a clean vial is weighed with cover and the stirring bar.  Second, the 
amount of 1-octene to be added is weighed (NOTE: the amount of 1-octene is fixed at 
the beginning), and the balance is reset to zero.  Third, [HMIm][Tf2N] is continuously 
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added into the vial with 1-octene until the mixture becomes cloud (NOTE, a relatively 
large dosage of [HMIm][Tf2N], i.e., 3-5 drops, can be added in the beginning, then 
reduce the dosage to a single drop when the mixture approaches the immiscible 
status).  Then fixing the amount of IL, and adding 1-octene until the mixture becomes 
clear.  After that, adding IL in small dosage until the mixture becomes cloud again.  
An iterative procedure is necessary to measure the solubility of [HMIm][Tf2N] in 1-
octene, i.e., the ratio of the mole fractions of the two components switching between 
the miscible and immiscible statuses is sufficiently small (< 0.1%).  
After determining the solubility of [HMIm][Tf2N] in 1-octene, continuously 
adding IL to 1-octene to obtain the solubility of 1-octene in [HMIm][Tf2N] by 
following similar iterative steps.  However, it is recommended to start a new run with 
a small amount of IL in the vial and add 1-octene into it. This is an economical way 
since [HMIm][Tf2N] is more expensive than 1-octene. 
The amount of each component is measured with a Mettler Toledo XS205 
Dual Range Balance. Its accuracy is 0.01 mg for the range of 81g and 0.1 mg for the 
range of 220g. A Branson Model 2510 Ultrasonic cleaner was used to mix the 
solutions. When the Ultrasonic cleaner is used, extra cares must be taken. Firstly, it is 
necessary to make sure that the vial is above the liquid content of the tank and the 
cover is tight enough to prevent the water from entering the vial. Secondly, the water 
has to be wiped completely. Otherwise, it will be counted in the weight of the sample. 
Thirdly, the Ultrasonic cleaner generally increases the temperature of the sample. The 
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vial should not be kept in the water longer than 3 minutes, in order to avoid the 
influence of the temperature on the measured solubility. 
2.3.2 Gas chromatograph 
 For liquid-liquid equilibrium measurement, e.g. ethanol/butanol/acetone 
extraction study, Varian Star CP-3800 Gas Chromatograph (GC) was used to measure 
the concentration of organic components in aqueous solutions.  Varian Star 
Workstation Version 6.30 software was chosen to collect and record data.  The 
column of Varian CP-SIL-5CB, 25m,.32 mm, 1.2 micrometer CP7760 Chrompack 
Capillary Column was used. The detector was FID detector.  
 The 2%, 4%, 6%, 8%, 10%, 20% molar organic solvent calibration standards 
were made for each organic component.  Except butanol, water was used as the 
solvent for ethanol and acetone, since for butanol, there is a miscibility gap with 
water, then ethanol was used as the solvent instead.  To make the GC samples for the 
calibration standards, a 20-200uL Finnpipette® was used to draw 100uL from one of 
the standards, then add ~900 uL solvent to dilute the samples, ethanol was chosen as 
solvent for the acetone/butanol standards and acetone was chosen for the ethanol 
standards.  The samples follow the same procedures.  All standards and samples are 
weighted before and after dilutions. 
 In order to prevent of vaporization from affecting the accuracy of experiments, 
all of standards and samples are sealed with Parafilm, and they are made immediately 
before running through the GC.  The methods used in the GC were listed in Tables 
2.3 and 2.4. 
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 Table 2.3 GC parameters for acetone/ethanol analysis 
First Clean: CH2Cl2 Sample depth: 90% 
Second Clean: Ethanol /Acetone   Solvent depth: 90% 
Prep ahead delay: 1.00 minutes Injector Oven: 250°C 
Coolant: Enabled at 50°C Detector: 300° C 
Coolant timeout: 20.00 minutes Time constant: Fast 
Stabilization time: 0.20 minutes Make-up flow: 25ml/min 
Column Oven: 50° H2 flow: 30ml/min 
Oven duration: 4.00 minutes Air flow: 300ml/min 
 
 
Table 2.4 GC parameters for butanol analysis 
First Clean: CH2Cl2 Sample depth: 95% 
Second Clean: Ethanol Solvent depth: 90% 
Prep ahead delay: 2.23 minutes Injector Oven: 250°C 
Coolant: Enabled at 50°C Detector: 300° C 
Coolant timeout: 20.00 minutes Time constant: Fast 
Stabilization time: 0.20 minutes Make-up flow: 25ml/min 
Column Oven: 100° H2 flow: 30ml/min 
Oven duration: 5.00 minutes Air flow: 300ml/min 
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By using these methods, an ethanol peak was formed at ~1.95 minutes, an 
acetone peak was formed at ~2.12 minutes, and a butanol peak was formed at ~2.01 
minutes.  After calibration, the numerical results for each calibration standard were 
input into Excel and used to develop a calibration curve to determine the sample 
concentrations of the ternary system study.  
2.3.3 Inductively covered plasma (ICP) spectroscopy 
For Ethanol/ Butanol/ Acetone extraction experiments, HORIBA Jobin Yvon 
2000 Inductively Covered Plasma (ICP) Spectroscopy as shown in Figure 2.9 is used 
to determine the ionic liquid concentration in both the aqueous phase and IL phase, 
which is an analytical technique used for trace and measure the element in aqueous or 
organic sample.  ICP is to measure characteristic wavelength specific light emitted by 
the elements.  It typically includes a sample introduction system (nebulizer), torch, 
high frequency generator, transfer optics and spectrometer and interface with 
computer.  In a typical run, the sample was prepared in an aqueous or organic 
solution.  Then it is pumped into the nebulizer, which transforms the solution into an 
aerosol.   It is lighted at the torch.  The light emitted by the atoms of an element is 
converted to an electrical signal by resolving the light into its component radiation, 
and then the light intensity is measured by a photomultiplier tube at the specific 
wavelength for each element line.  The intensity of the electron signal is compared to 
previously measured intensities of known standard concentration of the element and a 
concentration is computed.  Each element will have many specific wavelengths 
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available in the spectrum for analysis.  Thus, the selection of the best requires 
considerable experience of ICP wavelengths. 
ICP was used here to find the concentration of sulfur in the solutions. For 
JY2000, typical detection limit can be down to ppb level on radial view plasma.  
Radial view minimizes interferences. Continuous wavelength coverage is from 180 to 
400nm. 
 
The ICP acts by nebulizing the sample and then passing it through a plasma 
torch, which results in the compounds being transformed into their atomic elements.  
Each element emits certain wavelengths and intensities of light, which correspond to 
the specific elements in the solution and their concentrations.  The detailed setup of 
ICP is shown in Figure 2.10. 
 
Figure 2.9 Inductively Covered Plasma (ICP) Spectroscopy 
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 When the samples were tested, firstly the ICP was ignited and given at least 
twenty minutes to warm up and stabilize.  After that, it should run through a zero-
order function and reference search in order to ensure that the device was functioning 
correctly.  The calibration method should be set up, i.e., choosing the element of 
analyzing, unites, concentrations of all standards, and the wavelengths used to 
measure.  The wavelength is generally chosen by detection limit, the lower, the better.  
But one can definitely select multiple wavelengths and after calibrations, compared 
 
Figure 2.10  Set up of ICP 
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the peaks and choose the best one.  Then the analysis sequence could be built, starting 
with a peak search and auto-attenuate (to calibrate the device to the lines being 
analyzed), followed by the calibration samples and then the analysis of all of samples.  
The lines used for this analysis were S 180.676 and S 181.978, due to their low limit 
of detection (0.0108 mg/ml). 
The ICP parameters for aqueous solution and organic solutions are listed in 
Tables 2.5 and 2.6. 
Table 2.5 ICP parameters for aqueous solutions 
Power 1000 watts Sheath stabilization time 10 s 
Pump Speed 20 rpm Nebulization flowrate 0.02 L/min 
Plasma gas flowrate 12.0 L/min Nebulization pressure 2.4 bar 
Sheath gas flowrate 0.2 L/min Transfer time 15 s, high speed 
Aux gas flowrate 0.0 L/min Rinse time 10 s, high speed 
Concentration units mg/ml Stabilization  time 10 s 
 
Table 2.6 ICP parameters for organic solutions 
Power 1350 watts Sheath stabilization time 15 s 
Pump Speed 5 rpm Nebulization flowrate 0.35 L/min 
Plasma gas flowrate 18.0 L/min Nebulization pressure 1.2 bar 
Sheath gas flowrate 0.5 L/min Transfer time 40 s, normal speed 
Aux gas flowrate 0.8 L/min Rinse time 20 s, normal speed 
Concentration units mg/ml Stabilization  time 20 s 
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2.4 Polarity Measurements 
In order to find out the reasons that ionic liquids and compressed gases, 
especially refrigerant, R134a, show different phase behaviors with temperature and 
pressure, the polarity of ionic liquids, R134a and mixtures of them were measured by 
Cary 300 Bio UV-visible Spectrophotometer.  Since the usual Uv-vis vials only can 
handle atmosphere pressure, a steel high pressure Uv-vis cell is set up for this specific 
task.  The whole set up is shown in Figure 2.11.  The detailes of the high pressure cell 
are given in the following. 
 
   
Figure 2.11 The whole set up of UV-vis high pressure polarity measurement 
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2.4.1 Setup of high pressure UV-vis cell 
A stainless steel high pressure cell was built with three sapphire windows.  
The details are shown in Figures 2.12 and 2.13.  The mechanical drawings of the high 
pressure cell are given in Appendix B. The side window was designed for monitor the 
liquid level when measure the gas/ liquid mixture.  All of sapphire windows were 
sealed with PTFE ‘O’-ring from McMaster Carr, which are 9560K38 – size 012 for 
main windows and 9560K36 – size 010 for the side window.  This high pressure cell 
can be operated up to 150 ºC and 250 bar.  The light path length is designed as 19.98 
mm.  The internal maximum volume of the cell is 2.5 ml.  Three steel plugs were 
used to adjust the internal volume to be 1.9 ml, 1.6 ml and 1.3 ml.  A Teflon stirring 
bar was used to agitate the contents to help to reach equilibrium.  The cell is heated 
by a heating cartridges inserted into the cell body.  The temperature controller 2200 is 
from Hart Scientific® with a resolution of 0.01 ºC or ºF and an accuracy of ±1.0 ºC.  
The pressure was monitored by two high accuracy digital test gauge, the DPG7000 
series, with 0.05% Full Scale Total Error Band.  At low pressure range, DPG 7000-
1K was chosen with measuring range as 0-1000 psi.  At high pressure range, 
DPG7000-3K was chosen with measuring range as 0-3000 psi.  The solvatochromic 






Figure 2.13 The detailed set up of the high pressure UV-vis Cell 
 
Figure 2.12 Picture of the high pressure UV-vis Cell
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2.4.2 Experimental procedure 
 The ILs will be dried under vacuum at given temperature at least 24 hours 
before using.  The experimental procedure is as follows:  
(1) The empty cell is scanned to check if there is solvent or any impurity left inside of 
the cell.  If any impurity is found, the cell has to be washed for several time and dried 
until the background is clear.  
 (2) The pure ionic liquids are added into the cell with enough amount to cover the 
monitor window.   Then the background was collected without dyes.   
(3) The dye is added into the cell and a quick scan is done to check if the 
concentration of dye is appropriate. If the absorption (concentration) is too high, the 
pure ionic liquid is added to dilute.  If the concentration is low, more dye is needed. 
Around 0.8 or 0.9 absorbance is corresponding to the right amount of dye to start with. 
(4) The cell is closed and heated to desired temperature. It takes about 30-40 minutes 
to reach thermal equilibrium. 
(5) After achieving thermal equilibrium, the gas is added into the cell. The pressure is 
controlled by injection of gases using syringe pumps (ISCO model 260 for CO2 and 
ISCO model 100DM for R134a), 
(6) The mixtures is mixed very well until there was no pressure drop, and the system 
is at phase equilibrium.  
(7) The scan is done at all the wavelength range, and then narrowed to small rage 
according to the peak position. 
(8) Gases were carefully vented and injected for several times to check if the 
measurement is repeatable.  
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(9) The pressure is increased to next desired value and repeat procedure given above.  
(10) All the solvatochromic spectra were corrected by subtraction of the spectrum 
without dye. 
2.4.3. Verifications 
At room temperature (22 °C), the solvatochromic parameters of ethanol, 1-
butanol and [HMIm][Tf2N] with dyes were measured and the results are shown in 
Table 2.7.  N,N-diethyl-4-nitroaniline was chosen to determine π*, 4-nitroaniline was 
used to determine β, Reichardt's Dye was selected to determine α. The ET30 and ETN 
were calculated accordingly.   
Table 2.7 Verification of polarity measurements of Uv-vis cell 
Component   π* β α ET30 ETN 
This work 0.52 0.89 0.85 51.98 0.657 
Literature([21]) 0.54 (0.77) 0.83     Ethanol  
Diff (%) 3.85 13.48 2.35     
This work 0.49 1 0.75 49.83 0.59 
Literature([21]) 0.47 (0.88) 0.79     1-Butanol  
Diff (%) 4.08 12.00 5.33     
This work 0.8 0.45 0.61 52.04 0.659 
Literature ([22])       51.9 0.654 
Diff (%)       0.27 0.76 
Literature([23]) 0.98 0.25 0.65 51.8   
[HMIm][Tf2N] 
  
Diff (%) 22.50 44.44 6.56 0.19   
Note: The data in () are not certain by Authors 
           Diff= (this work-literature)/this work *100% 
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2.5 Ionic Liquid Synthesis and Analysis 
  1-n-Alkyl-3-methylimidazolium ionic liquids  were prepared by anion 
exchange from the corresponding bromide salt of the imidazolium cation ([R-
MIm][Br]) with corresponding anion in deionized water as described in the literature 
[24-25].  
Elemental analysis was performed for all of ionic liquids used by Desert 
Analytics Transwest Geochem. 1H-NMR spectra were recorded on a Bruker 400 
NMR Spectrometer. The water content was determined by a Mettler Toledo DL32 
Karl Fisher Coulometer and the Br content was measured by a Cole Parmer Bromide 
Electrode (27502-05) read with an Oakton Ion 510 series meter.   
1-Ethyl-3-methylimidazolium bis(trifluoromethylsulfonyl)amide ([EMIm][Tf2N]) 
was synthesized by anion exchange from 1-Ethyl-3-methyl-imidazolium bromide 
([EMIm][Br]).  [EMIm][Br] was synthesized by a quaternization reaction of 1-
methyl-imidazole and bromoethane in acetonitrile at 40°C.  Cation: this reaction is 
highly exothermic and adequate amounts of solvent or cooling should be used.  To 
purify 1-Ethyl-3-methyl-imidazolium bromide, acetonitrile is added to dissolve the 
solid and then passed through a plug of celite (l=3cm) and passed through a short 
column of acidic alumina.  The solvent was removed on a rotavap under reduced 
pressure and 40°C.  [EMIm][Tf2N] was prepared from the anion exchange of 
[EMIm][Br] with lithium bis(trifluoromethanesulfonyl)amide  (Li[Tf2N]) in 
deionized water as described in the literature [25].  The denser hydrophobic IL phase 
is decanted and washed with twice amount of water for 8-10 times.  The IL is then 
dried under vacuum for at least 48 hours and stored in Schlenk tubes under dry argon.  
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HNMR chemical shifts (relative to TMS internal standard) and coupling constants 
J/Hz: δ=8.59 (s, 1H), 7.42(d, 2H, J=10.3), 4.24 (q, 2H, J=7.36), 3.93(s, 3H), 1.54(t, 
3H, J=7.4). Analysis calculated for C8H11N3F6S2O4: C, 24.55; H, 2.83; N, 10.74; S, 
16.39. Found: C, 24.62; H, 2.84; N, 10.71; S, 15.88, Water content is 63 ppm.  
1-Hexyl-3-methylimidazolium bis(trifluoromethylsulfonyl) amide 
([HMIm][Tf2N]) was prepared in a similar manner synthesized by anion exchange 
from 1-hexyl-3-methyl-imidazolium bromide ([HMIm][Br]) [25].  An anion 
exchange of [HMIm][Br] with lithium bis(trifluoromethylsulfonyl)amide  (Li[Tf2N]) 
was performed in deionized water [24, 26].  The analysis results are as follows: 1H 
NMR chemical shifts (relative to TMS internal standard) and coupling constants J/Hz: 
δ=8.65 (s, 1H), 7.39 (d, 2H, J=4.19), 4.17 (q, 2H, J=7.4), 3.93(s, 3H), 1.87(m, 4H), 
1.32(6H, m) 0.87(t, 3H, J=6.53). Analysis calculated for C12H19N3F6S2O4: C, 32.21; 
H, 4.28; N, 9.39; S, 14.33. Found: C, 32.21; H, 4.27; N, 9.25; S, 14.19.  The purity is 
estimated from elemental analysis and NMR to be 99+%.  The water content is less 
than 100 ppm and the bromide content is 23 ppm. 
1-n-Decyl-3-methyl-imidazolium 
bis(trifluoromethylsulfonyl)amide([DMIm][Tf2N]): was prepared in a similar manner 
synthesized by anion exchange from 1-Decyl-3-methyl-imidazolium bromide 
([DMIm][Br]) with lithium bis(trifluoromethylsulfonyl)amide  (Li[Tf2N]) 1H NMR 
chemical shifts (relative to TMS internal standard) and coupling constants J/Hz: 
δ=8.66 (s, 1H), 7.36 (s, 1H), 7.36 (s, 1H), 4.15 (t, 2H, J=7.5), 3.92(s, 3H), 1.86(m, 
4H), 1.26 (14H, m), 0.87 (t, 3H, J=6.7).  Analysis calculated for C16H27N3F6S2O4: C, 
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38.17; H, 5.4; N, 8.34; S, 12.73. Found: C, 38.55; H, 5.3; N, 8.15; S, 12.29.  The 
purity is estimated from elemental analysis and NMR to be 99+%.  Bromide content 
was 46 ppm.  The water content is 56 ppm. 
1-Hexyl-3-Methylimidazolium Hexafluorophosphate ([HMIm][PF6]): 
[HMIm][PF6] was prepared in a similar manner as [HMIm][Tf2N], but from the 
anion exchange of [HMIm][Br] with ammonium hexafluorophosphate in deionized 
water [27-28].  1HNMR chemical shifts (relative to TMS internal standard) and 
coupling constants J/Hz: δ=8.43 (s, 1H), 7.33(brs, 2H), 4.12 (t, 2H, J=7.22), 3.87(s, 
3H), 1.85(m, 4H), 1.28(6H, m), 0.84 (t,3H,J=6.96).  Analysis calculated for 
C10H19N2PF6 : C, 38.47; H, 6.13; N, 8.97; P, 9.92. Found: C, 38.64; H, 6.01; N, 9.01; 
P, 9.62.  The purity is estimated from elemental analysis and NMR to be 99+%.  The 
water content is 62 ppm and the bromide content is <8ppm. 
1-Butyl-3-Methylimidazolium Hexafluorophosphate ([BMIm][PF6]): 
[BMIm][PF6] was prepared in a similar manner as [HMIm][PF6], but from the anion 
exchange of [BMIm][Br] with ammonium hexafluorophosphate in deionized water.  
1HNMR chemical shifts (relative to TMS internal standard) and coupling constants 
J/Hz: δ=8.35 (s, 1H), 7.31(brs, 1H), 7.28(brs, 1H), 4.09 (t, 2H, J=7.4), 3.83(s, 3H), 
1.79(quint, 2H, J=7.4), 1.29(hex,2H, J=7.4), 0.85 (t,3H,J=7.4). Analysis calculated 
for C8H15N2PF6 : C, 33.81; H, 5.32;N,9.86; P, 10.90; F,40.11. Found: C, 33.69; H, 
5.21; N, 9.63; P, 10.40; F: 41.70.  The purity is estimated from elemental analysis and 
NMR to be 99+%.  The water content is 62 ppm and the bromide content is <8 ppm.  
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1-Hexyl-3-Methylimidazolium Tetrafluoroborate ([HMIm][BF4]): 
[HMIm][BF4] was prepared from the anion exchange of [HMIm][Br] with 
ammonium tetrafluoroborate in deionized water. HNMR chemical shifts (relative to 
TMS internal standard) and coupling constants J/Hz: δ=8.72 (s, 1H), 7.52(d, 2H, 
J=3.6), 4.22 (t, 2H, J=7.23), 3.96(s, 3H), 1.89(m, 4H), 1.32(6H,m) 0.86(t,3H,J=6.54). 
Analysis calculated for C10H19N2BF4: C, 47.27; H, 7.54; N, 11.02; B, 4.25. Found: C, 
46.99; H, 7.21; N, 10.88; B, 4.39.  The purity is estimated from elemental analysis 
and NMR to be 99+%.  The water content is less than 64 ppm and the bromide 
content is 123 ppm. 
 
2.6 Materials 
2.6.1 Synthesis ionic liquids 
The materials used in ionic liquid synthesis are listed as follows: 1-
Methylimidazole, (CAS 616-47-7) 99+%, lithium bis(trifluoromethylsulfonyl)amide 
(CAS 90076-65-6) 99.95%, acetonitrile, ≥99.9%; ammonium hexafluorophosphate 
(CAS 16941-11-0) 99.99%, ammonium tetrafluoroborate (CAS 13826-83-0) 99.99%, 
were purchased from Sigma-Aldrich.  1-Bromoethane (CAS 74-96-4) 99+%, 
bromobutane (CAS 109-65-9) 99%, bromohexane (CAS 111-25-1) 99+%, 
bromodecane (CAS112-29-8) 98%, and aluminium oxide (activated, acidic, for 
column chromatography; 100-500 micron) were obtained from Acros. Compressed 
argon (CAS 7440-37-1) (Ultra High Purity (UHP) grade) was obtained from Airgas, 
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Inc.   1-Methylimidazole, 1-bromo bromo-alkanes (ethane, butane, hexane, decane) 
were distilled immediately before the synthesis.   
2.6.2 Compressed gases 
1,1,1,2-Tetrafluoroethane (R-134a , 99.99%) was purchased from Linweld, 
Inc and used as received. Coleman Instrument grade CO2 (99.99% purity) and 
Compressed argon (CAS 7440-37-1) (Ultra High Purity (UHP) grade) were obtained 
from Airgas, Inc.  
 2.6.3 Other components used 
1-octene (CAS 111-66-0) 98% and nonanal (CAS 124-19-6) 95+% were 
purchased from Sigma-Aldrich. Coleman Instrument grade CO2 (99.99% purity), 
syngas (H2/CO (1:1): H2: 99.99%, CO: 99.5%, certified standard) were obtained from 
Airgas, Inc.  1-octene and nonanal were used as received. Acetone (CAS: 67-64-1, 
≥99.9%) 1-butanol (CAS: 71-36-3, ≥99%), ethanol (CAS: 64-17-5, ≥99.5%) were 
purchased from Sigma-Aldrich and used as received. 
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Chapter 3 Thermodynamic Modeling 
The measurement of vapor liquid equilibrium is described in Chapter 2.  In 
order to evaluate and design the systems using ionic liquids and compressed gases, a 
large amount of data need to be collected, such as P-T-x, H-T, H-x, etc.  However, 
experiments are time-consuming, expensive and usually difficult at high temperature 
and pressure. Therefore, a thermodynamic model is necessary to be developed to 
predict phase equilibria over a wide range of conditions.  
This chapter focuses on the thermodynamic models that have been developed 
to correlate and predict phase equilibria.  A thermodynamic phase is defined as a part 
of system that is uniform in chemical and chemical properties.  Two phases tend to 
exchange constituents when they are brought into contact until the composition of 
each phase attains a constant value as determined by thermodynamics.  In vapor 
liquid equilibrium (VLE), the overall system is heterogeneous, but each phase itself is 
homogenous. 
3.1 Criteria for Phase Equilibrium 
In this work, phase equilibria calculations include the mixture critical points 
and binodal equlibrium.  The criteria to evaluate the phase equilibria are the basis for 
thermodynamic calculations.   
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3.1.1 Criteria of phase equilibrium for pure component 
If a pure component reaches phase equilibrium between vapor and liquid phases, 
the temperature, pressure and chemical potential in two phases are identical.  The 
same for other phase equilibria, such as liquid-solid and vapor-solid. 
III TT =  (3.1a) 
III PP =  (3.1b) 
III μμ =  (3.1c) 
 
The equivalent conditions can also be expressed as Gibbs function and fugacity: 
III GG =  (3.2a) 
III ff =   (3.2b) 
3.1.2 Criteria of phase equilibrium for binary or multiple mixtures 
For binary mixture and multiple component systems, the thermodynamic 
criteria for phase equilibria can be extended from pure component as: 
TTTT IIIIII ==== LL  (3.3a) 







i μμμμ ˆˆˆˆ ==== LL  (3.3c) 
 
The chemical potential is often difficult to use for phase equilibrium 
calculations as it becomes negative infinity at low pressures and dilute concentrations.  
However, fugacity is directly related to the chemical potential but does not have the 
same numerical problems.  Fugacity is also called as “corrected pressure” and helps 
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to bridge between theory and pure thermodynamics.  At equilibrium, the fugacities 







i ffff ==== LL  (3.4)  













ii μμ  (3.5) 
The fugacity with hat represents the mixture fugacity. The superscript “o” is 
defined as standard state. For an ideal gas mixture, fugacity is equal to partial 
pressure.   




i =φ̂  (3.6) 
For vapor-liquid equilibrium, two thermodynamic methods are generally used 
to calculate the phase equilibrium: equations of state (Φ-Φ method) and activity 
coefficient models (γ- Φ method).  These two models will be discussed in the 
following sections.   
3.1.3 Stability analysis 
For a fluid-fluid equilibrium problem at constant temperature and pressure, the 
conventional algorithm is the fugacity-equality criteria, but it is only a necessary 
condition for stable state.  The global minimum of Gibbs free energy needs to be 
located in order to obtain the thermodynamically stable state.  Many false solutions 
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have been found in liquid-liquid and vapor-liquid-liquid equilibria by only solving the 
fugacity-equality criteria.  Reported approaches to solve global phase stability can be 
classified into two groups:  
(1) examine the magnitude and sign of the appropriate determinants of partial 
derivatives 
(2) tangent plane analysis. 









































 (3.7)  






















)(~)(~),(  (3.8)  
where, mg~ is the dimensionless molar Gibbs energy of mixing, ix  means the mole 
fraction of component i in the mixture, and iz  is the solutions to the equifugacity 
conditions for solid-fluid equilibrium. 
If D is negative for any value of x, the Gibbs energy surface is below the 
tangent plane.  Thus, the phase of composition z being tested is not stable. 
Based on the Peng-Robinson equation of state, the dimensionless molar Gibbs 














































3.1.4 Criteria of vapor-liquid, liquid-liquid, vapor-liquid-liquid phase equilibrium  
3.1.4.1 Criteria of vapor-liquid phase equilibrium 
When system reaches vapor liquid equilibrium, the fugacity for each 
component in liquid phase (fiL) is equivalent to the fugacity in vapor phase (fiV): 
 L,2,1== iff Vi
L
i  (3.10) 
For Φ-Φ method, the fugacity for each phase can be expressed as fugacity 
coefficient Φi, mole fraction (x or y), and pressure (P).  




i φφ  (3.11) 
where, the fugacity for both the liquid phase and vapor phase can be calculated from 
an equation of state. 
For γ - Φ method, the fugacity of liquid and vapor phase can be expressed as:  






i φγ  (3.12) 
Although the vapor phase fugacity can be calculated from equation of state, the liquid 
phase fugacity is calculated from activity coefficient model. 
3.1.4.2 Criteria of liquid-liquid phase equilibrium 
             The system can reach liquid-liquid equilibrium at certain pressure and 
temperature.  For instance, ionic liquids and compressed gases, when pressure is 
higher than vapor pressure and temperature lower than critical temperature, the 
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systems exist at liquid-liquid equilibrium.  The fugacity for each component in one 
liquid phase (fiL1) is equivalent to the fugacity in the other liquid phase (fiL2). 
 L,2,121 == iff Li
L
i  (3.13) 



















i xx φφ =  (3.14b) 
If the activity coefficient model is chosen here for calculation, the fugacity 
equivalence can be related by:  
















i xx γγ =  (3.16) 
3.1.4.3 Criteria of vapor-liquid-liquid phase equilibrium 
             When a system reaches vapor-liquid-liquid equilibrium, there are three 
phases coexist.  For an ionic liquid and R-134a system, when the temperature is at 
between lower critical end point (LCEP) and upper critical end point (UCEP), the 
pressure is close to pure R-134a vapor pressure, vapor-liquid-liquid equilibrium exists 
in the system.  The fugacities for each component are equal in each phase. 
 L,2,1




i  (3.17) 
For Φ-Φ method, the equivalent can be rewritten as  
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φφφ  (3.18) 












00 2211 ==  (3.19) 
Equilibrium of phases requires the fugacity (or chemical potential) of a given 
component to be the same in every phase.   Temperature, pressure, concentration, etc 
are equal too.  In addition, the fugacity (or chemical potential) of a given component 
is the same in every phase.  In principle, formulation VLE in terms of fugacity and 
chemical potential are equivalent. 
  
3.2 Equation of State 
Equations of state (EoS) are thermodynamic functions that mathematically 
describe the state of a matter under a given set of physical conditions, i.e., the 
temperature, pressure and volume (or molar volume).  EoS have been an important 
tool to study phase equilibria of fluid or fluid mixtures.  EoS offer several advantages 
to calculate phase equilibria [2].  First, EoS is a proven tool of describing mixtures of 
diverse components. Extensive researches have been carried out on the application of 
EoS to various phase equilibria studies, such as vapor-liquid, liquid-liquid, etc.  
Second, EoS can be applicable over a wide range of physical conditions, i.e., 
temperature and pressure. EoS have also been reported to calculate phase equilibria in 
the region of critical condition and systems involving supercritical fluids. 
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The ideal gas law states that the state of an amount of hypothetical ideal gas is 
determined by its pressure, volume, and temperature according to the equation: 
RTVP =  (3.20) 
where 
P – the pressure 
T – the temperature 
V – the molar volume 
R – the gas constant  
The ideal gas law assumes that an imaginary gas satisfies the following conditions: (1) 
interactions between the molecules are negligible; (2) molecules occupy no volume; 
(3) collisions between molecules are perfectly elastic.  Therefore the ideal gas EoS 
describes the PVT behaviors inaccurately, both quantitatively and qualitatively.  
Various EoS have been developed that radically improved predictive capability over 
ideal gas EoS. 
3.2.1 Cubic EoS 
In 1873, van der Waals proposed the following EoS to predict the coexistence 









+ )(2  (3.21) 
where 
a – the measure of the attraction strength between particles 
b - the volume occupied by particles 
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==  (3.24) 
 RK EoS is superior to the van der Waals EoS through the introduction of the 
temperature dependence for the attractive term. Soave [4] improved the RK EoS by 



























 w- acentric factor 
In 1976, Peng and Robinson [5] proposed additional modifications to obtain more 




































These EoS mentioned above belong to the family of the cubic EoS, which can be 













RTP  (3.29) 
Relations and values for parameters in several common cubic EoS are shown in Table 
3.1. Parameter b, in all cases listed, is a positive constant and η = b. The temperature 
dependence is included in the parameter Θ = aα(Tr, w).  
Table 3.1 Parameters for cubic EoS 
EoS δ  ε  Θ  
van der Waals 0 0 a  
RK 0 0 5.0−
raT  
SRK b 0 [ ]25.02 )1)(176.0574.148.0(1 rTa −−++ ωω  
PR 2b -b2 [ ]25.02 )1)(2699.054226.13744.0(1 rTa −−++ ωω  
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3.2.2 Non cubic equation of state  
Cubic EoS are based on van der Waals equation.  Modifications have been 
made to the treatment of the hard sphere repulsive term and/or the mean field 
attractive term. Parameter values are obtained by fitting experimental data such that 
the phase behavior of simple fluids and their mixtures can be accurately predicted.  
However, modeling complex systems, such as polymers and associating systems 
demands EoS derived from a more theoretical basis that accommodates the 
complexities of molecular shape and molecular association. [6]  
Substantial progress has been made in the molecular theory based EoS, such 
as those derived from Statistical Associating Fluid Theory (SAFT) approach [7].  
Since the effects of molecular shape and interactions on the thermodynamic 
properties are separated and quantified, the SAFT EoS is able to accurately model 
both simple spherical molecules and chain fluids.  Furthermore, SAFT EoS has the 
potential advantage of being capable of modeling polar systems by including an 
association contribution to the Helmholtz free energy of the system [8]. 
SAFT was originally developed to model associating fluids as Lennard–Jones 
chains with short-range association sites.  Recent years, the original expression has 
been extended to describe chain molecules formed from hard-core segments with 
attractive potentials of variable range (SAFT-VR) which provides significant 
improvement and predictive capability over the earlier formulations [6]. 
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3.3 Mixing Rules  
When EoS are extended to model mixtures, the inherent assumption is that the 
form of EoS remains the same as pure fluid, but with modified attractive and volume 
parameters, a and b.  EoS parameters of the mixture are assembled using the mole 
fraction concentrations and can be density dependent.  Mixing rules incorporate 
compositional dependence into the mixture parameters. 
The van del Waals mixing rule is mostly commonly used: 
∑∑=
i j
ijjim axxa  (3.30) 
∑∑=
i j
ijjim bxxb  (3.31) 
where am is the attractive parameter and bm is the mixture co-volume parameter;  aii 
and ajj are the constants of pure components; aij  and bij  are the cross parameters.  
van der Waals mixing rule assumes that the radial distribution function of the 
component molecules are identical and they both explicitly contain a contribution 
from interactions between dissimilar molecules.  Extensive investigations have shown 
that the van del Waals mixing rule is adequate for modeling phase behavior of 
mixtures of nonpolar and slightly polar compounds, however it may fail to model 
strongly nonideal mixtures [2].  
For binary systems, the mixture attractive and co-volume parameters, am and 











where k12 measures the deviation from geometric intermolecular interactions am. 
Alternatively, a second parameter can be included that measures the deviation from 









=  (3.34) 
These binary interaction parameters (kij, lij) are a measure of the deviation 
from the geometric mean of parameter a and the arithmetic mean of the parameter b, 
which can be positive, negative, or zero.  While some have seen physical meaning in 
the size and sign of the parameters, they are mostly to correct the assumptions of the 
model.  For instance, sometimes a k12 less than zero may indicate the presence of 
specific chemical interaction such as hydrogen bonding in the mixture.  However, this 
observation does not always hold.   
Research efforts have been taken to improve the van der Waals mixing rule in 
order to accurately represent phase equilibria in highly polar mixtures, associated 
mixtures, and other very complex systems [9].  Reported approaches include non-
quadratic mixing rules, multiple interaction parameters in the quadratic mixing rules, 
the introduction of the local-composition concept, the combination of excess Gibbs 
free energy models and EoS.  Adachi and Sugie [10] proposed the following 
nonquadratic mixing rule that includes the composition dependent binary interaction 
parameters to a and keeps b unchanged: 
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 [ ])(15.05.0 jiijijjjiiij xxmlaaa −−−=  (3.35) 
where 
 jiij ll =  and jiij mm −=  
Wong and Sandler [11] proposed a mixing rule (WS mixing rule) for two-
parameter cubic EoS that is consistent with statistical mechanical requirements. 
Particularly, the second virial coefficient depends quadratically on the concentration.  
























A  (3.37) 






=C  (3.38) 


































1  (3.39) 
WS mixing rule provides a simple method to accurately extend low-pressure prediction 
models to high temperature and pressure. 
Binary interaction parameters are of significant importance for cubic EoS 
model to predict the correct phase behavior.  The parameter can be estimated by 
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fitting experimental data.  Therefore, the binary interaction parameters can be 
obtained by minimizing the difference between the experimental data and the 
calculated values with cubic EoS models.  The approach of determine the binary 
interaction parameters with solubility data is described in sequel. 
 
3.4 Activity Coefficient Models  
At lower pressures, activity coefficient models may be used to account for non-
idealities of the liquid phase.  Several activity coefficient models (also called the 
excess Gibbs free energy models) have been developed, such as Wilson model [12], 
NRTL model (Non-Random Two-Liquid [13], Universal Quasi Chemical 
(UNIQUAC) [14], etc.  The Wilson model [12] only requires binary parameters even 
for multi-component systems. It can apply to a variety of miscible mixtures 
containing polar or association components, but it is invalid to LLE systems.  The 
NRTL model [13] can provide a good representation of experimental data for strongly 
nonideal mixtures, especially for partially immiscible systems.  For a binary system, 
the NRTL model involves 3 parameters.  One is related to the nonrandomness in the 
mixture and the other two are energy parameters characteristic of the interaction.  The 
NRTL parameters are fitted to activity coefficients derived from experimental data. 
Temperature dependent parameters can be introduced, if activity coefficients are 
available over a large temperature range. NRTL model fits for both miscible and 
partially miscible systems. 
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The UNIQUAC model [14] represents the excess Gibbs free energy as two 
terms, a combinatorial part and a residual part.  The combinatorial part is calculated 
exclusively from chemical parameters and attempts to describe the dominant entropic 
contribution.  The residual contains an empirical parameter and accounts for 
intermolecular forces.  The main advantages of the UNIQUAC model are its relative 
simplicity and wide range of applications.  The UNIQUAC equation has been 
extended to the development of the UNIFAC model [15], which uses the functional 
groups to calculate activity coefficients and eliminates the calculation of UNIQUAC 
parameters from experimental data.  The UNIFAC model, a predictive version of 
UNIQUAC, has been successfully applied to semi-quantitatively predict VLE for a 
wide variety of mixtures.  It is good for both miscible and partially miscible systems. 
 
3.5 Phase Equilibria Calculations 
The section describes how to calculate the phase equilibria in this work and the 
approach to optimally determine the binary interaction parameters with the PR EoS 
model.  PR EoS is selected in this study due to its simplicity and accuracy for the 
prediction of volumetric and thermodynamics properties.  
3.5.1 Parameter regression  
For a binary liquid mixture in equilibrium with a vapor, the fugacity 




































ϕ  (3.41) 
Where  ni is the number of moles of component i and nT is the total number of moles 
in the vapor phase. 



































ϕ  (3.42) 










=  (3.43) 
and the vdW-1 parameter mixing rule, the fugacity coefficient, the fugacity 
coefficients of vapor and liquid are calculated as: 
















































ϕ  (3.44) 


















































ϕ  (3.45)  
In summary, the problem is formulated as a nonlinear programming (NLP) 
problem. Given the VLE data of a binary system that consists of sets of temperature 
(T), pressure (P), and liquid (x) and vapor phase mole fractions (y) for one of the 
components, it is obvious that the independent variables of the optimization problem 
are binary interaction parameters.  Therefore, the determination of binary interaction 
coefficients is an optimization problem of a small number of dimensions, and various 
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optimization methods can be employed determine the optimal value of binary 
interaction parameters. 
3.5.2 Regression VLE parameters with PE2000 
The software, Phase Equilibrium 2000 (PE2000) developed by Brunner et al. 
[16] was employed here to regress VLE parameters.  The software package has been 
reported to be a powerful tool to correlate and predict phase equilibria [17-20].  
PE2000 optimizes the binary interaction parameters by minizing one of four types of 
objective functions, such as absolute, absolute square, relative and relative square.  
PE2000 offers the possibility to calculate phase equilibria and densities at any 
conditions using optimum interaction parameters.  
PE2000 offers more than 40 different equations of state (EoS) with up to 7 
different mixing rules for correlating and predicting phase equilibria.  Users can also 
supply source code with the own EoS to be implemented in PE2000. 
Given EoS, mixing rule and objective functions, PE 2000 optimizes the binary 
interaction parameters by minizing the deviation between experiment data and 
calculated values.  Moreover, PE2000 offers the possibility to calculate phase 
equilibria and densities at any conditions using optimum interaction parameters.  
Graphical output routines then plot the miscibility gaps in binary and ternary systems.  
The binary interaction parameters are determined by minimizing the differences 
between experimental and calculated data.  The objective function chosen here is the 


















AARD  (3.46) 
where, x2exp is the experimental data; x2calc  is the calculated thermodynamic 
property with PR EoS model; N is the number of experimental data.  Solubility data 
are used to determine the optimal binary interaction parameters. 
3.5.2.1 Binary systems 
If both k12 and l12 are used in the mixing rule, the optimal values can be 
determined by solving a 2 dimensional optimization problem.  PE2000 provides two 
ways to optimize interaction parameters: the Grid method and the Simplex-Nelder-
Mead algorithm [21].  The Grid method calculates the deviation on a user-defined 
rectangular grid, while the Simplex-Nelder-Mead algorithm is a direct search 
algorithm that requires initial guesses for the interaction parameters and locates the 
optimum based on the concept of a simplex.  A simplex is a polytope of N + 1 
vertices in N dimensions (a triangle in this case).  The approach starts with an initial 
simplex.  At each iteration, a new point will be generated using operators such as 
reflect, contract, expand and shrink. Normally, the worst point of the simplex is 
replaced with the new point.  The steps continue till the diameter of the simplex is 
less than a predefined threshold.  It should be noted that the Nelder-Mead method is a 
local search algorithm that does not guarantee the global optimality of the solution.  
Therefore, the final result depends on the initial solution. 
In this work, the deviation calculated by PE2000 is based on the mole fractions 
of the coexisting phases at certain temperature and pressure.  The objective function 
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is the absolute average relative deviation (AARD) of liquid phase mole fraction, and 
the Simplex Nelder–Mead algorithm is used to optimize the binary parameter. 
3.5.2.2 Ternary systems 
Reaction systems and separation processes generally involve multiple 
components.  Accurate prediction of multiple phase equilibria is an important aspect 
for industrial applications.  Ternary phase equilibrium calculation was performed.  
Generally, the phase equilibrium and phase behavior for ternary system can be 
assumed as extension of binary system.  The binary interaction parameters can be 
obtained from the analysis of the three binary sub-systems.  Thus, to construct a 
ternary diagram, it is necessary to know the three binary systems interaction 
parameters for the three components. As discussed in Chapter 8, for CO2, 1-octene, 
nonanal system, one should consider the phase behavior of the binary CO2 +1-octene, 
CO2 + nonanal, and 1-octene + nonanal three sub-system. 
In order to predict the ternary equilibrium, 3 binary interaction parameters are 
needed. All of the parameters need to fit the ternary data. However, regression of one 
or more of the interaction parameters is difficult if the equilibria of two of the 
components are unavailable.  For CO2 +1-octene + nonanal system, one is between 1-
octene and CO2, the other is between nonanal and CO2, another is between 1-octene 
and nonanal.  The first two can be obtained from correlating the experimental data.  
However, there is no literature data can be found for VLE data between 1-octene and 
nonanal, so that the last one is tentatively set to zero.  Then the ternary equilibrium 
was predicted only based on the interaction of 1-octene and CO2, nonanal and CO2. 
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3.5.3 PE2000 calculation procedure 
A general procedure of using PE2000 is summarized as follows: 
1. Input data 
Phase equilibrium calculation requires the data of pure components 
and experimental data.  Pure component data is saved in a so-called .PCFILE 
file, which includes component name, the molecular weight, the critical 
temperature and pressure, the acentric factor, etc.  A new PCFILE is generated 
by selecting File/New/Pure Component Data.   
Experimental data of mixture are stored in an EXFILES file.  An 
EXFILE consists of a header, pure-component data, pure-component EOS 
parameters, phase equilibrium data of mixtures, and optional binary EOS 
interaction parameters.  It can be generated by selecting File/New/Mixture 
Data from the main menu.  An EXFILES can be edited by Selecting 
File/Add/Equilibrium Data from the main menu or using text editor, such as 
notepad. 
2. Calculate interaction coefficients 
To calculate interactive coefficients, first open an EXFILES 
containing the experimental data. Then, select an EoS (Peng-Robinson, in this 
study), mixing rule (Quadratic in this study), and a data set.  PE2000 offers 
two approaches to calculate interaction coefficients, grid and optimization 
(used in this study).  The optimization approach finds the optimal binary 
interaction parameters by correlating with experimental data.  An objective 
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function needs to be defined, including the selection of calculating deviation 
and average mole fractions. In this study, the choices are “L1 and L2 only” for 
calculation deviation and “Relative” for average mole fraction.  The process 
of locating the optimal binary coefficients can by shown in a separate window 
by selecting the checkbox of “visualization”.  The process of finding the 
binary interaction coefficients can be saved in a text file. 
3. Calculate phase equilibrium 
After obtaining the binary interaction coefficients, the phase 
equilibrium can be calculated by selecting Mixture/Calculate.  The checkbox 
“Additional Box” enables PE2000 to calculate at the first equilibrium of the 
current block in the EXFILE then try to use this equilibrium as starting point 
for subsequent additional calculations in order to generate a complete Pxy-
diagram or similar.  The results can be saved in text file and plotted in a 
separate window, which can then be exported as a “windows metafile”. 
 
3.6 Summary 
This chapter reviews the thermodynamic phase equilibrium calculation 
approaches.  Key EoS models and activity coefficient models are summarized, with 
the focus on cubic EoS. Several mixing rules are presented that involve a number of 
binary interaction parameters.  The regression of the binary interaction parameters in 
this work is formulated as an NLP problem. The software package, PE2000, used to 
regress interaction parameters.  
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Chapter 4 Global Phase Behavior of Imidazolium Ionic Liquids and 




Knowledge of the global phase behavior is practically important for reaction 
engineering, process design, separation technology, etc.  Global phase behavior 
indicates the conditions (temperature and pressure) of the different equilibria and 
transitions, i.e., vapor-liquid, liquid-liquid, vapor-liquid-liquid, etc.  Therefore, for 
new applications with ionic liquids and compressed gases, the high-pressure phase 
behavior and equilibria are very important data.  For instance, regions in which an 
ionic liquid and refrigerant are miscible would not be conducive to separations or 
absorption refrigeration.  CO2 and IL have unique phase behavior as there is no 
measurable amount of ionic liquid existing in the CO2 phase.  This chapter will give 
insight into the fundamentals of phase behavior of mixtures consisting of ionic liquids 
and compressed gases: 1,1,1,2-tetrafluoroethane (R-134a) and carbon dioxide (CO2).  
The temperature range is from approximately 0°C to 105°C and pressure up to 330 
bar.  1-Alkyl-3-methyl imidazolium ionic liquids with various alkyl groups and 
anions and the common refrigerant R-134a are investigated. 
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4.2 Global Phase Behavior  
A rich variety of phase behavior is possible with liquids and gases.  For the 
process design of any system with a compressed gas, the global phase behavior must 
be characterized.  The Gibbs Phase Rule indicates that even for binary systems, up to 
4 phases may coexist in equilibrium.  Thus, two phase and three phase regions are 
likely to exist at various temperatures, pressures and compositions.  Van 
Konynenburg and Scott [1] were the first to provide a uniform classification scheme 
for binary phase behavior of liquids and gases.  In their scheme, all binary systems 
fall within one of 6 phase behavior types as illustrated in Figure 4.1.   
Each phase behavior type has characteristic phase transitions.  For Type I, the 
two critical points of each pure component are connected by a vapor liquid mixture 
critical line.  Type II adds one more line on Type I.  The extra liquid-liquid line starts 
at upper critical end-point (UCEP) and extends to high pressure.  Below UCEP, it 
connects to a vapor liquid-liquid equilibrium line.  For type III, the mixture has two 
distinct critical curves.  The first one starts from pure component critical points and 
extends to UCEP connected with vapor-liquid-liquid critical line.  The second one 
also starts with the critical point of the other pure component but with higher 
temperature and extends to higher pressure.  For Type IV, two critical point lines start 
from the pure component.  One ends at UCEP and the other ends at a lower critical 
end-point (LCEP).  A vapor-liquid-liquid equilibrium line connects between LCEP 
and UCEP.   There is also a critical line ends at another UCEP.  Type V is similar to 
Type IV but without a lower temperature critical line ending at UCEP.  For type VI, 
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one liquid-liquid critical line is added to Type I.  It starts from LCEP and ends at 
UCEP, between which is the vapor-liquid-liquid equilibrium. 
 
As will be discussed, R-134a and most ILs systems are believed to be a Type V 
system (possibly Type IV), while CO2 and ILs are Type III systems.  Detailed 
descriptions of the phase behavior and equilibria of Type III and V systems will be 
found below.  Yokozeki and Shiflett [2] predicted that the system of trifluoromethane 
and [BMIm][PF6] is a Type V system using an equation of state.  Recently, Bolz et al. 
[3] have proposed a new nomenclature system for the International Union of Pure and 
Applied Chemistry (IUPAC) in which a more descriptive nomenclature is presented.  
The new designation conveys the topology and connectivity of critical curves.   
 
 
Figure 4.1 Common types of global phase diagrams according to their Scott and 
van Konynenburg [1] and Bolz et al. [3]. 
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4.3 Global Phase Behavior of Ionic Liquids/Refrigerants Mixture 
  The main advantage of combining ionic liquids and refrigerants is that most 
refrigerant gases have a high solubility in ionic liquids [4].  One of the challenges of 
ionic liquids is that their viscosity is often higher than conventional solvents,[5] 
which leads to slower mass transport rates.    The Scurto group has recently reported 
that the viscosity of the IL, [HMIm][Tf2N] decreases approximately 80+% with up to 
6 bar of R-134a at 25°C [6].  The diffusivity in the ionic liquid is predicted to 
improve approximately 5-fold over the same pressure range based on the decrease in 
the mixture viscosity.  Moreover, this dramatic increase in the mass transport 
properties will demand less capital intensity as processes with smaller equipment (e.g. 
heat exchangers, contactors, etc.) can be used.    
Only a limited number of groups have reported phase equilibria data for ionic 
liquids and refrigerant gases: Shiflett, Yokozeki and coworkers, Cor J. Peters, Ziegler, 
and Maurer.  The complete literature review for phase equilibria will be presented in 
Chapter 5.  For the global phase behavior, it has been only reported by Shariati and 
Peters [7-8] and Shiflett and Yokozeki [9].  Shariati and Peters [7-8] believe that 
trifluoromethane (CHF3) in [EMIm][PF6] belongs to type III.  However, Shiflett and 
Yokozeki [9]  indicates Type V behavior of IL and refrigerant system by equation of 
state predictions.  In this chapter, the global phase behavior of 1-alkyl-3-methyl 
imidazolium ionic liquids with various alkyl groups and anions and R-134a were 
measured experimentally for the first time. 
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1-Ethyl-3-methylimidazolium bis(trifluoromethylsulfonyl)amide ([EMIm][Tf2N]), 
1-Hexyl-3-methylimidazolium bis(trifluoromethylsulfonyl)amide ([HMIm][Tf2N]), 1-
Hexyl-3-methylimidazolium hexafluorophosphate ([HMIm][PF6]), 1-Butyl-3-
methylimidazolium hexafluorophosphate ([BMIm][PF6]), 1-Hexyl-3-
methylimidazolium tetrafluoroborate ([HMIm][BF4]), 1-Hexyl-3-methylimidazolium 
bromide ([HMIm][Br]), were used  for the global phase behavior study in this chapter.  
The structure of ILs used in this chapter is shown in Figure 4.2.  The synthesis 
methods and analysis results are shown in Chapter 2. 
 
4.3.1 Global phase behavior  
The global phase behavior must be characterized for process design of any 
systems with a compressed gas.  As will be discussed below, refrigerant gases and 
ionic liquids are believed to be mostly of type V behavior, which is shown 
qualitatively with exaggerated features (for clarity) in Figure 4.3.  Type V behavior of 
the Scott-van Konynenburg scheme is characterized by vapor-liquid equilibrium at 
 
 
Figure 4.1 Ionic liquid cations and anions and refrigerant used in this study: a) 
cation structures; b) anion structures; c) refrigerant gas: 1,1,1,2-tetrafluoroethane 
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low temperatures, followed by a LCEP where another liquid phase forms (thus, 
vapor-liquid-liquid equilibrium), followed by an UCEP at higher temperatures in 
which the liquid phases merge.  The mixture critical point extends from the LCEP to 
the pure component critical point of the less volatile component.   
 
Figure 4.4 illustrates the qualitative pressure-composition behavior of a Type V 
system at three different isotherms.  The temperature of the global phase behavior (PT) 
is shown in the inset.  At each isotherm, when pressure is increased, the system shows 
different phase behavior.   The vapor-liquid equilibrium for an isotherm at 
temperatures below the LCEP (Ta) is shown in Figure 4.4a, where liquid 2 (L2, ionic 
liquid here), is primarily composed of the less-volatile (liquid) component,  while 
component 1, which is R-134a here, is the more volatile component (gas).  At 












Figure 4.3 Global phase diagram of a Type V system according to Scott and van 
Konynenburg [1] and Bolz et al. [3]. 
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liquid, and the two liquids are completely miscible.  At a temperature above the 
LCEP and below the pure component 1 critical temperature designated Tb, several 
different equilibria are possible depending on the pressure and loading (ratio) of the 
components as shown in Figure 4.4b.  At lower pressures, VLE exists until the 
pressure of transition to vapor-liquid-liquid equilibrium (VLLE) which has 
compositions symbolized by the solid squares in the figure.  These compositions as 
exaggerated for clarity and the L1 and V compositions are more often at higher 
concentrations of the compressed gas.  The newly formed liquid 1 phase is rich in or 
mostly composed of component 1.  Beyond the VLLE pressure, two different 
equilibria are possible depending on the overall mole fraction composition.  If an 
overall composition exists between the L1 and V compositions of the VLLE (xL1 and 
xV in the figure), then an increase in pressure will create VLE of the vapor and the L1 
phase.  At pressures above the vapor pressure of component 1, then the L1 phase and 
the pure liquid of component 1 are completely miscible.  However, if the overall 
composition is between the L2 and L1 compositions of the VLLE (xL1 and xL2 in the 
figure), increasing pressure produces liquid-liquid equilibrium (LLE) of the L1 and L2 
phases.  At higher pressures, the mixture critical point is obtained and the two phases 
become critical to one another, thus the mixture is completely miscible and the whole 
system is one phase.  At a temperature above the UCEP (Tc in Figure 4.4c), then VLE 
exists to the mixture critical pressure, where the vapor becomes critical with L2.  Type 
IV is similar to type V, except a low temperature region of LLE, VLLE and a second 





























































Figure 4.4 Qualitative pressure-composition diagrams of isotherms from Type 
V systems as shown in the inset. a) an isotherm below the LCEP; b) an 
isotherm between the LCEP and critical temperature of component 1; c) an 
isotherm above the UCEP. 
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4.3.2 Results and discussions 
The global phase behavior of binary mixture between R-134a and [EMIm][Tf2N], 
[HMIm][Tf2N], [HMIm][PF6], [HMIm][BF4], and [BMIm][PF6] were studied 
between approximately 0°C to 105ºC and pressures to 330 bar.  These data represent 
some of the first complete global phase diagrams for compressed gases and ionic liquids.   







T              P 
[ºC]         [bar]
LCEP 
 
T          P 
[ºC]     [bar]
UCEP 
 
T          P 
[ºC]     [bar]
VLEa 
 
T            P 
[ºC]       [bar] 
VLLE 
 
T            P 
[ºC]       [bar] 
[EMIm][Tf2N] 60.0 35.0 55.0 15.0 101 40.8 28.2 7.3 60.0 16.6 
 75.0 92.3     32.2 8.2 82.0 27.4 
 80.0 108.0     38.2 9.7 92.0 33.0 
 101 164.0     44.2 11.3   
       48.2 12.6   
[HMIm][Tf2N] 75.0 43.2 62.6 19.0 101 40.5 24.0 5.9 80.0 26.8 
 85.0 76.1     33.6 7.9 90.1 33.2 
 101 123.5     42.0 10.2 100 40.2 
[HMIm][BF4] 50.0 46.4 37.9 10.0 101 40.5 21.9 5.7 40.7 10.6 
 75.0 143.3     23.0 6.7 60.5 17.8 
 90.0 204.3     33.7 8.4 79.6 27.3 
 105 254.7     35.6 8.7 94.1 37.2 
[HMIm][PF6] 50.0 27.7 48.3 12.5 101 40.5 5.0 3.4 50.0 13.0 
 60.0 69.8     15.0 4.7 54.0 14.4 
 75.0 128.8     25.1 6.3 60.0 16.7 
 90.0 175.9     30.0 6.9 75.0 24.0 
 105 225.2     40.0 9.9 90.0 32.6 
[BMIm][PF6] 50.0 111.9 27.8 7.3 101 40.5 10.0 4.2 40.0 9.8 
 75.0 215.4     15.0 4.9 60.0 15.8 
 90.0 277.7     20.0 5.7 80.2 26.1 
 105 327.6     24.0 6.4 95.0 35.9 




4.3.2.1 [EMIm][Tf2N] and R134a 
The global phase behavior for [EMIm][Tf2N] and R-134a was measured and 
presented in Figures 4.5 and 4.7.  This contribution is one of the first complete global 
phase diagrams for a compressed gas and an ionic liquid.  As shown various regions 
of single phase and multi-phase equilibria exist.  One of the interesting aspects of this 
behavior is the presence of single miscible or critical regions.  This is opposed to the 
majority of the high-pressure equilibria data in the literature for ionic liquids and 
various gases [10-12].  Shariati and Peters [7] have reported a vapor-liquid mixture 
critical pressure and composition for [EMIm][PF6] and high-pressure CHF3.  The 
three phase vapor-liquid-liquid (VLLE) equilibrium exists between the lower and 
upper critical endpoints (LCEP and UCEP) and is equal to the pure component vapor 
pressure of R-134a within the experimental accuracy of this study.  When the 
pressure of the VLLE and pure vapor pressure are so similar, this often indicates that 
the second liquid phase is almost pure R-134a (xR-134a<0.01) as confirmed by Shiflett 
and Yokezeki [2, 9] for this and other ionic liquids.  As the R-134a-rich phase is 
nearly pure, its UCEP is nearly indentical (within experimental accuracy) to the pure 
component critical point.   Below the LCEP temperature, the system is in vapor-liquid 
equilibrium until the pressure is raised to the vapor pressure of the pure R-134a, at 
which point, the system becomes miscible.  These points of miscibility have been 
confirmed experimentally and are shown on the plot Figure 4.5.  For CO2, only VLE 
and then LLE are possible for temperatures below the pure CO2 critical point (see 
below).  For [EMIm][Tf2N] and R-134a above the LCEP but below the UCEP, four 
different equilibria are possible.  VLE exists at the lower pressures and VLLE exists 
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near or at the pure R-134a vapor pressure.  Above the VLLE, LLE exists until 
mixture critical point and the system becomes critical/miscible.  Above the UCEP, 
VLE exists and terminates at the mixture critical point.   
 
XR134a



























Figure 4.5 Global phase behavior for [EMIm][Tf2N] and R-134a. Pressure-
temperature diagram with experimental data and model predictions from lower 
pressure VLE data. 
Legend: ●: VLE, ▲: VLLE; ■: mixture critical points.▼: vapor-liquid-liquid 
equilibrium (VLLE) for [EMIm][Tf2N]; □: lower critical endpoint (LCEP) of R-134a 
with [EMIm][Tf2N]  ; Δ: upper critical endpoint (UCEP) with [EMIm][Tf2N] (also R-
134a critical point).   Dash line is the predicted mixture critical point from the EoS 
model.  Solid line through VLE, VLLE, and UCEP is the vapor pressure of pure R-
134a from [14].   
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The global phase behavior was predicted using an equation of state model by 
collaboration with Dr. Mark Shiflett and Dr. Amichi Yokezeki at DuPont Central 
Research & Developement.  A modified Redlich-Kwong type of cubic equations of 
state (EoS) is employed in this study to model global phase behavior of [EMIm][Tf2N] 
and R134a with parameters regressed with only the low pressure VLE data (P<3.5 
bar).  For model details, please refer to Yokezeki’s work [9]. In the modified model, 
there are a maximum of four binary interaction parameters: lij, lji, mij, τij for each 
binary pair.  However, two or three parameters are sufficient for most of the cases.  
The optimal binary interaction parameters are listed in Table 4.2 and  determined 
from the low-pressure VLE data of Shiflett and Yokezeki [9]. 
 
Table 4.2 Equation of state parameters and binary interaction parametersa 
Compound Tc [K] Pc [bar] β0 β1 β2 β3 
[EMIm][Tf2N] 808.82 20.28 1.0 1.35500 0 0 
R-134a 374.21 40.59 1.0025 0.50532 -0.04983 0 
 
 








a From Shiflett and Yokezeki [9] 
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   As shown in Figure 4.5, VLE and VLLE data are nearly equal to the pure R-
134a vapor pressure line.  The model underpredicts the mixture critical points, 
especially at higher temperatures.  From convergence of the critical point and VLLE 
predictions, the lower critical endpoint (LCEP) is approximated as 54°C and 14.5 bar.  
This is very close to the experimental point of 55°C and 15 bar, despite the fact that 
the prediction is from lower pressure data.  The predicted UCEP is approximately 
101°C and 40.5 bar and the experimental point is 101 °C and 40.8 bar.  The model 
provides an adequate correlation of the mixture critical pressure at 60°C.  However, 
for the critical points at higher pressure, the model significantly underpredicts the 
critical pressure.   The data used to correlate the interaction parameters are nearly 30 
times lower than the mixture critical point.  Even with data close to the mixture 
critical point, researchers have described difficulty predicting both the critical 
composition and pressure at a given temperature [13-14].  Often, one must fit the 
interaction parameters directly to the critical point data to get quantitatively 
agreement for pressure and composition.     
From the experimental data and the modeling predictions, the system of 
[EMIm][Tf2N] and R-134a are believed to be classified as a Type V system (see 
Figure 4.7).  The Type IV system is similar, but exhibits another lower temperature 
region of liquid-liquid immiscibility and VLLE ending at another UCEP.  For 
reference, phenyloctane and R-134a are a Type IV system and the difference between 
the lower-branch of the UCEP and the LCEP is 29°C [15].  Experimentally, the VLE 
region for [EMIm][Tf2N] and R-134a was investigated down to 0°C with no 
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occurrence of liquid immiscibility.  The phase behavior at cryogenic temperatures is 
beyond the capabilities of the experimental equipment.  However, from EoS 
predictions and the experimental data set here, Type V behavior is believed to exist 
for this system.   
4.3.2.2 [HMIm][Tf2N] and R-134a 
The global phase behavior for [HMIm][Tf2N] and R-134a is presented in 
Figure 4.7 with pictures, illustrating the regions of 1-, 2- and 3-phases.  As shown in 
each picture, the global phase behavior was measured in a windowed autoclave 
reactor with a stir bar in center; IL phase is at the bottom.  IL was loaded to autoclave 
at the beginning, then R-134a was injected into the system, the system exists as 
different phases with increasing temperature and pressure.  Similar to Figure 4.4a, 
vapor liquid equilibrium exists at lower temperatures below the LCEP with complete 
liquid miscibility above the vapor pressure of R-134a.  This point of miscibility at the 
vapor pressure has been confirmed experimentally for several temperatures as shown 
in Figure 4.7.  This is different from the behavior of most gases (CO2, ethane, etc.) 
with ILs, which have liquid-liquid immiscibility above the vapor pressure.  The 




Vapor-liquid-liquid (VLLE) equilibrium exists between LCEP and UCEP.  The 
pressure-temperature profile of the VLLE data is equal, within experimental accuracy, 
to the pure component vapor pressure of R-134a as calculated from the REFPROP 
database version 8.0 [16].  This often indicates that the second liquid phase is nearly 
pure R-134a (xR-134a<0.01), as confirmed experimentally by Shiflett and Yokozeki [9] 
for systems with refrigerant gases and [EMIm][Tf2N], [HMIm][Tf2N], [BMIm][PF6], 
[HMIm][PF6] and [HMIm][BF4].  The LCEP is the start of both the VLLE line and 
the mixture critical points.  At temperatures above the LCEP, but below the UCEP, 
four different equilibria are possible depending on the pressure.  VLE exists at the 
 
Figure 4.6 Experimental global phase behavior pictures for [HMIm][Tf2N] and R-
134a. 
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lowest pressures and VLLE exists near or at the pure R-134a vapor pressure.  At 
pressures above VLLE, liquid-liquid (LLE) equilibria exists until the mixture critical 
point, beyond which the system become critical/miscible.  At very high loadings of 
R-134a, VLE would exist above the VLLE pressure; see Figure 4.4b.  However, this 
region is estimated to be between a mole fraction of R-134a of 0.99 to 1.00 and was 
not explored experimentally.  Above the UCEP, VLE exists and terminates at the 
mixture critical point (see Figure 4.4c).  For [HMIm][Tf2N]/R-134a, the LCEP was 
measured at 62.6°C and 19 bar.  Mixture critical points technically extend from the 
LCEP to the critical point of the less-volatile component (see Figure 4.1–Type V).  
But, no known critical points of ILs are known to exist, due to decomposition.    
The UCEP of the [HMIm][Tf2N]/R-134a was measured at 101°C and 40.6 bar.  
As the R-134a-rich liquid phase is nearly pure, its UCEP is nearly identical (within 
experimental accuracy) to the pure component critical point of 101°C and 40.6 bar.  
Below the LCEP temperature, the system is in vapor-liquid equilibrium until the 
pressure is raised to the vapor pressure of the pure R-134a, at which point the two 
liquids becomes miscible.  These points of miscibility at the R-134a vapor pressure 
have been confirmed experimentally and are shown in Figure 4.7. 
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4.3.2.3 Alkyl chain effects 
 Figure 4.8 displays the LCEP and mixture critical points for [EMIm][Tf2N] and 
[HMIm][Tf2N].  As shown, the LCEP is lower and the slope of the mixture critical 
line is steeper for [EMIm][Tf2N] than [HMIm][Tf2N].  For instance at 80°C, the 
mixture critical pressure of the [EMIm][Tf2N]/R-134a system is 108 bar, while that 
T [ºC]































Figure 4.7 Experimental global phase behavior for [HMIm][Tf2N] and R-134a 
Legend: ▲: VLE with confirmed miscibility at the vapor pressure of R-134a; ▼: 
vapor-liquid-liquid equilibrium (VLLE) for [HMIm][Tf2N]; ○: lower critical endpoint 
(LCEP) of R-134a with [HMIm][Tf2N]; ◊: upper critical endpoint (UCEP) with 
[HMIm][Tf2N] (also R-134a critical point); ●:mixture critical points of 
[HMIm][Tf2N]. Solid line through VLE, VLLE, and UCEP is the vapor pressure of 
pure R-134a from [16].  
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for [HMIm][Tf2N] is 65.4 bar.  Thus, an increase in the alkyl chain length of the 
cation increases the area (T and P) in which R-134a is 1-phase (miscible/critical) with 
imidazolium ionic liquids.  ILs with longer alkyl chain do not have phase split with 
R134a until higher temperature and pressure.  Thus, with longer alkyl- groups the 
LCEP temperature (and pressure) increases.  This is the same trend for the solubility 
of refrigerant gases in ILs, viz. longer alkyl groups result in higher solubility at a 
given temperature and pressure.  The added dispersion forces of the longer alkyl 
group and induced dipole forces with the polar compressed or liquefied gas provide 
more favorable interactions, and, thus, miscibility (or increased solubility) at lower 
temperatures and pressures.  If a process requires no miscibility of the IL in the 
compressed gas phase, then shorter alkyl-chains are needed as the LCEP is lower in 
temperature and the critical points are higher but at the expense of slightly lower gas 
solubility.  The presence of a single miscible phase or critical regions is somewhat 
unique to hydrofluorocarbon refrigerant gases and ionic liquids, as the majority of the 
high-pressure equilibria data for ILs and various compressed gases have no reported 
miscibility [10-12].   
 The effect of the alkyl group was also investigated with the [PF6] anion and the 
1-Butyl- and 1-Hexyl-3-methylimidazolium cations ([BMIm] and [HMIm] 
respectively).  Figure 4.9 illustrates the LCEP and mixture critical points of 
[BMIm][PF6] and [HMIm][PF6].  As the majority of the VLLE data and the UCEPs 
are nearly equal to the pure R-134a vapor pressure and critical point, respectively, 
most of the individual systems data have been omitted from the plot for clarity Figure 
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4.9.   As shown, the addition of the two methylene (-CH2-) groups changes the LCEP 
by 20°C.  The mixture critical points for [HMIm] are less than that for [BMIm].  
Again, the added length of the alkyl chain increases the area where the two 









































Figure 4.8 Experimental global phase behavior for [R-MIm][Tf2N] and R-134a 
for R- = ethyl ([EMIm]), and n-hexyl ([HMIm]).  Legend: ▲: VLE with 
confirmed miscibility at the vapor pressure of R-134a; ▼: vapor-liquid-liquid 
equilibrium (VLLE) for [HMIm][Tf2N]; lower critical endpoint (LCEP) of R-
134a with [HMIm][Tf2N] (○) and [EMIm][Tf2N] (□); ◊: upper critical endpoint 
(UCEP) with [HMIm][Tf2N] (also R-134a critical point); mixture critical points 
of  [HMIm][Tf2N] (●) and [EMIm][Tf2N] (■).  Solid line through VLE, VLLE, 
and UCEP is the vapor pressure of pure R-134a from [14].   
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4.3.2.4 Anion effects 
Based on the cation 1-Hexyl-3-metyl-imidazolium ([HMIm]), three anions were 
chosen here to determine the effect of the anion, which are the fluorinated anions 
[BF4], [PF6], and the aforementioned [Tf2N] as shown in Figure 4.10.  The mixture of 
R-134a and [Tf2N] anion has lowest critical points among these three ionic liquids.  
Compared with the [Tf2N] anion, the mixture critical pressures for [PF6] and [BF4] 
dramatically increase. [17] For instance, at 75°C, the mixture critical pressure for 
[HMIm][BF4] is 143.3 bar and 128.8 bar for  [HMIm][PF6]; the critical point for 







































Miscible or Critical Region
 
 
Figure 4.9 Experimental global phase behavior for [BMIm] and [HMIm][PF6] 
and R-134a.  Mixture critical points of [HMIm][PF6] (●) and [BMIm][PF6] (■).   
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role on determining the ultimate global phase behavior.   The LCEP of these three ILs 
shows a inverse trend with mixture critical points.  It decreases in the order of 
[HMIm][Tf2N] at 62.6 ºC,  [HMIm][PF6] at 48.3 ºC and [HMIm][BF4] at 37.9 ºC.  
However, this is the same trend for the solubility of refrigerant gases in ILs, viz. 
solubility at a given temperature and pressure follows in the order [Tf2N] > [PF6] > 
[BF4].  This trend scales with the diameter of the anion or charge density because 
larger anions can have more disperse negative charge.  Ions with more disperse 
charge can more readily be solvated by the polar compressed hydrofluorocarbon, the 
polarity of R-134a decreases with temperature and increases with pressure.  Thus, 
[Tf2N] anion ILs with R-134a have a wide rage of temperature to be miscible, but for 
[PF6] and [BF4] having less negative charge, they even have phase split at lower 
temperature.  As a result, as the temperature of the LCEP increases, the regions of 
temperature and pressure of miscibility increase.  For certain processes, the anion can 
be designed to suit the needed property. 
  From the experimental data, the systems of 1-n-alkyl-3-methyl-imidazolium 
ionic liquids and R-134a are believed to be classified as a Type V system (see Figure 
4.1) The Type IV system is similar, but exhibits another lower temperature region of 
liquid-liquid immiscibility and VLLE ending at another UCEP.  Phenyloctane and R-
134a are a Type IV system (see Figure 4.1) and the difference between the lower-
branch of the UCEP and the LCEP is 29°C[15].  The VLE region for the ionic liquids 
and R-134a was confirmed experimentally to 0°C with no occurrence of liquid 
immiscibility; this about 38° to 60°C below the LCEP of all ILs tested.  While 
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cryogenic temperatures are beyond the capabilities of the experimental equipment, 
the current data and equation of state predictions for similar systems indicate solely 
Type V behavior. [18] 
 
4.3.2.5 [HMIm][Br] and R134a 
The global phase behavior of [HMIm][Br] and R134a was also measured at 
temperatures up to 141°C and pressure up to 345 bar.  The data is listed in Table 4.3 
and shown in Figure 4.11. As we can see from the figure, vapor-liquid-liquid 









































Figure 4.10 Experimental global phase behavior for [HMIm][An] for [An]= 
[BF4] (♦), [PF6] (■), and [Tf2N] (●) with R-134a. See caption of Figure 4.7 for 
more details. 
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identical to the vapor pressure of R-134a.  The UCEP is at 101 °C, which is almost 
same as the critical temperature for pure R-134a.  When the temperature is higher 
than the UCEP, two-phase vapor-liquid equilibrium was found in the region to 141°C 
and pressures up to 344 bar.  This behavior is significantly different from the ionic 
liquids discussed above, [HMIm][Br] and R134a shows what is believed to be Type 
III phase behavior.  The [Br] anion does not have fluorine, has a relatively small 
molar volume, and higher charge density so that there is less dispersion force between 
the anion and hydrofluorcarbon to dissolve each other.  Thus, there is no miscibility 
even to higher pressure.  





T          P 
[ºC]     [bar] 
VLLE 
T            P 
[ºC]       [bar] 
LLE 
T            P 
[ºC]       [bar] 
101 40.6 13.2 4.3 110.0 343.6 
  20.3 5.2 122.0 343.2 
  25.5 6.4 127.0 343.0 
  32.6 7.5 141.0 343.8 
  40.9 9.9   
  52.4 12.3   
  61.5 17.1   
  70.0 20.3   
  80.0 25.3   
  90.0 31.7   
[HMIm][Br] 






Figure 4.12 Experimental mixture critical points of [HMIm][Tf2N], 
[HMIm][Tf2N] and  [HMIm][Br] mixture with R-134a Legend: ▲: 
[HMIm][Tf2N], ■: mixture of [HMIm][Tf2N] : [HMIm][Br] =10.11:1, ●: mixture 
of [HMIm][Tf2N] : [HMIm][Br] =1.73:1. See Figure 4.6 for more details.  
T [°C]















Figure 4.11 Experimental global phase behavior for [HMIm][Br] with R-134a. 
▼: vapor-liquid-liquid equilibrium (VLLE); ●: Fluid-liquid equilibrium (FLE) ◊: 
upper critical endpoint (UCEP) with [HMIm][Br] (also R-134a critical point); 
Solid line through VLLE is the vapor pressure of pure R-134a from [16] 
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  The ternary global phase behavior of R-134a with [HMIm][Tf2N], and 
[HMIm][Br] at different initial ratios of the ILs (1.17:1 and 10.11:1, respectively) 
were measured and listed in Table 4.4.  Since the VLE data and VLLE data are really 
similar to pure [HMIm][Tf2N] and close to vapor pressure of R-134a, only LCEP and 
mixture critical points are reported here.  The pure component and mixture behaviors 
are given in Figure 4.12.  When [HMIm][Br]  is added into [HMIm][Tf2N], the LCEP 
is decreased and mixture critical points are increased.  If 8% of [HMIm][Br] is in the 
mixture(ratio of  [Tf2N]:[Br] as 10.11:1), the LCEP drops about 7.2% from 62.6 ºC to 
58.1 ºC.  At 85 ºC, the mixture critical point increases about 30.5% from 76.1 bar to 
99.3 bar.  If 46% mole of [HMIm][Br] is in the mixture (ratio of  [Tf2N]:[Br] as 
1.17:1), the LCEP drops about 77% from 62.6 ºC to 14.2 ºC.  At 101 ºC, the mixture 
critical point increases dramatically about 142 % from 123.5 bar to 298.9 bar.  Again, 
the anion seems to play a significant role on the miscibility due to different 
intermolecular forces.  
4.3.2.6 IL purification using supercritical fluids 
[HMIm][Tf2N] is synthesized by anion exchange of [HMIm][Br] and Li[Tf2N].  
After reaction, it is difficult to separate [HMIm][Tf2N] from the reactant mixture 
since they are miscible.  To prevent the [HMIm][Br] from being impurity of 
[HMIm][Tf2N], traditional method is to use excessive Li[Tf2N] about 10 ~ 15% mole 
fraction.  Because Li[Tf2N] is miscible with water, it can be removed after reaction.  
However, Li[Tf2N] is much more expensive than [HMIm][Br]. Therefore, the 
traditional approach of synthesizing [HMIm][Tf2N] is not cost-effective.  
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T [ºC] P [bar] T [ºC] P [bar] 
LCEP 14.2 5.1 58.1 16.3 
26.3 64.5 65.3 43.0 
40.1 124.9 85.1 99.3 
50.2 155.3 101.0 144.3 
65.1 208.7 110.0 166.1 
80.1 266.2   
101.0 298.9   
Mixture critical points 
120.0 335.4   
 
Based this phase behavior study, the miscibility difference between 
[HMIm][Tf2N],  [HMIm][Br] and R-134a indicates an alternative purification method.  
These ionic liquid mixtures have phase split with R-134a pressure.  Thus R-134a can 
extract [HMIm][Tf2N] from [HMIm][Tf2N] and [HMIm][Br] mixture, since 
[HMIm][Tf2N]  and R-134a can be totally miscible as reach the mixture critical point, 
but [HMIm][Br] does not.  It is thus not necessary to use excessive Li[Tf2N] for the 
synthesis of [HMIm][Tf2N].  Therefore, separations of these two different ILs can use 
a compressed or supercritical fluid, which is not limited to R-134a.  Other 
compressed gases with lower critical points can also be used.  Similar methods can be 
used to synthesize other types of ILs if reactant and product show different miscibility 
with compressed gases.    
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4.4 Global Phase Behavior of IL and CO2 
The phase behaviors of ionic liquids and CO2 have been investigated here to 
approximately 250 bar.  Figure 4.13 illustrates the global phase behavior of 
[HMIm][Tf2N] and CO2.  As shown, only VLE, VLLE and then LLE are possible for 
temperatures below the pure CO2 critical point. For instance, at 25 ºC, binary mixture 
starts from VLE at lower pressure.  With increasing pressure, VLLE is observed near 
vapor pressure of CO2.  The difference between VLLE pressure and vapor pressure of 
CO2 is in experimental error range, the data will be given in Chapter 5. Then the LLE 
will be reached after the pressure is increased higher than vapor pressure.  The upper 
critical end point (UCEP) is almost same as critical point of pure CO2, which is very 
similar to R-134a case.  When the system temperature is higher than the UCEP, VLE 
exists until very high pressure.  The other critical line (not shown in the Figure 4.13) 
theoretically starts with pure IL critical point with higher temperature and extends to 
very high pressure. 
Carvalho et al. [19] studied the the phase equilibrium of [EMIm][Tf2N] and 
CO2, which can not reach the critical at 70°C  until 435.8 bar pressure. They also 
investigate 1- Pentyl - 3 - methyl imidazolium bis(trifluoromethylsulfonyl)imide 
([PMIm][Tf2N]) and CO2 system, VLE exists at 80 °C  and 561.1 bar pressure. 
Brennecke and coworkers[20] report that [BMIm][PF6] and CO2 represent a two-
phase system even beyond 3100 bar at 40°C, see Figure 4.14. As shown, ionic liquids 
have unique phase behavior with CO2. CO2 is very soluble in the ionic liquid, but the 




















Figure 4.14 Phase behavior of the IL, [BMIm][PF6] with CO2 at 40°C to ultra-
high pressures from Blanchard et al. [20] 
 
Figure 4.13 Global phase behavior of CO2 and [HMIm][Tf2N]   
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The ionic liquid and CO2 system has only regions of VLE, VLLE, a UCEP and no 
measurable critical points.  This phase behavior for binary systems implies that 
CO2/IL systems probably belong to Type III (see Figure 4.15) of the van 
Konynenburg and Scott classification. The figures are taken from the book of 
McHugh and Krukonis [21]. This indicates that CO2 with this ionic liquid forms a 
Type III system with a critical locus that approaches hyperbaric to infinite pressure.  
Therefore, we may not be able to measure it experimentally.  At higher temperatures, 
the critical point should be at a lower pressure, but the ionic liquids may begin to 
decompose before this temperature-pressure point is found.  Shariati et al. [22] report 
that systems with [BMIm][PF6] and CO2 (or trifluoromethane) have a type III phase 
behavior, however, this has been questioned by Shiflett and Yokozeki [2].  The vapor 
liquid, vapor- liquid-liquid, liquid-liquid equilibrium of CO2 and [Tf2N] ionic liquids 
will be presented in Chapter 5.   
Type III systems (Figure 4.16) have two distinct critical lines: one critical curve 
connect between pure component critical point of the more volatile component, and a 
critical end point on the end of a vapor-liquid-liquid line.  The other critical line starts 
from the pure component with high critical temperature and extends to high pressure, 
technically infinite pressure.  This line may have a variety shapes depending on the 
interactions of the components, as shown in Figure 4.15.  For case 1, the mixture 
critical curve extends to temperatures lower than pure component critical point.  It 
also shows one pressure maximum and one pressure minimum.  For case 2, the 
mixture critical curve shows one pressure extreme and temperature minimum.  For 
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case 3, it has a negative slope of (dP/dT)c at the critical point of component having 
higher critical temperature.  For case 4, it only has a temperature minimum.  For case 
5, it has a positive slope of (dP/dT)c at the critical point of less volatile component.    
 
To better understand and explain the type III phase behavior, case 2 is taken as an 
example.  Here, four isothermal intersections are chosen for different scenarios, as 
shown in Figure 4.16.   For case b, the temperature (T1) is lower than critical 
temperature of more volatile component. At lower pressure, only vapor phase exists.  
When pressure is increased, the system intercrosses the dew point line, and then 
vapor liquid equilibrium exists.  LLV three - phase line is reached.  When pressure 
continues to increase, the system may go to liquid-liquid envelop based on the 
 
Figure 4.15 Diagram of type III Phase behavior with different shape of critical 
curve. [20] 
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composition x1, if x1 is less than x’, LLE exists, and then it diverges at high pressure, 
otherwise, VLE exists, until it cross the vapor pressure line of more volatile 
component. 
Temkin [23] proposed two simple criteria to predict “gas-gas” immiscibility 
for case b based on the relative magnitude of the van der Waals equation of state 
parameters.  In terms of the critical volume (Vc) and critical temperature (Tc) of the 
components, the criteria are: 
cc VV 21 42.0≥  (4.1)  
cccc VTVT 2211 052.0<  (4.2)  
where component 2 is the component having the higher critical temperature. 
For case c, the temperature (T2) is increased.  The phenomenon is similar to 
case b except the system reaches a mixture critical point at higher pressures for the 
region with a large amount of the more volatile component.   
For case d, the temperature (T3) is raised to higher than UCEP.  The VLE exists 
when the pressure is increased due to no intersections with mixture critical curve. 
For case e, the temperature (T4) is increased but lower than critical temperature of 
less volatile component.  With increasing pressure, vapor-liquid envelope ends up at 
one critical point when it first intercrosses the mixture critical curve.  However, when 
pressure is higher than mixture critical pressure, the system splits into two phases.  At 
higher pressure, the system reaches the other mixture critical point at minimum 





Figure 4.16 P-T and P-x diagrams of Type III Phase behavior. [20]  
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4.5 Global Phase Behavior Modeling 
The global phase behavior can be calculated using equation of state models and 
mixing rules.  A software package, GPEC facilitates these predictions.  GPEC was 
developed by the group of process thermodynamics (GTP) of Planta Piloto de 
Ingeniería Química (PLAPIQUI) / Universidad Nacional del Sur (UNS).  GPEC 
allows phase diagrams and other thermodynamic plots to be computed for binary 
systems with different equations of state.  The diagrams you can calculate with GPEC 
are: global phase equilibrium diagrams in different projections, P-x-y diagrams for 
constant temperature and T-x-y diagrams for constant pressure.  In the present version 
of GPEC, there are six different equations of state available to use: Soave-Redlich-
Kwong EOS, Peng-Robinson EOS, RK-PR EOS, Simplified Perturbed Hard Chain 
Theory EOS, Perturbed Chain Statistical Associating Fluid Theory, and Group 
Contribution EOS.  
For a given binary system, a global phase equilibrium diagram is a collection of 
critical lines, pure compound vapor pressure lines, vapor liquid liquid equilibrium 
lines, and in some cases also LLV and/or azeotropic lines in the P-T-x-ρ space.  All 
these lines can be calculated by GPEC [24] with the computational strategy and 
methods proposed by Cismondi et al. [25]. 
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4.5.1 [HMIm][Tf2N] and CO2 
The global phase behavior of [HMIm][Tf2N] and CO2 are given in Figure 4.17.  
Peng-Robinson EOS with van der Waals-2 mixing rule (PR-vdW2 EoS) was chosen 
here to calculate the phase diagram.  The binary interaction parameters were obtained 
by correlating VLE data from Chapter 5 at 25°C, k12 used here was 0.0579, l12 used 
here was 0.0826.  The details for VLE calculation are given in Chapter 5.  The 
predicted global phase behavior indicates that [HMIm][Tf2N] and CO2 binary system 
belongs to type III system.  The UCEP calculated here is 31.07 ºC and 73.84 bar, 
which is very close to the critical points of pure CO2 as 31.1 ºC and 73.8 bar.  The 
VLLE line is almost overlapping with the vapor pressure line of CO2.  The mixture 
critical curve starts from pure ionic liquid critical point, passes through a pressure 
 
Figure 4.17 Global phase behavior of [HMIm][Tf2N] and CO2  
calculated with GPEC. 
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maximum and a minimum, runs to the direction of CO2 critical point, and finally goes 
to very high pressure.  Ethane + methanol [26] shows similar phase behavior, which 
has a pressure maximum and minimum on its critical curve going to infinite pressure. 
  
  
4.5.2 [HMIm][Tf2N] and R-134a  
The global phase behavior of [HMIm][Tf2N] and R-134a were predicted and are 
shown in Figure 4.18.  Similarly PR-vdW2 EOS was chosen with the binary 
interaction parameters correlated to VLE data at 75°C.  k12 is -0.0224, l12 is 0.0057.  It 
verifies that [HMIm][Tf2N] and R-134a binary system belongs to Type V system, 
which is consistent with experimental data. Compared with the measured LCEP as 
62.6 °C and 19.0 bar, the calculated LCEP is 68.5 °C and 20.25 bar, where the 
temperature is about 9.4% higher and pressure is about 6.6% higher.  UCEP was 
 
Figure 4.18 Global phase behavior of [HMIm][Tf2N] and R-134a  calculated 
with GPEC. 
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predicted very well.  UCEP is 101.3 ºC and 40.7 bar, which is 0.3% higher than 
experimental temperature and 0.5% higher than that of pressure.  The VLLE line is 
overlapping with the vapor pressure line of R-134a, which is consistent with 
experimental data.  The comparison between experimental and calculated data is 
given in Table 4.5.  The PR-vdW2 EoS model under-predicts of mixture critical 
points due to the limitation of EoS that will be discussed in Chapter 5. 
 
Table 4.5 Mixture critical points of [HMIm][Tf2N] mixture with R-134a 
Mixture critical points 
System 









75.0 43.2 75.5 41.0 




101 123.5 100.8 112.6 
 
4.6 Conclusions 
The global phase behavior and equilibrium of ionic liquids and compressed gases 
were investigated and discussed in this Chapter.  For refrigerant gas, R-134a, 
experiment data of [EMIm][Tf2N], [HMIm][Tf2N], [HMIm][PF6], [HMIm][BF4], and 
[BMIm][PF6] were measured.  Regions of multiphase equilibria exist, viz. VLE, LLE, 
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and VLLE.  This phase behavior indicates that this is a Type V system according to 
the classification of Scott and van Konynenburg.  The LCEP temperature increases 
and the mixture critical pressures decrease with increasing the alkyl group on the 
cation.  The anion has a more pronounced effect on LCEP temperature and mixture 
critical pressure: the LCEP temperature increases and the mixture critical pressures 
decrease in the order of [BF4], [PF6], and [Tf2N].  The global phase behavior and 
equilibria of [EMim][Tf2N] with the refrigerant gas, R-134a were modeled with a 
modified RK cubic EoS.  The cubic EoS using parameters regressed at the low 
pressure VLE data was able to predict the higher pressure VLE, VLLE and the LCEP.  
However, the model under predicts the high pressure mixture critical points.  The 
global phase behavior of [HMIm][Br] and R-134a, [HMIm][Br], [HMIm][Tf2N] and 
R-134a mixture were also measured, which shows Type III phase behavior.  The 
phase behavior of CO2 and ionic liquids are also discussed here, the phase behavior 
indicates Type III system.  GPEC was chosen to calculate the global phase behavior 
and predict the right type phase behavior.  These data will allow the proper design of 
various processes that utilize ionic liquids with compressed gases.   
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Chapter 5 Phase Equilibria of Imidazolium Ionic Liquids and Compressed 
gases:  Refrigerant Gas, 1,1,1,2-Tetrafluoroethane (R-134a) and carbon dioxide  
5.1 Introduction 
Ionic liquids (ILs) and compressed gases including hydrofluorocarbon gases and 
carbon dioxide have gained increasing attention in absorption refrigerant processes, 
extractions, reactions, materials process, etc.  Detailed phase equilibria and modeling 
on these systems are highly needed for the process design and further development.  
Chapter 4 reports the global phase behavior of ionic liquid and compressed gases.  
This chapter presents the phase equilibrium of the binary system.  For the 
hydrofluorocarbon refrigerant gas, 1,1,1,2-tetrafluorethane (R-134a), the vapor-liquid 
equilibrium, vapor-liquid-liquid equilibrium, liquid-liquid equilibrium, and mixture 
critical points with imidazolium ionic liquids were measured at temperatures of 25°C, 
50°C, 75°C and pressure up to 143 bar.  For CO2 and n-alkyl-3-methyl-imidazolium 
bis(trifluoromethylsulfonyl)amide ionic liquids, the vapor-liquid equilibrium, vapor-
liquid-liquid equilibrium and liquid-liquid equilibrium were also measured at 
temperatures of 25°C, 50°C, 70°C and pressure up to 250 bar.  The effects of the 
anion and cation on the solubility were investigated with the anion having the greatest 
impact.  The volume expansion and molar volume were also measured for R-134a, 
CO2 and the ILs simultaneously.  The Peng-Robinson Equation of State with van der 
Waals 2-parameter mixing rule with estimated IL critical points was chosen to model 
and correlate the experimental data.   
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5.2 Literature Survey: Phase Equilibrium of Imidazolium Ionic Liquids and 
Refrigerant Gases 
There are only a few groups who have studied phase equilibria data for ionic 
liquids and refrigerant gases.  Shiflett, Yokozeki and coworkers [2-14] have reported 
the majority of known low-pressure equilibria data.  They investigated the solubility 
of a series of hydrofluocarbons (HFCs) in ionic liquids. In [BMIm][PF6] , 
difluoromethane (R32) shows highest solubility and HFCs solubility follows an order 
as difluoromethane(R32) > 1,1-difluoroethane (R152a) > trifluoromethane(R23) > 
1,1,1,2-tetrafluoroethane(R134a) > pentafluoroethane(R125) > 1,1,1-
trifluoroethane(R143a).  It is found that the trend in solubility does not correlate with 
the HFCs dipole moment as expected; however, the unique H-bonding capability (H- 
F- H) of HFCs is believed to be involved.  
They also investigated the solubility and diffusivity of R-32 in 19 room 
temperature ionic liquids in order to gain further insight into these molecular 
interactions.  A comparison between five sulfonate anions with a common [BMIm] 
cation reveals that the decreasing order is 1,1,2,3,3,3-hexafluoropropanesulfonate 
[HFPS] > 1,1,2-trifluoro-2-(perfluoroethoxy)ethanesulfonate [TPES] > 1,1,2-
trifluoro-2-(trifluoromethoxy)-ethanesulfonate [TTES] > 2-(1,2,2,2-
tetrafluoroethoxy)-1,1,2,2-tetrafluoroethanesulfonate  [FS] > 1,1,2,2-
tetrafluoroethanesulfonate [TFES].  For [TFES] anion ionic liquids, the order of 
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attraction between R-32 and the cations was [HMIm] > [DMIm] > [BMIm] > [EMIm].  
R-32 has higher solubility with fluorinated anions than nonfluorinated anions. 
Shiflett and Yokozeki [6] reported the solubilities of three classes of 
halocarbons, chlorofluorocarbons (CFCs), hydrochlorofluorocarbons (HCFCs), and 
hydrofluorocarbons (HFCs). In room temperature ionic liquid of [EMIm][Tf2N], 
solubilities of five isomer pairs have been studied: 1,1,2-trichloro-1,2,2-
trifluoroethane (CFC-113) and 1,1,1-trichloro-2,2,2-trifluoroethane(CFC-113a); 1,2-
dichloro-1,1,2,2-tetrafluoroethane(CFC-114) and 1,1-dichloro-1,2,2,2-
Tetrafluoroethane (CFC-114a); 1,1-dichloro-2,2,2-trifluoroethane (HCFC-123) and 
1,2-dichloro-1,2,2-trifluoroethane (HCFC-123a); 1-chloro-1,2,2,2-
tetrafluoroethane(HCFC-124) and 1,2,2,2-tetrafluoroethane (HCFC-124a); 1,1,2,2-
tetrafluoroethane (HFC-134) and 1,2,2,2-tetrafluoroethane (HFC-134a). The 
hydrogen substitution (Cl →H) significantly increased the solubility in 
[EMIm][Tf2N]: for CFCs to HCFCs, CFC-113(CFCl2-CF2Cl) → HCFC-123a 
(CHClF-CF2Cl), CFC-113a(CCl3-CF3) → HCFC-123 (CHCl2-CF3), CFC-114 
(CF2Cl-CF2Cl) → HCFC-124a (CHF2-CF2Cl), CFC-114a (CFCl2-CF3) → HCFC-124 
(CHFCl-CF3), and for HCFCs to HFCs, HCFC-124a (CHF2-CF2Cl) → HFC-134 
(CHF2-CHF2), HCFC-124 (CHFCl-CF3) → HFC-134a (CH2F-CF3). Hydrogen 
substitution effect was also found in [BMIm][PF6]. The hydrogen-substitution for 
perhalogenated methane (CFCl3 → CHCl3) and ethane (CFCl2 → CF2Cl → CHCl2-
CF3) increases the solubility significantly in [BMIm][PF6].  
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Ammonia solubilities in four RTILs [16] were investigated: 1-Butyl-3-
methylimidazolium hexafluorophosphate ([BMIm][PF6]), 1-Hexyl-3-
methylimidazolium chloride ([HMIm][Cl]), 1-Ethyl-3-methylimidazolium 
bis(trifluoromethylsulfonyl)amide ([EMIm][Tf2N]), and 1-Butyl-3-
methylimidazolium tetrafluoroborate ([BMIm][BF4]).  Amazingly high solubilities of 
ammonia in these RTILs have been observed and almost comparable to the case of 
ammonia-water mixtures, which is high due to reversible chemical reaction. 
For R-134a, Shiflett and Yokozeki [2] measured and modeled the solubility and 
diffusivity in seven RTILs at the low-pressure (<3.5 bar).  R-134a solubility follows 
the order as: [BMIm][TPES] > [BMIm][TTES] 1-Ethyl-3-methylimidazolium 
bis(pentafluoroethylsulfony)amide([EMIM][BEI]) > [4,4,4,14-P][TPES] > 1,1,2-
trifluoro-2-(perfluoroethoxy)ethanesilfonate([6,6,6,14-P][TPES]) > 1-Butyl-3-methy-
limidazolium hexafluorophophate([BMIm][PF6]) > [BMIm][HFPS].  The preliminary 
molecular simulations indicate that H-bonding (H-F) between anion, cation and R-
134a contributes to attractions and results in high solubility. 
Shiflett and Yokozeki also measured vapor-liquid-liquid equilibria (VLLE) of 
seven hydrofluorocarbons (including R-134a) with 1-butyl-3-methylimidazolium 
hexafluorophosphate ([BMIm][PF6]) [2-3].  Using a modified Redlich-Kwong 
equation of state, Shiflett and Yokozeki [6] modeled the low-pressure vapor-liquid 
equilibrium of R-134a and [EMIm][Tf2N].   They used the regressed parameters from 
the low-pressure data and predicted that this system was a Type V of Scott-van 
Konynenburg (see Chapter 4).  In Chapter 4, we have also measured the high-
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pressure phase behavior and equilibria of this system and have confirmed the Type V 
behavior [3, 17-18].  Shariati and Peters measured the high-pressure phase behavior 
of fluoroform (trifluoromethane (CHF3)) in [EMIm][PF6] and [BMIm][PF6] [19].  
Kim et al. [20] have studied the refractive index, heat capacity, and vapor pressure of 
mixtures of [BMIm][BF4] and [BMIm][Br] with 2,2,2-trifloroethanol (TFE) and 
water [21].  To model these ionic liquid-hydrofluorocarbon gas systems, both activity 
coefficient models and equation of state models have been reported. Shiflett and 
Yokozeki used the Non Randon Two Liquid (NRTL) solution model [2], and 
Redlich-Kwong EoS model [4] to correlate the phase  equilibrium data. Karakatsani, 
et al. [22] and Kroon et al. [23] applied a model, called tPc-PSAFT to predict the 
solubility of gases in ILs.  
Kumelan et .al. measured the solubility of tetrafluoromethane (R14) in 
[HMIm][Tf2N] and correlated the data with extended Henry’s Law [24].   Shiflett and 
Yokozeki [25] measured the LLE in the mixture of five hydrofluoroethers and 
[EMIm][Tf2N], and LLE were well correlated by using NRTL model.  All binary 
systems show large immiscibility gaps.  [EMIm][Tf2N] is more soluble in 
hydrofluoroether (HFE) with lower boiling point.  The excess molar volumes of the 
mixture are small and similar to ordinary binary mixtures, which are opposite to the 
mixtures of hydroflurocarbons and ionic liquids.  The VLE and VLLE between 
hydrofluorocarbons (pentafluoroethane: HFC-125 and 1,1,1-trifluoroethane: HFC-
143a) and hydrofluoroethers  (trifluoromethane: HFE-125 and trifluoromethoxy 
methane: HFE-143a) in [EMIm][Tf2N] were measured, compared and correlated with 
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NRTL model [12].  They all exhibit partial miscibility, the immiscibility gap of HFC-
125 binary system is smaller than that of HFE-125 system, while HFC-143a binary 
system is larger than  that of HFE-143a system.  Compared with [BMIm][PF6], HFC-
125 is more soluble in [EMIm][Tf2N].  The solubility of threo- and erythro-
diastereomers of HFC-4310mee, including their deuterated isomers, with 
[BMIm][PF6],  [BMIm][BF4] and [BMIm][BF4] were reported [13] and all system 
exhibited liquid-liquid separations.  The threo-isomers are more miscible than the 
erythro-isomers in the studied ILs The deuterated threo-isomer systems show slightly 
better solubility than the nondeuterated system.  
 Shiflett, Yokozeki and coworkers [10-11, 17] measured liquid-liquid 
equilibrium of halogenrated benzene, fluorinated benzenes, and substituted benzenes 
in [EMIm][Tf2N] and correlated by NRTL model.  The fluorinated benzenes having a 
larger dipole moments (1,2-difluorobenzene 2.4 D, 1,2,3,4-tetrafluorobenzene 2.4 D, 
and 1,2,3-trifluorobenzene 2.8 D) were completely miscible over the temperature 
range studied (283 to 413 K), while the other fluorinated benzenes with a dipole 
moment of 1.4 D (1,2,4-trifluorobenzene, fluorobenzene, 1,3- difluorobenzene, 
pentafluorobenzene, and 1,2,3,5-tetrafluorobenzene) and 0 D (1,4-difluorobenzene, 
benzene, 1,2,4,5-tetrafluorobenzene, hexafluorobenzene, and 1,3,5-trifluorobenzene) 
were only partially miscible in [EMIm][Tf2N].  A trend between the dipole moment 
and the miscibility was discovered, but other intermolecular interactions (higher-order 
moments, π-electron effects, and hydrogen bonding) are also believed to play a role in 
controlling the degree of miscibility.  The binary mixtures with the largest 
 166
immiscibility gaps (1,3,5-trifluorobenzene, 1,2,3,5-tetrafluorobenzene, and 
pentafluorobenzene) show the largest negative excess molar volumes.  For binary 
systems of halgogenranted benzene and IL, a general trend between the molecular 
size of the solute and the immiscibility gap was discovered.  As the solute molecular 
size increases (fluorobenzene < chlorobenzene < bromobenzene < iodobenzene), less 
of the solute can exist in these cavities, resulting in a larger immiscibility region.  
There is no trend between the dipole moment and the miscibility was discovered, 
other intermolecular interactions may play a role.  For substituted benzenes system, 
the immiscibility gap decreases as the polarity increased and the molecular size 
decreased.  The nonalkyl-substituted benzenes containing functional groups (-NH2, -
NO2, -OH, and -CHO) were completely soluble in [EMIm][Tf2N] from 20 ºC to 100 
ºC . 
Shiflett and Yokozeki [9] measured the solubility of benzene + [EMIm][Tf2N], 
and hexafluorobenzene  +  [EMIm][Tf2N] systems at 10 ºC, 25 ºC  and 45 ºC.  Both 
binary systems show immiscibility gaps with concentration ranges from about 77 to 
100 mol % for benzene and from about 66 to 100 mol % for hexafluorobenzene, 
respectively.  Ternary phase diagrams for the present three components were 
constructed using the binary interaction parameters correlated by Redlich-Kwong 
cubic equation equation-of-state (EOS) model.    
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5.3 Results and Discussions 
The ionic liquids include 1-Ethyl-3-methyl-imidazolium 
bis(trifluoromethylsulfonyl)amide ([EMIm][Tf2N]), 1-Hexyl-3-methyl-imidazolium 
bis(trifluoromethylsulfonyl)amide ([HMIm][Tf2N]), 1-Hexyl-3-methyl-imidazolium 
hexafluorophosphate ([HMIm][PF6]), and 1-Hexyl-3-methyl-imidazolium 
tetrafluoroborate ([HMIm][BF4]).  The structures are given in Figure 5.1.  The details 
of ionic liquid synthesis procedure and analysis results are given in Chapter 2. 
 
The VLE, VLLE and mixture critical points of 1,1,1,2-tetrafluoroethane (R-
134a) and the ILs, [EMIm][Tf2N], [HMIm][Tf2N], [HMIm][BF4], and [HMIm][PF6] 
were measured at 25°C, 50°C, and 75°C and pressures  up to 143 bar.  In addition, the 
volume expansion and the liquid molar volume were measured for each IL at each 
isotherm.  A quantitative model of the high-pressure phase behavior and equilibria 
data is essential to design IL/refrigerant applications.  The phase behavior determines 
the conditions (temperature and pressure) of the transitions in equilibria, i.e., whether 
 
  
Figure 5.2 Ionic liquid cations (a), anions (b) and the refrigerant gas (c): 1,1,1,2-
tetrafluoroethane (R-134a). 
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they are VLE, LLE, etc.  Phase equilibria data quantify the solubility of each 
component in each phase.  The experimental data of IL/R-134a data were correlated 
by the Peng-Robinson EoS with van der Waals 2-parameter mixing rule (PR-vdW2) 
to predict the VLE, VLLE, and mixture critical points. The details are given in 
Chapter 3.  Predicted critical point properties of the ILs used in model are given in 
Table 5.1. Since the ILs will decompose at high temperature, the physical critical 
points can not be obtained experimentally.  The physical properties of ILs used here 
are calculated from group contribution methods[26-27].  The property data of R-134a 
are from the PE2000 database [28]. 










[EMIm][Tf2N] C8H11N3F6S2O4 391.30 1244.9 32.6 0.1818 
[HMIm][Tf2N] C12H19N3F6S2O4 447.41 1287.3 23.9 0.3539 
[HMIm][BF4] C10H19N2BF4 254.08 679.1 17.9 0.9258 
[HMIm][PF6] C10H19N2PF6 312.24 754.3 15.5 0.8352 
R-134a C2H2F4 102.03 374.3 40.6 0.3268 
Note: ILs data from the literature [26]; The property data of R-134a from the PE2000 database [28].   
5.3.1 Phase equilibria of [HMIm][Tf2N]/R-134a 
Chapter 4 presents the global phase behavior (pressure-temperature projection)  of 
binary mixtures of R-134a and [EMIm][Tf2N], [HMIm][Tf2N], [BMIm][PF6], 
[HMIm][PF6], and [HMIm][BF4] between approximately 0°C to 105ºC and pressures 
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to 330 bar [18-19].  In all cases, the phase behavior is classified with reasonable 
certainty as Type V according to the classification of Scott and van Konynenburg 
[29].  This single phase behavior is quite unique for hydrofluorocarbon refrigerant 
gases and ionic liquids, as most compressed gases (CO2, CO, etc.) have no reported 
miscibility with ILs [30-33].  
 
Figure 5.2 illustrates the global phase behavior of [HMIm][Tf2N] and R-134a.  
As shown, there are the regions of 1-, 2-, and 3-phase equilibrium.  At lower 
temperatures, such as 25 °C and 50 °C below the LCEP at approximately 62.6 ºC, 
vapor-liquid equilibrium exists with complete liquid miscibility above the vapor 
pressure of R-134a.  Vapor-liquid-liquid (VLLE) equilibrium exists between the 
T [°C]
































T = 25 °C T = 50 °C T = 75 °C
 
Figure 5.2 Smoothed experimental global phase behavior for [HMI m][Tf2N] and 
R-134a adapted from data and vapor pressure of R-134a by Lemmon et al. [36] . 
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lower and upper critical endpoints (LCEP and UCEP) and pressure of this 3-phase 
equilibrium is nearly equal to the vapor pressure of pure R-134a.  The UCEP is equal 
within experimental accuracy to the critical point of pure R-134a.  At temperatures 
above the LCEP, but below the UCEP, for instance, at 75°C, four different equilibria 
are possible depending on the pressure.  VLE exists at the lowest pressures and VLLE 
exists near or at the pure R-134a vapor pressure.  At pressures above VLLE, liquid-
liquid (LLE) equilibria exist until the mixture critical point, beyond which the system 
becomes critical/miscible. The global phase behavior study helps to determine the 
physical conditions or limitations for any potential application of ILs with 
compressed refrigerant gases.   
The phase equilibria for [HMIm][Tf2N]/R-134a at the three isotherms are plotted 
in Figure 5.3. The experimental data are given in Table 5.2.  As expected, the R-134a 
solubility increases with pressure and decreases with temperature.  As shown from 
the global phase behavior in Figure 5.2, the lower-critical endpoint is at 
approximately 62°C. Thus, VLE will exist for the system at 25°C and 50°C until the 
vapor pressure of R-134a where the mixture becomes completely miscible.  However, 
for 75°C, there are regions of VLE, VLLE, and LLE until the mixture critical point is 
reached where the mixture becomes miscible/critical.  The experimental mixture 
critical point of 75°C is at 43.2 bar and 96% mole fraction R-134a.  This indicates 
that 4% of the IL is soluble in the compressed gas.  This phenomenon is largely 
different from all other reported studies with compressed gases and ionic liquids, 
where the IL is usually insoluble in the vapor phase.  
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Table 5.2 Vapor liquid equilibrium experimental data and mixture critical points of 
R-134a and [HMIm][Tf2N] 
T [º C] P [bar] xR-134a ∆V/V0   a VL [cm3/mol] 
[HMIm][Tf2N] 
0.42 0.0247±0.0019 0.0007±0.0006 335.48±0.14 
0.75 0.0761±0.0017 0.0085±0.0006 320.28±0.13 
1.17 0.1442±0.0015 0.0273±0.0006 302.21±0.12 
1.81 0.2360±0.0012 0.0569±0.0006 277.58±0.11 
2.51 0.3416±0.0009 0.1060±0.0006 250.29±0.09 
3.46 0.4609±0.0006 0.1812±0.0006 218.88±0.08 
4.02 0.5264±0.0005 0.2414±0.0007 202.09±0.07 
4.55 0.5893±0.0004 0.3219±0.0007 186.60±0.06 
5.23 0.6724±0.0002 0.4668±0.0007 165.19±0.05 
25 
5.86 0.7578±0.0001 0.7304±0.0008 144.08±0.03 
0.53 0.0282±0.0014 0.0015±0.0005 336.77±0.12 
1.04 0.0652±0.0013 0.0093±0.0005 326.46±0.12 
1.55 0.1100±0.0012 0.0194±0.0005 313.96±0.11 
2.13 0.1604±0.0011 0.0346±0.0005 300.56±0.11 
2.86 0.2123±0.0010 0.0537±0.0005 287.21±0.10 
3.92 0.2860±0.0008 0.0839±0.0005 267.80±0.09 
5.06 0.3577±0.0007 0.1225±0.0006 249.48±0.08 
6.12 0.4223±0.0006 0.1649±0.0006 232.85±0.07 
7.48 0.5019±0.0005 0.2329±0.0006 212.50±0.06 
8.66 0.5702±0.0004 0.3109±0.0006 194.98±0.06 
9.72 0.6267±0.0003 0.3981±0.0006 180.57±0.05 
50 
10.62 0.6807±0.0003 0.5119±0.0007 167.04±0.04 
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11.43 0.7334±0.0002 0.6685±0.0007 153.94±0.03 
11.92 0.7642±0.0002 0.7894±0.0008 146.01±0.03 
5.02 0.2429±0.0044 0.050±0.002 293.7±0.3 
8.74 0.3916±0.0033 0.113±0.002 250.1±0.2 
12.11 0.5145±0.0025 0.189±0.002 213.3±0.2 
15.59 0.6205±0.0019 0.310±0.002 183.7±0.2 
18.78 0.7157±0.0013 0.498±0.002 157.3±0.1 
22.92vll 0.9107±0.0010   
75 
43.2cp 0.9600±0.0010   












Δ ;  
cp= mixture critical point;   
vll= vapor-liquid-liquid equilibrium points for the IL-rich phase. 
 
 Table 5.3 The parameters and results of EoS modeling 
Interaction Parameters 




Points k12 l12 
AARD% 
25 10 0.0062 0.0025 6.75 
50 14 0.0029 0.0070 3.37 [HMIm][Tf2N] 
75 5 -0.0224 0.0057 0.39 
25 5 0.0631 -0.0037 5.30 
50 7 0.0894 0.0155 5.36 [HMIm][BF4] 
75 5 0.0972 0.0280 1.90 
25 6 0.0218 -0.0040 2.74 
50 10 0.0875 0.0154 5.97 [HMIm][PF6] 




The experimental data of [HMIm][Tf2N]/R-134a were correlated by the PR-
vdW2 model. For the model details, refer to Chapter 3. The binary interaction 
parameters with deviations between the predicted and experimental data are listed in 
Table 5.3.  As shown in Figure 5.3 and Table 5.3, a good agreement is observed 
between the model and the experimental data. The VLE data at 25°C and 50°C are 
well correlated throughout the pressure-composition range.  At 75°C, the model 
predicts VLLE at 23.5 bar with compositions of 90.6% mole R-134a in the IL-rich 
xR134a












Figure 5.3 Experimental Vapor liquid Equilibrium data and modeling results for 
[HMIm][Tf2N] and R-134a. Legend: ●:25°C; ■:50°C ▲:75°C Inverted open 
triangle: experimental VLLE point; diamond: experimental critical points at 75°C;   
all points at a mole fraction of 1 are the vapor pressure of R-134a by Lemmon et al. 
[36]  Solid lines are modeling VLE and LLE. VLE, dash line is VLLE.   
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phase, 0.9% mole of the IL in the R-134a-rich phase and 2 ×10-8 mole fraction in the 
vapor phase.  Only the composition in the IL-rich phase was measured here and the 
predicted pressure is 2.7% higher than the experiment and the mole fraction 
composition prediction is 0.5% lower. However, the model prediction of the mixture 
critical point is approximately 3.5 bar lower than the experimental pressure and a 
difference of 1% mole.  It should be noted that the interaction parameters were 
regressed solely to the VLE data and did not include the mixture critical point.  The 
poor prediction of mixture critical points by cubic EoS models with parameters 
regressed from VLE data has also been reported [26, 34]. 
 
The molar volume data of [HMIm][Tf2N] and R-134a are listed in Table 5.3. 
As shown in Figure 5.4, the liquid mixture molar volume decreases linearly with R-
134a pressure due to the increased solubility of R-134a.  The slope of liquid molar 
P [bar]




















Figure 5.4 Experimental molar volume data for [HMIm][Tf2N] and R-134a. Legend: 
●:25°C; ■:50°C ▲:75°C.   
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volume with pressure increases when temperature decreases. The inverse of molar 
volume is the molar density. That means the molar density increases with R-134a 
solubility. Figure 5.5 indicates that the molar volume of liquid mixture is independent 
of temperature and decreases linearly with mole fraction of R-134a. This trend is 
similar to ionic liquid and hydrofluorocarbons demonstrated by Shiflett and Yokozeki 
[2]. The volume expansion data of [HMIm][Tf2N] and R-134a are listed in Table 5.3 
and shown in Figure 5.6. The volume of liquid mixture is expanded with the pressure 
at all three isotherms. At the same pressure, volume is expanded more at lower 
























Figure 5.5 Experimental molar volume data for [HMIm][Tf2N] and R-134a. 
Legend: ●:25°C; ■:50°C ▲:75°C.   
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5.3.2 Phase equilibria of [EMIm][Tf2N]/R-134a 
Figure 5.7 shows the phase equilibrium data of [EMIm][Tf2N] and R-134a at 
25°C, 50°C, and 75°C, and the experimental data are listed in Table 5.4.  Shiflett and 
Yokezeki [6] studied the vapor-liquid equilibrium of [EMIm][Tf2N] and R-134a at 
10°C, 25°C, 50°C, and 75°C, but only until approximately 3.5 bar due to 
experimental limitations.  Here, the high-pressure VLE data at 25°C, 50°C, and 75°C 
has been extended to just below the vapor pressure of the pure R-134a or the pressure 
of VLLE.  As shown in the Figure 5.7, the data from this work matches Shiflett and 
Yokezeki’s data very well.  The higher pressure data smoothly continue to just below 
the pure R-134a vapor pressure or VLLE. 
P [bar]












Figure 5.6 Experimental volume expansion data for [HMIm][Tf2N] and R-134a. 
Legend: ●:25°C; ■:50°C ▲:75°C.   
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Here, we have correlated the experimental data with the PR-vdW2 model. Only 
VLE data is used to regress the binary interaction parameters.  The binary interaction 
parameters and modeling results of [EMIm][Tf2N] and R-134a are given in Table 5.5. 
The VLE data is correlated very well. The modeling result line goes through all of 
experimental data points. AARD% decreases with temperature.  The k12 and l12 
decrease with temperature. The modeling results show that the model predicts VLE 
very well. However, significant differences are observed for the VLLE composition 
and mixture critical pressure and composition. For VLLE at 75°C, only the mole 
fraction of R-134a in ionic liquid rich phase was measured. The experimental 
pressure is 22.91 bar and 88.04% mole fraction of R-134a in ionic liquid rich phase. 
The model predicted as 22.36 bar and 83.09% mole fraction, which is 0.45 bar 
(1.98%) higher on pressure and 5.61% lower on  R-134a mole fraction than 
experimental data.  The model also predicted 1.7% mole of the IL in the R-134a-rich 
phase and 2 ×10-7 mole fraction in the vapor phase.  Only the composition in the IL-
rich phase was measured here. Shiflett and Yokozeki [6] measured the VLLE of a 
similar system R-134a and [EMIm][Tf2N] at 76°C and determined that the 
composition of the IL in R-134a-rich liquid phase was very low (<0.5%mole). At the 
mixture critical point, the prediction of the pressure is 44.4 bar lower and the mole 



















Figure 5.8 Experimental Vapor liquid Equilibrium data and modeling results for 
[EMIm][Tf2N] and R-134a. Legend: ●:25°C; ■:50°C ▲:75°C Inverted open 
triangle: experimental VLLE point; diamond: experimental critical points at 75°C;   
all points at mole fraction of 1 are vapor pressure of R-134a by Lemmon et al. [38]  
xR-134a
















Figure 5.7  Vapor-liquid equilibrium data for [EMIm][Tf2N] and R-134a.  Closed 
symbols: experimental data in this study; Open symbols are the data of Shiflett and 
Yokezeki [1] for VLE and VLLE respectively.
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Table 5.4 Vapor liquid equilibrium experimental data and mixture critical points of 
R-134a and [EMIm][Tf2N] 
T [º C] P [bar] xR-134a ∆V/V0   a VL[cm3/mol] 
[EMIm][Tf2N] 
0.28 0.0161±0.0020 0.0012±0.0007 266.26±0.14 
0.48 0.0411±0.0019 0.0040±0.0007 260.21±0.13 
0.79 0.0754±0.0018 0.0137±0.0007 253.34±0.13 
1.25 0.1392±0.0016 0.0348±0.0007 240.75±0.12 
1.95 0.2304±0.0013 0.0754±0.0007 223.70±0.11 
2.44 0.2943±0.0011 0.1093±0.0008 211.58±0.10 
2.86 0.3428±0.0009 0.1372±0.0008 201.99±0.09 
3.35 0.3992±0.0008 0.1792±0.0008 191.50±0.08 
3.95 0.4681±0.0006 0.2417±0.0008 178.49±0.07 
4.44 0.5228±0.0005 0.3033±0.0008 168.10±0.07 
4.93 0.5812±0.0004 0.3906±0.0009 157.42±0.06 
5.37 0.6344±0.0004 0.4923±0.0009 147.46±0.05 
5.85 0.7004±0.0003 0.6759±0.0010 135.69±0.04 
6.24 0.7667±0.0002 0.9675±0.0011 124.08±0.03 
25 
6.48 0.8183±0.0001 1.3474±0.0013 115.26±0.02 
0.34 0.0105±0.0012 0.0018±0.0005 267.83±0.10 
1.04 0.0616±0.0011 0.0097±0.0005 256.00±0.10 
1.66 0.1055±0.0010 0.0238±0.0006 247.44±0.09 
2.08 0.1345±0.0010 0.0335±0.0006 241.68±0.09 
2.84 0.1844±0.0009 0.0538±0.0006 232.23±0.09 
3.79 0.2437±0.0008 0.0823±0.0006 221.16±0.08 
4.69 0.2986±0.0007 0.1110±0.0006 210.54±0.07 
50 
5.66 0.3531±0.0006 0.1461±0.0006 200.32±0.07 
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6.67 0.4090±0.0006 0.1930±0.0006 190.47±0.06 
7.86 0.4745±0.0005 0.2597±0.0006 178.85±0.05 
9.01 0.4662±0.0004 0.3350±0.0006 168.16±0.05 
9.95 0.5884±0.0004 0.4253±0.0007 158.50±0.04 
10.89 0.6465±0.0003 0.5532±0.0007 148.35±0.04 
11.74 0.6974±0.0003 0.7022±0.0008 139.18±0.03 
12.40 0.7486±0.0002 0.9161±0.0008 130.16±0.03 
0.51 0.0087±0.0008 0.0027±0.0004 273.83±0.08 
0.82 0.0203±0.0008 0.0038±0.0004 270.95±0.08 
1.33 0.0409±0.0007 0.0082±0.0004 266.43±0.08 
2.04 0.0715±0.0007 0.0185±0.0004 260.61±0.08 
2.79 0.1035±0.0006 0.0290±0.0004 254.29±0.08 
3.64 0.1355±0.0006 0.0411±0.0004 248.15±0.07 
4.48 0.1670±0.0006 0.0540±0.0005 242.11±0.07 
5.26 0.1963±0.0005 0.0671±0.0005 236.54±0.07 
6.34 0.2354±0.0005 0.0829±0.0005 228.44±0.07 
7.63 0.2818±0.0004 0.1101±0.0005 220.03±0.06 
8.96 0.3235±0.0004 0.1350±0.0005 211.68±0.06 
10.26 0.3644±0.0005 0.1634±0.0005 203.65±0.05 
11.46 0.4014±0.0005 0.1963±0.0005 197.06±0.05 
12.68 0.4345±0.0005 0.2300±0.0005 191.28±0.05 
13.99 0.4722±0.0005 0.2679±0.0005 183.92±0.05 
17.57 0.5687±0.0003 0.3962±0.0005 165.64±0.04 
21.60 0.6928±0.0002 0.6374±0.0006 138.58±0.03 
22.91vLL 0.8804±0.0002   
75 
92.29cp 0.9628±0.0001   
a  












Δ ;  
 cp= mixture critical point;  
 vLL= vapor-liquid-liquid equilibrium points for the IL-rich phase. 
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Table 5.5 The parameters and results of EoS modeling 
Interaction Parameters 
ILs + R-134a Temperature [º C] 
Exp. Data 
Points k12 l12 
AARD% 
25 14 0.0201 0.0140 7.41 
50 14 0.0074 0.0089 3.95 [EMIm][Tf2N] 
75 17 -0.0058 0.0054 3.11 
    
 
The molar volume data of [EMIm][Tf2N] and R-134a are listed in Table 5.4. 
Figures 5.9 and 5.10 present the molar volume data of [EMIm][Tf2N] and R-134a 
with pressure and mole fraction. The liquid mixture molar volume decreases linearly 
with R-134a pressure due to the increased solubility of R-134a and it is independent 
of temperature. The slope of liquid molar volume with pressure increases when 
temperature decreases. However, the relation between the molar volume and the mole 
fraction is linear and independent of temperature as shown in Figure 5.6. This trend 
has also been demonstrated by Shiflett and Yokozeki [2] for a given ionic liquid and 
hydrofluorocarbons. The volume expansion data of [EMIm][Tf2N] and R-134a are 
listed in Table 5.4 and shown in Figure 5.11, which shows similar trend as 
























Figure 5.10 Experimental molar volume data for [EMIm][Tf2N] and R-134a. 
Legend: ●:25°C; ■:50°C ▲:75°C.   
P [bar]



















Figure 5.9 Experimental molar volume data for [EMIm][Tf2N] and R-134a. 
Legend: ●:25°C; ■:50°C ▲:75°C.   
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5.3.3 The cation alkyl- length effect on R-134a solubility in imidazolium ILs 
The effect of the length of the cation alkyl- group on the R-134a solubility is 
investigated for the same anion: [Tf2N].  As shown in Figure 5.12, if the alkyl length 
is increased from [EMIm] to [HMIm], the solubility of R-134a is only slightly 
increased.  The hexyl- group increases the dispersion forces of the cation for better 
interaction with R-134a.  Shiflett and Yokozeki [3] measured difluoromethane(R-32) 
solubility in a series ILs, and for the case where the novel [TFES] anion remains the 
same, the order of solubility R-32 and the cations was [HMIm] ~ [DMIm] > [BMIm] 
> [EMIm]. Aki et al. [30] compared the solubility of CO2 in [BMIm][Tf2N], 
P [bar]









Figure 5.11 Experimental volume expansion data for [EMIm][Tf2N] and R-134a. 
Legend: ●:25°C; ■:50°C ▲:75°C.   
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[HMIm][Tf2N], and [OMIm][Tf2N] at 25 °C, 40 °C, and 60 °C. They reported that 
the CO2 solubility in ILs can be increased by increasing alkyl chain length. 
 
 
5.3.4 Phase equilibria of [HMIm][BF4]/R-134a & [HMIm][PF6]/R-134a 
The phase equilibrium data and modeling results for [HMIm][BF4]/R-134a and 
[HMIm][PF6]/R-134a at 25 °C, 50 °C and 75 °C are shown in Table 5.6, Figures 5.13 



















Figure 5.12 Alkyl chain effect of experimental vapor liquid equilibrium data and 
modeling results for [HMIm][Tf2N] /[EMIm][Tf2N] and R-134a at 25°C. Legend: 





Table 5.6 Vapor liquid equilibrium experimental data and mixture critical points of 
R-134a and ILs 
T [º C] P [bar] xR-134a ∆V/V0   a VL  [cm3/mol] 
[HMIm][BF4] 
0.81 0.0438±0.0024 0.0169±0.0009 226.05±0.14 
1.56 0.1305±0.0020 0.0444±0.0009 211.09±0.13 
2.42 0.2236±0.0016 0.0846±0.0010 195.75±0.12 
4.22 0.4156±0.0010 0.2026±0.0010 163.38±0.09 
25 
5.12 0.5222±0.0007 0.3362±0.0011 148.44±0.07 
0.86 0.0308±0.0023 0.0021±0.0009 227.35±0.15 
1.70 0.0761±0.0022 0.0055±0.0009 217.45±0.14 
3.50 0.1768±0.0018 0.0467±0.0010 201.70±0.13 
f5.30 0.2734±0.0015 0.1024±0.0010 187.48±0.11 
7.68 0.3953±0.0012 0.2009±0.0010 169.98±0.09 
10.60 0.5737±0.0007 0.4459±0.0012 144.27±0.07 
12.27 0.7071±0.0003 0.8315±0.0014 125.57±0.05 
12.75vll 0.7766±0.0002   
50 
46.4cp 0.8904±0.0002   
6.12 0.0000±0.0049 0.012±0.002 209.3±0.3 
9.86 0.2006±0.0043 0.062±0.002 188.1±0.3 
13.44 0.3155±0.0036 0.124±0.002 166.0±0.2 
16.62 0.4292±0.0030 0.213±0.002 149.5±0.2 
19.70 0.5235±0.0025 0.333±0.002 136.7±0.1 
23.24 vLL 0.8291±0.0015   
75 
143.30cp 0.9631±0.0003   
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[HMIm][PF6] 
0.81 0.0594±0.0000 0.010±0.001 244.03±0.23 
1.33 0.1242±0.0042 0.023±0.001 230.31±0.22 
2.2 0.2116±0.0037 0.060±0.001 214.82±0.19 
3.04 0.3093±0.0031 0.081±0.001 191.84±0.17 
4.29 0.4529±0.0024 0.179±0.001 165.74±0.13 
25 
5.76 0.6507±0.0016 0.508±0.001 135.42±0.09 
0.89 0.0295±0.0027 0.003±0.001 257.07±0.17 
1.77 0.0739±0.0025 0.009±0.001 246.77±0.16 
3.40 0.1659±0.0021 0.032±0.001 227.48±0.15 
5.12 0.2723±0.0017 0.079±0.001 207.45±0.13 
6.65 0.3544±0.0015 0.115±0.001 190.15±0.11 
8.10 0.4238±0.0013 0.170±0.001 178.12±0.10 
9.21 0.4809±0.0011 0.226±0.001 168.13±0.09 
10.77 0.5856±0.0008 0.370±0.001 150.00±0.07 
11.93 0.6683±0.0005 0.559±0.001 136.66±0.06 
50 
12.83 0.7677±0.0002 0.978±0.001 121.40±0.04 
6.23 0.1997±0.0045 0.005±0.002 238.9±0.3 
10.11 0.3231±0.0038 0.059±0.002 212.8±0.2 
13.48 0.4330±0.0032 0.119±0.002 188.4±0.2 
17.13 0.5437±0.0025 0.210±0.002 164.0±0.2 
20.57 0.6368±0.0020 0.360±0.002 146.6±0.1 
23.22vll 0.8262±0.0012   
75 
128.8cp 0.9572±0.0015   
a  














 cp= mixture critical point;  
 vLL = vapor-liquid-liquid equilibrium points for the IL-rich phase. 
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Table 5.7 The parameters and results of EoS modeling 
Interaction Parameters 
ILs + R-134a Temperature [º C] 
Exp. Data 
Points k12 l12 
AARD% 
25 5 0.0631 -0.0037 5.30 
50 7 0.0894 0.0155 5.36 [HMIm][BF4] 
75 5 0.0972 0.0280 1.90 
25 6 0.0218 -0.0040 2.74 
50 10 0.0875 0.0154 5.97 [HMIm][PF6] 



















Figure 5.13  Experimental vapor liquid equilibrium data and modeling results for 
[HMIm][BF4] and R-134a.  See caption of Figure 5.3 for description of symbols. 
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For [HMIm][BF4], the lower-critical endpoint is at approximately 37.8°C. 
Therefore, VLE exists for the system at 25°C till the vapor pressure of R-134a where 
the mixture becomes completely miscible.  However, the isotherms of 50 °C and 
75°C are above the LCEP and below the UCEP for this system and multiple phases 
can exist, such as VLE, VLLE, LLE, and mixture critical points.  Only the data and 
modeling results at 25° and 75 °C are shown in the plot for clarity. The experimental 
mixture critical point for [HMIm][BF4]/R-134a system at 75°C is at 143.3 bar and 
96.1% mole R-134a.  The critical pressure is about 100 bar higher than that of 
[HMIm][Tf2N].  For [HMIm][PF6], the lower-critical endpoint is at 48.3°C, and the 
isotherms at 50°C and 75°C have regions of multi-phase phenomena.  The 
experimental mixture critical point for [HMIm][PF6]/R-134a  system at 75°C is at 
128.8 bar and 95.7% mole R-134a.   
The binary interaction parameters and modeling results of [HMIm][BF4]/R-
134a and [HMIm][PF6]/R-134a are given in Table 5.7, Figures 5.13 and 5.14. Results 
reveal a good agreement between the model and the vapor-liquid equilibrium data at 
25°C and 75°C for both [HMIm][BF4]/R-134a and [HMIm][PF6]/R-134a.  However, 
the predicted compositions at the VLLE pressure for the IL-rich phase are lower than 
experimental data for both ILs.  For [HMIm][BF4]/R-134a system at 75°C, the model 
predicts the VLLE at 22.4 bar with R-134a compositions of 77.6%, but the 
experimental data is 23.2 bar with compositions of 82.9% mole R-134a.  For 
[HMIm][PF6]/R-134a system at 75°C, the experimental data in IL-rich phase is 23.2 
bar with compositions of 82.6%mole R-134a, while the model prediction is about  
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22.8 bar and 76.6% mole percent of R-134a.  The predicted compositions of the R-
134a-rich liquid phase shows significant and unrealistic quantities of the IL (5+% 
mole of the IL) for both the [HMIm][BF4] and [HMIm][PF6].  The measurement of 
the IL in the R-134a rich liquid phase and the subsequent liquid-liquid equilibrium 
would allow better EoS parameter regression to improve the model performance over 
more pressure-composition regions. 
 
   
Using the parameters regressed from the VLE data, the model under-predicts 
the mixture critical points compared to the experimental data. For the 
[HMIm][BF4]/R-134a system, the experimental data is 143.3 bar and 96.1 % model 
fraction of R-134a, which is about 95.2 bar higher on pressure and 10.5% higher mole 
xR134a














Figure 5.14 Experimental vapor liquid equilibrium data and modeling results for 
[HMIm][PF6] and R-134a. See caption to Figure 5.3 for description of symbols. 
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fraction than predictions. For [HMIm][PF6]/R-134a system, the experimental data of 
the mixture critical pressure is about 44 bar higher and the composition is about 8% 
mole higher due to the limitations of EoS as mentioned previously.  
5.3.5 The anion effect on R-134a solubility, volume expansion and molar volume 
The ionic liquids investigated have the same cation, [HMIm]. Therefore, the 
effects of the anion can be compared for [Tf2N], [BF4], and [PF6].  Figure 5.15 
illustrates the experimental solubility and modeling of each IL at 25°C.  As shown, 
the solubility of R-134a in [HMIm][Tf2N] at a particular pressure is remarkably 
higher than that of [HMIm][PF6] and [HMIm][BF4].  The solubility of R-134a in 
[HMIm][PF6] is slightly higher than that in [HMIm][BF4].  The trend is consistent 
with the measured LCEP temperature of these system which are in the order of  
[Tf2N]>[PF6]>[BF4] [18].  Aki et al. [30] measured the solubility of CO2 in [BMIm] 
cation based imidazolium ILs, the solubility increases in the following order: [NO3] < 
[DCA] < [BF4] ~ [PF6] < [TfO] < [Tf2N] <[methide]. Shiflett and Yokozeki [2] 
measured the solubility of R-32 in [BMIm][PF6] and [BMIm][BF4], and [PF6] shows 
higher solubility than [BF4], which is consistent with this work. This trend seems to 
scale with the diameter of the anion or charge density as larger anions can have more 
disperse negative charge.  Ions with more disperse charge can more readily be 
solvated by some of the polar hydrofluorocarbons, and thus become miscible at lower 
temperatures and pressures.   
The volume expansion and the molar volume of the ionic liquid phase were 
measured for each of the ionic liquids.  Figure 5.16 illustrates the volume expansion 
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for all three ionic liquids at 50°C and is plotted with the mole fraction composition of 
R-134a rather than pressure.   Figure 5.16 demonstrates relatively large volume 
expansion in these systems.  For instance at 50°C and 11.9 bar (~76.4% R-134a), the 
volume expansion of [HMIm][Tf2N] approaches approximately 79% from the initial 
volume with no R-134a dissolved.  This is significantly more than the volume 
expansion experienced at the same concentration of dissolved CO2 and the same 
temperature, which is approximately 35% expansion [35].   At the same composition 
of R-134a, the volume expansion increases in the order of [Tf2N]< [PF6]< [BF4], 
which is the reverse of the solubility at constant pressure. 
 
xR134a






















Figure 5.15 Anion effects of experimental vapor liquid equilibrium data and 
modeling results for [HMIm][Tf2N],[HMIm][BF4],[HMIm][PF6] and R-134a at 


























Figure 5.17 Anion effects of experimental molar volume for [HMIm][Tf2N], 
[HMIm][BF4],[HMIm][PF6] and R-134a at 50°C. Legend: ●:[HMIm][Tf2N]; 
■:[HMIm][BF4];▲: [HMIm][PF6].
xR134a












Figure 5.16 Anion effects of experimental volume expansion for [HMIm][Tf2N], 




Figure 5.17 illustrates the molar volume for all three of the ionic liquids at 50°C 
and again plotted with composition.  The molar volume of the ionic liquids decreases 
almost linearly with increasing concentration of the R-134.  For a given ionic liquid 
with hydrofluorocarbons, Shiflett and Yokozeki [36] have demonstrated that the 
molar volume changes normalized to their pure component molar volume, i.e. (Vm-
V0)/V0, yield nearly the same line with composition for all isotherms.  The molar 
volume accounts for effects of both volume and moles of liquid in the mixture. With 
pressure the solubility of gas in ionic liquids increase, thus the molar volume decrease 
with pressure or mole fraction of gases, which shows different trend with the absolute 
volume difference. Similar results were observed for these results.  For these three 
ionic liquids, the molar volume at the same composition increases in the order of 
[BF4]<[PF6]<[Tf2N].   
5.3.6 Conclusions 
The phase equilibria of 1,1,1,2-tetrafluorethane (R-134a) with [EMIm][Tf2N], 
[HMIm][Tf2N], [HMIm][PF6], and [HMIm][BF4] were measured at 25°C, 50°C, and 
75°C and pressures up to 143 bar.  As these systems are Type V by the classification 
scheme of Scott and van Konynenburg,[29] regions of multiphase equilibria exist at 
the higher temperatures, viz. VLE, LLE, and VLLE.  The anion has a more 
pronounced effect on the solubility of R-134a in the ILs increasing in the order of 
[BF4]<[PF6]<<[Tf2N].  The mixture critical point at 75°C was the lowest in [Tf2N].  
Comparing [HMIm][Tf2N] with [EMIm][Tf2N], the solubility increases slightly with 
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the increase in the length of the alkyl- group on the cation.  Significant volume 
expansion was observed in these systems with R-134a.  The equilibria data were 
correlated using the PR EoS model with the van der Waals 2-parameter mixing rule 
(PR-vdW2) with predicted EoS parameters for the ionic liquids.  The bubble-point 
data demonstrates an excellent agreement with the model.  However, the predicted 
compositions of the VLLE transition to LLE were only satisfactorily predicted for all 
systems using the interaction parameters regressed from the VLE data alone.  The 
mixture critical point pressures systematically under-predicted, although they are 
close to the experimental value of R-134a/[HMIm][Tf2N]. 
 
5.4 High-Pressure Phase Equilibria of Carbon Dioxide (CO2) + n-Alkyl-
Imidazolium Bis(trifluoromethylsulfonyl)amide Ionic Liquids 
The global phase behavior of ILs and CO2 is illustrated in Chapter 4. This 
section describes the vapor-liquid, vapor-liquid-liquid and liquid-liquid equilibrium 
of 1-n-Alkyl-3-methyl-imidazolium bis(trifluoromethylsulfonyl)amide ionic liquids 
with alkyl groups of Ethyl-, n-Hexyl-, and n-Decyl-  (see Figure 5.18) and 
compressed CO2 were measured at 25 °C, 50 °C, 70 °C and pressures up to 250 bar. 
1-Ethyl-3-methyl-imidazolium bis(trifluoromethylsulfonyl)amide ([EMIm][Tf2N]), 1-
Hexyl-3-methyl-imidazolium bis(trifluoromethylsulfonyl)amide ([HMIm][Tf2N]) and  
1-decyl-3-methyl-imidazolium bis(trifluoromethylsulfonyl) amide([DMIm][Tf2N]) 
were chosen for study. Chapter 2 describes the synthesis procedure and analysis 
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results.  The effect of alkyl chain length of the imidazolium cation on the VLE was 
quantified. PR-vdW2 EoS was used to correlate data with predicted critical properties. 
5.4.1 Results and discussions 
The VLE, VLLE of CO2 and the ILs, [EMIm][Tf2N], [HMIm][Tf2N], and 
[DMIm][Tf2N] were measured at 25°C, 50°C, and 70°C and pressures up to 250 bar.  
The volume expansion and the liquid molar volume were also measured for each IL at 
each isotherm. The PR-vdW2 EoS was employed to correlate the data to predict the   
VLE, VLLE, and mixture critical points. The details are given in Chapter 3. The 
results are discussed here.  The physical critical points cannot be obtained 
experimentally due to decomposition at high temperature, The physical properties of 
ILs used in equation of state model in Table 5.6 were calculated from group 
contribution methods [37].  The binary interaction parameters with deviations 
between the predicted and experimental data are listed in Table 5.7.   
 
Table 5.6 lists the physical properties of ionic liquids and CO2.  The 
experimental VLE and LLE data of IL/CO2 were correlated by PR-vdW2 using the 
Figure 5.18 Ionic liquid cations and anions used in this study: a) IL cation structures; 
b) [Tf2N] anion. 
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predicted critical point properties of the ionic liquids.  The binary interaction 
parameters and modeling results are given in Table 5.7.  The VLE, VLLE and LLE, 
volume expansion and molar volume (density) of carbon dioxide (CO2) and the ionic 
liquids [EMIm][Tf2N], [HMIm][Tf2N], [DMIm][Tf2N] were measured at 25 °C, 50 
°C, and 70 °C and pressures up to 250 bar.  The results are listed in Tables 5.8, 5.10 
and 5.12.   













[EMIm][Tf2N] C8H11N3F6S2O4 391.30 1244.9 32.6 0.1818 
[HMIm][Tf2N] C12H19N3F6S2O4 447.41 1287.3 23.9 0.3539 
[DMIm][Tf2N] C16H27N3F6S2O4 504.00 1345.1 18.7 0.5741 
CO2 CO2 44.01 304.25 73.8 0.2280 
Note:IL properties from Ref. [26,27]; The property data of CO2 from Ref. [28] 
5.4.2 Phase equilibria of [HMIm][Tf2N]/CO2  
The ionic liquid [HMIm][Tf2N] has been chosen by IUPAC (Committee on the 
Thermodynamics of Ionic Liquids, Ionic Liquid Mixtures, and the Development of 
Standardized Systems) to be a reference IL for worldwide study [38].  The global 
phase behavior study in Chapter 4 shows that [Tf2N] type ionic liquid and CO2 belong 
to type III system according to the classification of Scott and van Konynenburg. [29]  
The VLE (bubble point) data for [HMIm][Tf2N] and CO2 was measured at 25 °C, 50 
°C, and 70 °C and pressures up to 250 bar (shown in Figure 5.21).  The isotherms at 
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50 °C and 70 °C are above the critical point of pure CO2 and represent VLE 
throughout the pressure range measured.  However as 25 °C is below the critical point 
of CO2, a region of VLE exists at low pressures followed by a pressure at which 
VLLE exists. Here, the ionic liquid-rich phase is in equilibrium with a CO2-liquid 
phase and a CO2-vapor phase.  Above the VLLE pressure is a region of liquid-liquid 
equilibrium (LLE).  Aki et al. [30] and Shifflet and Yokozeki [39] also measured the 
CO2 solubility at 25 °C in various pressure ranges as plotted in Figure 5.15.  It can be 
observed that our data seems to smoothly connect the low pressure data of Shifflet 
and Yokozeki [39] with the medium-pressure VLE data of Aki et al. [30] to our 
higher pressure LLE data. 
 
xCO2


















Figure 5.19 Comparison between the experimental phase equilibrium data and 
literature for [HMIm][Tf2N] and CO2 at 25 °C. Legend: □: Aki et al. [30]; Δ: 
Shifflet and Yokozeki [39]; ●: VLE and LLE data from this work.  
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Figure 5.20 illustrates the global phase behavior of [HMIm][Tf2N] and CO2 
with three isothermals as predicted by the GPEC software using Peng-Robinson 
model and van der Waals mixing rules.  The model details refer to Chapter 3. The 
interaction parameters used were obtained by correlating the vapor liquid equilibrium 
data.  The details are given below. As shown, there are regions of 1-, 2-, and 3-phase 
equilibrium.  At temperatures lower than UCEP (31.1°C), such as 25°C, four different 
equilibria are possible depending on the pressure.  VLE exists at the pressures much 
lower than vapor pressure of CO2, and VLLE exists near or at the pure CO2 vapor 
pressure.  At pressures above VLLE, liquid-liquid (LLE) equilibrium exists till the 
mixture critical point, beyond which the system becomes critical/miscible. The 
mixture critical points were predicted above 1000 bar, but the prediction may be low, 
as a similar ionic liquid, [BMIm][PF6] does not become critical with CO2 even to 
 
Figure 5.20 Global phase behavior for [HMIm][Tf2N] and CO2 
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3100 bar [40].  At temperatures higher than UCEP, such as 50°C and 70°C, vapor-
liquid equilibrium exists until the system reaches the mixture critical curve at 
hyperbaric conditions, where the system becomes critical/miscible.  
Table 5.9 The binary interaction parameters and modeling results for 
[HMIm][Tf2N]and CO2 
Interaction Parameters 
ILs + CO2 T [°C] 
Number Data 
Points k12 l12 
AARD% 
25 7 0.0579 0.0826 6.17 
50 10 0.0299 0.0316 2.25 [HMIm][Tf2N] 




Figure 5.21 Experimental vapor-liquid, vapor-liquid-liquid and liquid-liquid 
equilibrium data and modeling results for [HMIm][Tf2N] and CO2.  Legend: ●: 
25 °C; ■: 50 °C; ▲: 70 °C; Solid lines are modeling and the dashed line is the 
predicted VLLE. 
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Figure 5.21 illustrates the experimental data and modeling results for all three 
isotherms. The binary interaction parameters and modeling results for 
[HMIm][Tf2N]and CO2 are given in Table 5.9.  At 25 °C, the pressure of the VLLE 
transition is within experimental accuracy equal to the vapor pressure of pure CO2 (64 
bar [41]).  This indicates that the solubility of the IL in the CO2-rich liquid phase is 
very small.  Shifflett and Yokozeki [42] measured the VLLE for ILs and compressed 
hydrofluorocarbon (HFC) gases and found nearly no IL in this polar liquid HFC.   
Technically, these systems may have a VLE region above the VLLE pressure at very 
high loadings of CO2, but this was not experimentally confirmed.  While not 
investigated here, the solubility of the ionic liquid into the vapor, liquid or 
supercritical CO2-phases (dew, VLLE, or LLE  points) is immeasurably small 
(<<1×10-7) as confirmed in the literature [43].  Han and coworkers [44] reported that 
approximately 30% mole of a polar co-solvent, viz. acetone, in supercritical CO2 was 
required to obtain appreciable amounts of the IL in the CO2 phase.   
The VLE data and LLE at 298.15K were correlated using the PR-vdW2. The 
interaction parameters and modeling performance are listed in Table 5.10.  As seen in 
Figure 5.21, the model has an excellent correlation of both the VLE and LLE at 25 °C 
and the VLE at 50 °C.  The pressure of the VLLE transition is accurately correlated 
within 0.58 bar, and the predicted CO2 composition in the IL-rich phase is 
approximately 0.03% mole higher than the experimental value at 25 °C.  At 70 °C, 
the model adequately correlates the VLE data below 100 bar, but has more difficulties 
between 100 and 250 bar.  The model also predicts finite dew points and IL solubility 
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in liquid CO2 (see Figure 5.21); for example at 70 °C and 174 bar, the mole fraction 
of IL in the CO2 phase is predicted to be 0.13 %.  This is at least 4 orders of 
magnitude higher than the precision of most estimates (>10-7) [43] and thus not 
physically realistic.  In addition, the model predicts a mixture critical point at 
approximately 479 bar at 70 °C and 5% [HMIm][Tf2N].  This result is qualitatively 
incorrect as ILs have no known critical points with CO2.  Brennecke and coworkers 
[40] observed no critical point in the [BMIm][PF6]/CO2 system to  3100 bar at 40 °C . 
This predicted mixture critical point is believed to be an artifact of the EoS 
model and the predicted critical properties of the IL.  Overall, the model provides a 
good correlation for the bubble-point data in the pressure range of the measurements 
(<250 bar), but predicts physically unrealistic dew-points, IL in liquid CO2 solubility, 
and mixture critical point data.  Extrapolation of the model beyond the data pressure 
region, in which the interaction parameters were fit, is not recommended.  As such, 
these types of model predictions will be omitted from subsequent models of the other 
systems measured. 
The liquid molar volume and the volume expansion were measured for this 
system at the three isotherms (Table 5.10).  As shown in Figure 5.23, Ionic liquids 
have relatively little volume expansion with dissolved CO2 compared with CO2-
expanded organic liquids [45] and the maximum volume expansion compared to the 




Figure 5.22 illustrates significant decrease in liquid molar volume with pressure 
(CO2 composition) at the three isotherms.  Aki et al. [30] also measured the liquid 
molar volumes for this system at 25 °C and their data is shown for comparison.  The 





























Figure 5.22 Molar volume for [HMIm][Tf2N] and CO2 at  25 °C  (●); 50 °C  (■); 
70 °C (▲).  Data from Aki et al. [28] at 298.15 K (○). 
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Table 5.10 Vapor-liquid, vapor-liquid-liquid, liquid-liquid equilibrium, volume 
expansion and molar volume of CO2 and ILs experimental data 
T [°C] P [bar] xCO2 ∆V/V0 a VL  [cm3/mol] 
[HMIm][Tf2N] 
20.15 0.396±0.001 0.0673±0.0005 220.54±0.07 
35.86 0.592±0.001 0.1680±0.0005 163.03±0.04 
64.89Vll 0.762±0.002 0.3870±0.0005 112.72±0.03 
89.67ll 0.800±0.001 0.4461±0.0006 98.83±0.02 
103.21ll 0.810±0.001 0.4676±0.0006 95.56±0.02 
119.69ll 0.819±0.001 0.4833±0.0006 91.98±0.02 
135.25ll 0.822±0.002 0.4926±0.0006 90.84±0.02 
25  
 
148.04ll 0.823±0.002 0.5009±0.0006 90.95±0.02 
8.00 0.139±0.001 0.0156±0.0004 308.25±0.09 
37.16 0.487±0.002 0.1131±0.0005 201.35±0.05 
54.30 0.583±0.002 0.1718±0.0005 172.49±0.04 
65.60 0.637±0.002 0.2253±0.0005 156.76±0.04 
80.39 0.692±0.002 0.2858±0.0005 139.52±0.03 
90.78 0.726±0.002 0.3252±0.0005 128.23±0.03 
99.69 0.751±0.002 0.3449±0.0005 118.03±0.03 
110.81 0.769±0.002 0.3611±0.0005 110.77±0.02 
122.24 0.774±0.002 0.3736±0.0005 109.43±0.02 
 
50  
129.59 0.779±0.002 0.3855±0.0005 107.93±0.02 
17.93 0.140±0.001 0.0316±0.0004 308.08±0.08 
27.54 0.239±0.001 0.0525±0.0004 278.17±0.07 
55.37 0.436±0.001 0.1204±0.0004 219.42±0.06 
88.61 0.596±0.002 0.2122±0.0004 170.13±0.04 
115.60 0.673±0.003 0.2760±0.0005 144.75±0.03 
144.69 0.721±0.002 0.3253±0.0005 128.16±0.03 
198.18 0.755±0.001 0.3753±0.0005 116.91±0.02 
70  
247.08 0.771±0.001 0.4032±0.0005 111.52±0.02 
  












Δ  ; ll= liquid-liquid equilibrium points for the 
IL-rich phase; vll = vapor-liquid-liquid equilibrium point with composition for IL-rich liquid phase. 
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5.4.3 Phase equilibria of [EMIm][Tf2N]/CO2 
The vapor-liquid equilibrium data for [EMIm][Tf2N] and CO2 were measured to 
investigate the effect of a short alkyl chain-methyl-imidazolium cation on CO2 
solubility. The data with three isotherms are given in Table 5.11.  Carvalho et al. [1] 
and Schilderman et al. [15] have investigated several points of the same system. The 
data comparison at 70 °C is shown in Figure 5.24.  The data show a good agreement 
to approximately 80 bar and then the data of Carvalho et al. [1] seems to have a 
slightly lower CO2 solubility at the highest pressure.     
xCO2













Figure 5.23 Volume expansion for [HMIm][Tf2N] and CO2 at  25 °C  (●); 50 °C  
(■); 70 °C (▲).   
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The experimental data of [EMIm][Tf2N]/CO2 were correlated by the PR-
vdW2 model. As shown in Figure 5.24 and Table 5.11, a good agreement is obtained 
between the model and the experimental data at all isotherms and pressures 
investigated for the VLE, LLE and also the VLLE. In addition, the model predicts a 
mixture critical point at approximately 408 bar at 70 °C and 7% [EMIm][Tf2N], 
which is much smaller than reported experimental data. 
Figure 5.26 illustrates liquid molar volume with pressure (CO2 composition) at 
the three isotherms for [EMIm][Tf2N] and CO2. The molar volume data and volume 
expansion data display similar trends as the [HMIm][Tf2N]/CO2 system.   
 
XCO2













Figure 5.24 Comparisons between our experimental vapor liquid equilibrium 
data and literature data for [EMIm][Tf2N] and CO2 at 70°C.Legend: ○: Carvalho 

























Figure 5.26 Molar volume data for [EMIm][Tf2N] and CO2 at 25°C, 50°C, 
70°C. Legend: ●:25°C; ■:50°C ▲:70°C  
XCO2
















Figure 5.25 Experimental vapor liquid, liquid liquid equilibrium data and modeling 
results for [EMIm][Tf2N] and CO2.Legend: ●:25°C; ■:50°C ▲:70°C, ○:LLE data at 
25°C.  Solid lines are modeling VLE and LLE, dash line is VLLE.  
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Table 5.11 The binary interaction parameters and modeling results of [EMIm][Tf2N] 
and CO2 
Interaction Parameters ILs + CO2 T [°C] 
Number Data 
Points k12 l12 
AARD% 
25 8 0.0571 0.0363 1.49 
50 7 0.0418 0.0409 1.42 [EMIm][Tf2N] 
75 7 0.0288 0.0432 1.94 
 
5.4.4 Phase equilibria of [DMIm][Tf2N]/CO2 
The vapor-liquid equilibrium, liquid-liquid equilibrium, volume expansion and 
molar volume for the [DMIm][Tf2N] and CO2 system were measured at 25 °C, 50 °C, 
70 °C. The data are given in Table 5.13. This is the first high-pressure VLE 
measurement of this IL with CO2.  This IL will help determine the effects of a long 
alkyl chain-methyl-imidazolium cation on CO2 solubility.  
The experimental data of [DMIm][Tf2N]/CO2 were correlated by the PR-
vdW2 model. The binary interaction parameters and modeling results are given in 
Table 5.13.  Figure 5.27 and Table 5.13 reveal a good agreement between the model 
and the experimental data at all isotherms and pressures investigated for the VLE, 
LLE and also the VLLE.  In addition, the model predicted a mixture critical point at 
approximately 343 bar at 70 °C and 3% [DMIm][Tf2N].  Similar to [HMIm][Tf2N] 
and [EMIm][Tf2N], this prediction does not match the reported experimental data. 
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Table 5.12 Vapor-liquid, vapor-liquid-liquid, liquid-liquid equilibrium, volume 
expansion and molar volume of CO2 and ILs experimental data 
T [°C] P [bar] xCO2 ∆V/V0   a VL [cm3/mol] 
[EMIm][Tf2N] 
12.35 0.280±0.001 0.0533±0.0005 204.04±0.06 
32.54 0.533±0.001 0.1265±0.0005 141.50±0.04 
64.71Vll 0.747±0.001 0.4108±0.0006 96.22±0.02 
101.94ll 0.767±0.002 0.4424±0.0006 90.34±0.02 
116.08ll 0.777±0.002 0.4554±0.0006 87.47±0.02 
130.84ll 0.781±0.002 0.4643±0.0006 86.46±0.02 
25  
147.94ll 0.782±0.002 0.4725±0.0006 86.25±0.02 
20.05 0.302±0.002 0.0573±0.0005 202.11±0.07 
42.50 0.483±0.002 0.1352±0.0005 160.73±0.05 
62.13 0.587±0.002 0.2084±0.0006 136.68±0.04 
81.56 0.657±0.002 0.2727±0.0006 119.67±0.03 
100.81 0.711±0.002 0.3254±0.0006 104.93±0.03 
123.07 0.743±0.002 0.3618±0.0006 95.97±0.02 
50  
146.25 0.749±0.003 0.3797±0.0006 94.92±0.02 
21.82 0.247±0.002 0.0394±0.0004 218.63±0.07 
40.70 0.416±0.002 0.0890±0.0005 177.66±0.05 
60.63 0.509±0.002 0.1371±0.0005 155.89±0.04 
79.99 0.579±0.002 0.1843±0.0005 139.43±0.04 
99.38 0.636±0.002 0.2279±0.0005 124.91±0.03 
121.43 0.684±0.003 0.2654±0.0005 111.69±0.03 
70  
146.82 0.709±0.003 0.2986±0.0005 105.59±0.02 
  












Δ  ; ll= liquid-liquid equilibrium points for the 
IL-rich phase; vll = vapor-liquid-liquid equilibrium point with composition for IL-rich liquid phase. 
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Figure 5.27 Experimental vapor-liquid, vapor-liquid-liquid, liquid-liquid equilibrium 
data and modeling results for [DMIm][Tf2N] and CO2.Legend: ●: 25 °C; ■: 50 °C;  
▲: 70 °C ;  Solid lines are modeling VLE and LLE, dash line is predicted VLLE. 
Table 5.13 The binary interaction parameters and modeling results of [DMIm][Tf2N] 
and CO2 
Interaction Parameters ILs + CO2 T [°C] 
Number Data 
Points k12 l12 
AARD% 
25 7 0.0328 0.0336 2.67 
50 7 0.0177 0.0293 3.34 [DMIm][Tf2N] 





Figure 5.28 shows the liquid molar volume of mixture with pressure (CO2 
composition) decreases at 25°C, 50°C, 70°C for [DMIm][Tf2N] and CO2. The molar 
volume data and volume expansion data display similar trends as the [HMIm][Tf2N], 



























Figure 5.28 Molar volume for [DMIm][Tf2N] and CO2 at 25°C, 50°C, 70°C. 
Legend: ●:25°C; ■:50°C ▲:70°C  
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Table 5.14 Vapor-liquid, vapor-liquid-liquid, liquid-liquid equilibrium, volume 
expansion and molar volume of CO2 and ILs experimental data 
T [°C] P [bar] xCO2 ∆V/V0   a VL [cm3/mol] 
[DMIm][Tf2N] 
14.74 0.350±0.002 0.0369±0.0005 277.51±0.10 
28.28 0.562±0.001 0.1070±0.0006 199.69±0.07 
45.16 0.709±0.001 0.2267±0.0006 147.04±0.04 
67.99ll 0.810±0.002 0.4206±0.0008 111.06±0.03 
86.59ll 0.830±0.001 0.4393±0.0007 100.63±0.03 
109.09ll 0.841±0.001 0.4604±0.0007 95.56±0.02 
128.73ll 0.848±0.001 0.4739±0.0007 92.35±0.02 
25  
 
148.47ll 0.849±0.002 0.4776±0.0007 91.69±0.02 
14.39 0.257±0.002 0.0332±0.0004 321.16±0.09 
33.71 0.489±0.002 0.0978±0.0004 234.66±0.06 
68.91 0.696±0.001 0.2337±0.0005 156.90±0.04 
85.81 0.752±0.001 0.3055±0.0005 135.36±0.03 
109.17 0.800±0.001 0.3715±0.0005 114.48±0.02 
130.30 0.814±0.002 0.3957±0.0005 108.56±0.02 
 
50 
145.96 0.819±0.002 0.4126±0.0005 107.14±0.02 
20.03 0.302±0.002 0.0371±0.0005 308.87±0.11 
39.41 0.475±0.003 0.0843±0.0005 242.81±0.08 
62.42 0.587±0.003 0.1443±0.0006 201.74±0.06 
86.74 0.683±0.003 0.2114±0.0006 164.04±0.05 
107.73 0.744±0.003 0.2667±0.0006 138.36±0.04 
125.15 0.776±0.003 0.3048±0.0006 124.89±0.03 
70 
145.34 0.801±0.003 0.3322±0.0006 112.96±0.03 
  












Δ  ; ll= liquid-liquid equilibrium points for the 
IL-rich phase; vll = vapor-liquid-liquid equilibrium point with composition for IL-rich liquid phase. 
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5.4.5 Effect of n-Alkyl chain length  
With the same anion [Tf2N], the effect of the length of the cation alkyl- group on 
the CO2 solubility is compared at 50 °C.  As shown in Figure 5.29, the solubility of 
CO2 is only slightly increased with the increase alkyl length, from [EMIm] to [HMIm] 
to [DMIm].  Therefore, it appears from this and other literature [30, 46] that the anion 
has a larger impact on solubility than the alkyl length of the cation. The alkyl- group 
increases the dispersion forces of the cation for better interaction with CO2.  Similar 
findings were discussed by Aki et al. [30].  In the Section 5.2 the solubility of R-134a 
in n-alkyl-3-methyl-imidazolium [Tf2N] ionic liquids was measured. The results also 
demonstrate a solubility increase with increasing alkyl chain length.  
 
Figure 5.29 Experimental vapor liquid equilibrium data and modeling results for 



























Figure 5.30 Molar volume for [EMIm][Tf2N] (▲), [HMIm][Tf2N] (■), 
[DMIm][Tf2N] (●) and CO2 at 50 °C. 
 
xCO2












Figure 5.31 Volume expansion for [EMIm][Tf2N] (▲), [HMIm][Tf2N] (■), 
[DMIm][Tf2N] (●) and CO2 at 50 °C. 
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The ambient pressure molar volume increases with an increasing chain length.  
However, as shown in Figure 5.30, this effect diminishes with higher amounts of 
dissolved CO2.  Above 140 bar and the molar volumes of each IL becomes very 
similar.  At these pressures, the IL consists of greater than 70% mole of CO2 and thus 
the properties are better correlated with CO2 than the ambient pressure IL properties.   
The volume expansion of [EMIm][Tf2N], [HMIm][Tf2N], [DMIm][Tf2N] and 
CO2 at 50 °C were shown in Figure 5.31. At the same volume expansion, the 
solubility of CO2 is highest in [DMIm][Tf2N], lowest in [EMIm][Tf2N]. At the same 
solubility, CO2 expands [EMIm][Tf2N] more than other two ILs. At lower pressure, 
the volume is expanded more than higher pressure due to the solubility difference of 
CO2 in ionic liquid phase. 
5.4.6 Effects of anion  
 Choosing different cation and anion affects CO2 solubility in ILs.  However, 
anions play a key role on CO2 solubility.  Brennecke’s group has studied CO2 
solubility in ionic liquids with different structure [30, 46].  They studied CO2 
solubility for 1-Butyl-3-methylimidazolium ([BMIm]) based ILs at 60 °C and found 
increased in the order nitrate ([NO3]) < [BF4] < dicyanamide ([DCA]) ~ 
hexafluorophosphate ([PF6]) ~ trifluoromethanesulfonate ([TfO]) < [Tf2N] < 
tris(trifluoromethylsulfonyl)methide([methide]). They also reported that anions 
containing fluoroalkyl groups had some of the highest CO2 solubilities, and as the 
quantity of fluoroalkyl groups increased, the CO2 solubility also increased. [46] 
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Regarding environmental concerns of fluorinated components, researchers have 
explored the use of nonfluorinated molecules to maximize the CO2 solubility. 
Carbonyl groups are known to be very good CO2-philes, having a low level of self-
interaction but the ability to take part in Lewis acid-Lewis base interactions [47-48].  
Nonfluorinated ILs containing ether linkages and flexible alkyl chains to increase free 
volume can be designed to have a high affinity for CO2 [46]. 
 
 
Shiflett and Yokozeki [49] Measured CO2 solubility in 1-Ethyl-3-
methylimidazolium acetate [EMIm][Ac] and 1-Ethyl-3-methylimidazolium 
trifluoroacetate [EMIm][TFA].  [AC] shows much larger solubility than [Tf2N].  The 
strong absorption is believed to form a reversible complex of AB2 (A=CO2 and B = 
xCO2














Figure 5.32  CO2 solubility in [EMIm][TFA], [EMIm][Tf2N] and [EMIm][AC] at 
25°C. Legend: ●:[EMIm][TFA]; ■:[EMIm][Tf2N]; ▲: [EMIm][AC] . The data of 
[EMIm][TFA] and [EMIm][AC] are from Shiflett and Yokozeki  [49] 
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[EMIm][Ac] due to Lewis acid-base reaction. However, when the methyl group 
(X=CH3) on the acetate anion (X-COO-) is replaced with the fluorinated methyl 
group (X=CF3), the attraction is dramatically reduced as shown in Figure 5.32.   Ionic 
liquids can be designed to have higher or lower CO2 solubility for different 
applications. However, other factors, such as viscosity, cost, stability, environmental 
effort, etc. have to be considered. 
5.4.7 Conclusions 
The phase equilibria of carbon dioxide (CO2) with [EMIm][Tf2N], 
[HMIm][Tf2N], [DMIm][Tf2N] were measured at 25 °C, 50 °C, and 70 °C and 
pressures up to 250 bar.  Multiphase equilibria exist at 25 °C, viz. VLE, LLE, and 
VLLE.  The phase equilibrium data here show an excellent agreement with the 
limited literature reports.  The PR vdW-2 EOS correlated well with these ILs and 
with CO2 using simply predicted critical properties.  However, the model does predict 
a mixture critical point at pressures above 400 bar which is not qualitatively correct.  
The CO2 solubility in ionic liquids slightly increases with increasing alkyl chain 
length.   
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Chapter 6 Feasibility of Absorption Air Conditioning Using Ionic Liquids and              
Compressed Gases as Working Fluids on Mobile Vihicle Application 
 
6.1 Introduction 
The traditional and dominate vehicle air-conditioning system is the vapor 
compression system, where a gas compressor either shaft or belt is driven by 
vehicle’s engine.  The main problem for this air-conditioning system is that it uses a 
portion of the engine duty, which significantly increases fuel consumption, lower gas 
mileage and increases emissions to the environment.  Automobile air conditioners can 
affect the environment from the increased refrigerants used.  In addition, vehicle air 
conditioners consume more energy than any other auxiliary vehicle equipment.  For 
instance, the energy of a typical gasoline internal combustion engine can be split into 
three parts [1](see Figure 6.1):  30% goes to engine duty (work), 30% goes to the 
coolant as heat, and 40% as waste heat goes to the exhaust gas.  Thus, most of fuel is 
wasted as heat in the exhaust and coolant.   According to Environmental Protection 
Agency (EPA) report, in the United States alone, vehicle air conditioners consume 
over 7 billion gallons of gasoline every year, and emit over 58 million metric tons of 
carbon dioxide [2].  
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To address these problems, one potential solution is absorption refrigeration 
technology.  The vapor compression air conditioning system comsume more fuel due 
to power consumption, while absorption refrigeration system can save the fuel 
because of the waste heat recovery and decrease on the refrigeration leakage.  If the 
fuel used by vehicle air conditioners can be reduced by 30% and refrigerant emissions 
is cut into half, this would reduce overall 9 million metric tons of carbon equivalent 
greenhouse gas emissions and save 2.1 billion gallons of gasoline for each year [3]. 
6.1.1 Absorption and the vapor-compression air conditioning systems 
The principal difference between the absorption and the vapor-compression 
cycles is the mechanism for generating the high-pressure refrigerant gas.  The vapor 
compressor, employed in the vapor-compression cycle, is replaced in the absorption 
cycle by an absorber and a generator or boiler.  The energy input required by the 
vapor-compression cycle is supplied to the compressor in the form of mechanical 
work.  However, in the absorption cycle, the energy input is mostly in the form of 
heat supplied to the generator.  Most importantly, absorption systems, in general, can 
 
Figure 6.1 Energy splits in a typical gasoline internal combustion engine 
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be driven by lower quality energies, such as waste energy, solar energy, geothermal 
energy, etc.  In the present vehicle case, heat source can be from the coolant or the 
exhaust of an internal combustion vehicle engine. 
6.1.2 Absorption refrigeration 
The general absorption refrigeration cycle is shown in Figure 6.2.  It includes a 
vapor absorber, a generator, a condenser, an evaporator, a heat exchanger, a solution 
liquid pump and expansion valve to reduce the pressure.  The refrigeration solution 
consists of refrigerant and absorbent.  R-134a and CO2 were chosen as refrigerants, 
ionic liquid, [HMIm][Tf2N], was chosen as absorbent here.  The “weak solution” (a 
term from the absorption refrigeration industry) contains a higher concentration of the 
refrigerant and less absorbent (therefore “weak”).  The “strong solution” contains a 




Figure 6.2 Idealized absorption refrigeration cycle 
 228
In the absorber, the solvent absorbs the refrigerant gas, forming the “weak 
solution.”  Then the weak solution is pumped to the generator.  In the generator, the 
weak IL - refrigerant solution is heated, which drives the refrigerant vapor out of the 
solution.  The “strong solution” is produced and flows back to the absorber for reuse.  
The refrigerant vapor leaves the generator and goes into the condenser as in the 
vapor-compression system.  In the condenser, the refrigerant vapor condenses 
isobarically to a liquid as heat is removed.  Then the refrigerant liquid passes through 
a throttling valve before entering the evaporator, where the pressure and temperature 
of the refrigerant are reduced.    In the evaporator, the refrigerant evaporates, again 
forming a vapor.  This evaporation of the refrigerant draws heat from a heat load and 
creates the cooling effect of a refrigerator or air conditioner.  The refrigerant vapor 
returns to the absorber to finish a cycle.   
Overall, the refrigerant path follows absorber → generator → condenser → 
evaporator → absorber.  The path of the absorbent and refrigerant mixtures follows 
absorber → generator → absorber. 
6.1.3 Challenges of conventional absorption systems 
The most common absorption systems use ammonia/water and water/LiBr as 
working fluids.  Ammonia/water system uses ammonia as the refrigerant and water as 
absorbent.  Water and ammonia have a great affinity, thus a large amount of ammonia 
vapor can dissolve in water phase.  Both air-cooled and water-cooled systems were 
developed.  The major disadvantage of the ammonia/water system is that water is a 
relatively volatile absorbent so that water evaporates with the ammonia refrigerant in 
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the generator.  Therefore, to obtain pure refrigerant vapors for proper operation of the 
system, a large rectifier must be placed between the generator and condenser to purify 
the ammonia vapor, which increases process complexity and costs.  The rectifier is a 
distillation column that removes the absorbent (solvent) and purifies the refrigerant.  
While the amount of solvent in the high pressure refrigerant gas coming from the 
generator is often low, it may have a large effect on the cooling process.  For instance, 
just 100ppm of H2O in the refrigerant gas in the ammonia/water system discussed 
above reduces efficiency (COP) by 5% [4].  As there is a great need for a sizable 
rectifier, these systems are mostly used in large industrial operations.  Additionally, 
handling and storing of pressurized ammonia demand prevention and protection 
measures, due to its volatility, toxicity and flammability [5-6].  Because of safety 
limitations and the large equipment size, this type of refrigeration cannot be used for 
refrigeration in motorized vehicles.  For water/LiBr working fluid pair, water is now 
the refrigerant and LiBr is the absorbent.  Lithium Bromide is better than water as an 
absorbent since it is not volatile.  Consequently, the rectifier is not necessary for the 
cycle design.  However, Lithium Bromide is corrosive [5-7] and the solution tends to 
crystallization at high concentrations, which usually limits its operation to above 0° C.  
Water-LiBr solutions are very viscous, therefore operation of the absorbent in the 
system requires more energy of pumping [6].  
To overcome these challenges and issues, ionic liquids with refrigerant gases 
are proposed as a potential replacement.  The ILs have no measurable vapor pressure, 
which may eliminate the need for a rectifier; are non-corrosive; and can have very 
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low freezing points.  Thus, ionic liquids may be the perfect replacement of absorbents 
for absorption refrigeration systems for even small size applications.   
6.1.4 Ionic liquids-excellent absorbent alternatives 
ILs have unique properties, which are favorable for being absorbents.  ILs are 
non-flammability and have non-measurable vapor pressure, which means an 
environmentally benign absorbent and no rectifier needed in the design of absorption 
systems.  Many ionic liquids are liquid in a wide temperature range, from melting 
points well below 0°C to decomposition temperatures up to 400+°C.  ILs can have 
high heat capacity (>2000 Jkg-1 K-1 at 25°C) compared with water (1600 Jkg-1K-1 at 
100°C) ([8-10]), high density, high thermal conductivity and chemical stability.  The 
decomposition temperature of ILs is commonly greater than 300 °C, which is much 
greater than many sources of heat to be used in absorption refrigeration.  A wide 
range of materials including inorganic, organic and even polymeric materials are 
soluble in ionic liquids.  Furthermore, the solubility of gas (especially 
hydrofluorocarbons and CO2) is high in ILs, which makes them to be good candidates.  
Preliminary toxicology studies of ILs  indicate low to moderate toxicity on average 
[11-14].  Recent studies [15-17] indicate that most materials show very good 
corrosion resistance in the presence of ILs.  Even the most reactive metals, such as 
Al-alloy, show extreme low corrosion rate at <0.1 mm y-1, which indicates almost no 
corrosion problems on containers and pipes.  ILs are “designer absorbents”.  It has 
been estimated that there are nearly 1014different combinations of cation-anion 
possible [18]. Physical and chemical properties of ILs can be adjusted by the choice 
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of alkyl chain length, the presence of additional alkyl substitutions on the cation and 
the choice of anion [19-21].  For example, replacing the [PF6] anion of the 1-alkyl-3-
alkylimadazolium cation by [BF4] dramatically increases the miscibility of the ionic 
liquid in water; however, the replacement by [Tf2N] ion decreases the water 
miscibility.  The change of the length of the alkyl chain can tune the miscibility of 
ionic liquid in water [20].  Therefore, ILs provide a great number of opportunities to 
find appropriate absorbents for pairing particular refrigerants. 
6.1.5 Phase behavior and equilibria of IL and compressed gases as working 
fluids 
To evaluate and choose novel working fluids, the physical and chemical 
properties of the working fluid are extremely important especially for designing 
thermodynamic systems.  The favorable properties for working fluids are keys to 
determine the absorption cycle performance, efficiency and operating cost, such as, 
no solid phase, lower toxicity and high affinity between refrigerants and absorbents.  
To investigate if ionic liquids and compressed gases are feasible to be working fluids, 
the phase behavior and phase equilibrium data are necessary.   
Chapter 4 gives the global phase behavior study for ionic liquids and 
compressed gases.  Most ionic liquids and R-134a belong to type V systems which 
means that regions where vapor-liquid equilibrium, vapor-liquid-liquid equilibrium, 
liquid-liquid equilibrium exist.  The global phase behavior is very important to 
determine the operating conditions.  In the operating condition range, solids do not 
exist, but single phase mixtures exist at certain temperature and pressure, which 
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should be avoided in the operation.  The global behavior of ionic liquid and CO2 
belong to type III, therefore, VLE exists in most cases and all regions of pressure and 
temperature can be used.  Because of lower critical temperature of CO2, the 
condenser (gas cooler) may operate in supercritical status.  Chapter 5 reports the 
phase equilibrium of ionic liquids and compressed gases.  The solubility of both R-
134a and CO2 decreases with increasing temperature and increases with the pressure.  
Therefore, the absorber should operate at lower temperature to dissolve more gases in 
the absorbent, while the generator operates at high temperature to release the gases 
out of absorbent.  The solubility also changes with alkyl chain and anions, here, 
[HMIm][Tf2N] was chosen as a model ionic liquid.  Ionic liquid structure should be 
considered if ionic liquid optimization is performed.    
In this chapter, the feasibility of absorption air conditioning system based on 
thermodynamic modeling will be performed.   
 
6.2 Absorption Cycle Modeling and Simulation 
A schematic diagram for a typical absorption refrigeration cycle in this study is 
shown in Figure 6.3.   
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The mass balance, energy balance, and theoretical cycle performance are 
modeled as follows: m&  represents the mass flowrate of fluids; Q&  represents the heat 
flowrate entering or leaving each unit; W& is the work for the pump.   
According to the first law of thermodynamics, the energy balance can relate the 
flows of heat, work, and mass through the enthalpy.  The second law identifies where 
the real inefficiencies are in a system through entropy.  Entropy generation is very 
common in all types of heat-transfer processes.  The second law analysis is very 
important to perform the process optimizations.  However, a 1st Law analysis can help 
determine the feasibility and general operating conditions of an absorption 
 
Figure 6.3 A schematic diagram of an absorption refrigeration cycle 
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refrigeration system and will be used here.  The mass and energy balances for each of 
the unit operations in Figure 6.3 are given below, where Ĥ is the specific enthalpy of 
each stream.    
Absorber:  
Mass balance:  
1610 mmm &&& =+  (6.1) 








& +=+ 11101066  (6.3) 
Generator: 
Mass balance:  
743 mmm &&& +=  (6.4) 
774433 xmxmxm &&& +=  (6.5) 







& +=+  (6.6) 
Condenser:  
Mass balance:  
87 mm && =  (6.7) 









Mass balance:  
109 mm && =  (6.9) 





& =+  (6.10) 
Pump:  
Mass balance:  
21 mm && =  (6.11) 
21 xx =  (6.12) 
Energy balance:  
)( 21 HHmW sp
))
&& −=  (6.13) 
Solution expansion valve:  
Mass balance: 
65 mm && =  (6.14) 
65 xx =  (6.15) 
Energy balance:  
65 HH
))
=  (6.16) 
Solution heat exchanger:  
Mass balance:  
32 mm && =  (6.17) 
32 xx =  (6.18) 
 236
54 mm && =  (6.19) 
54 xx =  (6.20) 
Energy balance:  




& −=−  (6.21) 
Refrigerant expansion valve:  
Mass balance:  
98 mm && =  (6.22)  
Energy balance:  
98 HH
))
=  (6.23) 
Where:  
321 mmmms &&&& ===  (6.24) 
654 mmmmw &&&& ===  (6.25) 
10987 mmmmm f &&&&& ====  (6.26) 
The circulation ratio (f) is expressed by weak solution mass flow rate and the 






















 (6.27)  
The overall energy balance is:  
pevpgenabscond WQQQQ &&&&& ++=+  (6.28) 









=  (6.29) 
To perform a thermodynamic analysis, an absorption refrigeration system is 
modeled based on mass and energy conservation, the feasibility simulation was 
implemented in MATLAB software.  Peng-Robinson Equation of state (PR EoS) [22] 
was chosen to optimize the binary interaction parameters (discussed in Chapter 5), 
find the solubility at different operating conditions (temperature and pressure), 
located the density of liquid mixture.  The pure gas properties corresponding to 
temperature and pressure were read from REFPROP dynamic link library, which 
allows incorporation with MATLAB.  REFPROP has higher accuracies typically 0.1 
% to 0.5 % in density, 1 % to 3 % in liquid heat capacities and sound speeds. [23]  
PR EoS was also chosen to as thermodynamic model to calculate the phase 




r HHH −=Δ  (6.30) 
∑= IGiiIGM HxH  (6.31) 
∑−=Δ IGiimr HxHH  (6.32) 
∑+Δ= IGiirm HxHH  (6.33) 
where, ∆Hr is the residual molar enthalpy or enthalpy departure function.   
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Heat capacities of ionic liquids as a function of temperature were measured by 
Ge et al. [25]  The relation between heat capacity and temperature for [HMIm][Tf2N] 
is expressed as:  
 33.549)(389.0)Kmol J( -1-1_ +×= KTC ILp  (6.35) 
For R134a and CO2, the idea gas heat capacity can be decided by REFPROP software. 
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Combining with the PR EoS, we obtain: 
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1  (6.44) 
The following assumptions are made for the simulations; the effectiveness of 
heat transfer is assumed to be 70%.  The absorber and generator are operated in 
saturated status at its temperature.  The pressure of evaporator is the same as absorber 
pressure.  The generator pressure equals the condenser pressure.  The pressure drops 
in the pipes are neglected.  The expansion valve is working at constant enthalpy.  The 
whole system is operated under steady-state conditions. 
The physical properties of [HMIm]Tf2N], R134a and CO2 used in the modeling 
are given in Table 6.1.  ILs properties are predicted [28].  The property data of R-
134a and CO2 are from the PE2000 database [29].  The binary interaction parameters 





Table 6.1 The physical property table of ILs, R-134a and CO2 
 
 
Table 6.2 The binary interaction parameters and modeling results 
 
 
6.3 Results and Discussions 
6.3.1 Waste heat available from an Automobile 
In order to evaluate the amount of waste heat of an automobile in the coolant 
and exhaust gas, Boatto et al. [1, 30] performed experimental work on a four-cylinder 
spark-ignition engine that was usually mounted in a passenger car.  The engine speed 
and fuel, coolant and exhaust heat duty on engine were studied.  Given a specific 
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engine speed, the fuel duty equals the sum of engine duty, exhaust duty and coolant 
duty.  Table 6.3 gives the experimental results at engine speed 1300 rpm, 1500 rpm 
and 2000 rpm.  For instance, when the speed of the motor is at 1300 rpm, the fuel 
duty is 30kW, while engine duty, exhaust duty, coolant duty are 10kW, 5kW and 
15kW respectively.  When the engine speed is increased to 1500 rpm, the fuel duty is 
45kW.  Engine duty, exhaust duty, coolant duty are increased to 14kW, 8 kW, and 
23kW.  Similarly, for 2000 rpm engine speed (cruise status), they are 70kW, 24kW, 
17kW, 29kW.  Therefore, if the waste heat can be used and recovered from the 
exhaust system, the available heat is from 5 kW to 17 kW, when the motor engine 
runs from 1300 rpm to 2000 rpm. 
Table 6.3 Experimental data from the work of Boatto et al. [1] 
 
6.3.2 Vapor compression refrigeration performance 
Table 6.4 lists the experimental results for the vapor compression system 
using R-134a as refrigerant at both idle and cruise conditions, which were done by 
Boatto et.  al. [1, 30]  The results show that at idle conditions, the mid-size car can 
provide the cooling capacity of 3.1 kW, the COP is 2.8, but needs the input work of 
1.1kW.  At cruise conditions, the cooling capacity is 6.21kW, and at the same COP, 
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the input work is 2.2kW.  These are approximately 9.2 % of the total work available 
by the engine at 2000 RPM. 
 
Table 6.4 Experimental results of a vapor compression system at both idle and cruise 
conditions by Boatto et al. [1] 
 
6.3.3 Use R134a and [HMIm][Tf2N] as working fluids for vehicle air 
conditioning 
6.3.3.1 Model system at typical conditions  
In order to compare the vapor compression system and absorption system for 
potential use in automotive air conditioning, the absorption cycle simulation is 
performed to achieve the same level of cooling (Qeva) at the found in the vapor 
compression system described above (Table 6.4).  Table 6.5 gives the operating 
conditions for a vehicle air-conditioning system by using [HMIm][Tf2N] and R134a 
as working fluids that is needed to produce identical cooling capacity (6.2kW) as the 
vapor compression system at 2000RPMs.  The condenser and evaporator temperature 
are kept as the same as for the vapor compression system described above.   
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To compare the performance of absorption air conditioning system with vapor 
compression system, the operating conditions, including the condenser temperature 
(Tcon), the evaporator temperature (Tevp) are chosen the same as in Table 6.4.  Tcon, 57 
°C, is the actual condenser temperature of the fluid for a heat exchanger operating at 
70% efficiency and an ambient (outdoor) temperature of 40°C.  The temperature of 
the evaporator is usually set as low as possible, but often in most automobiles around 
0 °C.  The absorber temperature (Tabs) is generally set from 5°C – 35 °C, and 25 °C is 
chosen here for milder conditions.  For given condenser and absorber temperatures, 
there is a minimum temperature of the generator (Tgen), below which the absorption 
cycle can not function.  For this case, 118 °C is minimum generator temperature to 
make the mole fraction of refrigerant in strong solution to be less than that in weak 
solution.  Thus, 120 °C is chosen here for generator temperature.  The heat rate of the 
evaporator (Qeva) represents the cooling capacity, which is 6.2 kW as the same as 
vapor compressor air conditioning system.   
The results are shown in Table 6.6.  To reach the cooling capacity as 6.2kW, the 
low pressure in the evaporator and the absorber is 292.8 kPa.  The high pressure in 
the condenser and generator is 1565.6 kPa.  The mass flowrate for refrigerant, strong 
solution and weak solution are 0.05 kg/s, 1.30 kg/s, 1.35 kg/s respectively.  The heat 
input for the generator is 15.14 kW.  The work for the pump is 0.45 kW, and the COP 
is 0.41.  Compared with vapor compression system, the COP of absorption system is 
less than the vapor compression cycle.  The COP of the vapor compression cycle is 
the ratio of cooling effect over work input, while the COP of the absorption is ratio of 
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cooling effect over heat input, which can be waste heat.  Thus, only comparing COPs 
from each of the systems may be misleading, as mechanical energy is a higher quality 
(more expensive) form of energy compared with heat.  The absorption air 
conditioning system does contain a small re-circulating pump between the absorber 
and generator.  Pumps are much more thermodynamically efficient than compressors.  
At cruise conditions, the vapor compression system needs about 2.2 kW of 
mechanical work, while the absorption system needs only 0.45kW, which is about 80 
% lower.  The input heat for the generator is about 15.14 kW, which can be provided 
by the exhaust duty of 17kW and/or coolant duty of 29kW at cruise condition.  Thus, 
the waste heat from either the exhaust or the coolant or some combination is enough 
to this absorption refrigeration system.  It should be noted that these results are using 
just the model ionic liquid/R-134a system.  With further molecular optimization of 
the ionic liquid, these results will improve. 
6.3.3.2 Performance of the IL/R-134a system at different conditions 
The ambient and process conditions listed in Tables 6.5 and 6.6, represent 
typical or average conditions.  However, in different parts of the world (different 
climates), the ambient temperatures will change.  This typically modifies the 
temperature at the condenser and absorber.  Different vehicles will produce different 
temperatures in the coolant and exhaust, thus different potential temperatures to the 
generator.  The heat exchangers to transfer this waste energy to the generator will 
have different capabilities.  The changing parameters will be addressed in following 
sections. 
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Table 6.5 Operating conditions for vehicle air-conditioning system by using 
[HMIm][Tf2N] and R134a as working fluids 
 
 
Table 6.6 Simulation results for vehicle air-conditioning system by using 
[HMIm][Tf2N] and R134a as working fluids 
   
6.3.3.3 Performance of the IL/R-134a system at a lower generator and condenser 
temperature 
In the previous case, the condenser was operated in 57 °C, and the generator 
was operated in 120 °C.  Most coolant temperatures are maintained below 100 °C for 
the safety and performance of the engine.  So, if only the coolant is desired to be used 
to heat the generator, then a lower generator temperature is needed.  The simulation 
was performed at milder conditions, i.e. the condenser at 40 °C and the generator at 
90 °C.  The results are given in Tables 6.7 and 6.8.  The heat input for the generator, 
to achieve the same cooling effect, decreases to 12.25 kW.  The pump only needs 
0.24 kW.  With the same cooling capacity, the COP increases to 0.51. 
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Table 6.7 Operating conditions for vehicle air-conditioning system by using 
[HMIm][Tf2N] and R134a as working fluids 
Tabs  [° C] Tcon  [° C] Teva [° C] Tgen [° C] Qeva [kW] 
25 40 0 90 6.2 
 
Table 6.8 Simulation results for vehicle air-conditioning system by using 


















1016.6 292.8 0.04 1.24 1.28 9.43 12.25 0.24 0.51 
 
6.3.3.4 Effect of generator duty on performance 
When the engine speed is increased from 1300rpm to 2000rpm, the available 
exhaust duty has a range from 5kW to 17kw (Table 6.3).  In addition, different 
vehicles will have different heat transfer equipment and performance.  The effects of 
different generator heat inputs on the rest of the system are investigated.  The 
temperature of all of the units are kept the same as 6.4.3.3.  As shown in Figure 6.4, 
the duties of all units increase with the increased heat input to generator.  As shown 
the cooling effect (Qevap) increases.  However, this also requires that the condenser 
and absorber must increase.  The cooling capacity (evaporator heat rate) increases 
from 2.32 kW to 7.87 kW.  At idle conditions, the vapor compression system can 
provide 3.1kW cooling capacity.  For the absorption system to provide 3.1 kW 
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cooling, the heat input for the generator has to be 6.69 kW, which can be provided by 
exhaust gases  At cruise conditions, 12.25 kW can be sent to the generator to provide 
6.2 kW cooling capacity, which is same as the vapor compressor system.  At a 
generator input of 17kW, 7.87 kW of cooling can be obtained, which is even larger 
than vapor compressor system.   
6.3.3.5 The effects of the generator and absorber temperature on performance 
In this case , the heat input for the generator is kept constant as 12.25 kW, but 
the temperature of the generator is changed from 50 °C to 110 °C and the 
temperatures of evaporator, condenser and absorber are kept as same as in Table 6.5.  
The effects of the generator temperature on the circulating ratio of refrigerant are 
shown in Figure 6.5.  The circulating ratio, defined as ratio of weak solution mass 
flow rate and the refrigerant mass flow rate, decreases with increasing generator 
temperature.  At lower generator temperatures, less refrigerant vapor comes from 
solution, but the difference of refrigerant concentration in the weak and strong 
solution is relatively small.  However, the circulation ratio becomes much higher at 
the lower generator temperatures.  In this case, a relatively large solution pump would 
be required, which would decrease the efficiency of the process.  When the generator 
temperature is increased, the refrigerant concentration will increase, and lower 




          
 
Figure 6.5 Effect of generator temperature on refrigerant circulation ratio 
 
Figure 6.4 Heat duties can be provided with available waste heat for generator. 
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The effect of absorber temperature on circulations ratio and performance were 
also investigated.  If the absorber temperature varies as 5 °C, 15 °C and 25 °C and the 
evaporator and condenser temperature are kept the same as 0 °C and 40 °C 
respectively, the effect of generator temperature on circulation ratio changes.  As 
shown in Figure 6.6, the higher absorber temperature results in the higher the 
circulation ratio at the same generator temperature.  At the higher absorber 
temperature, less refrigerant is absorbed.  Therefore, a higher circulation ratio is 
needed to maintain the same level of cooling at the evaporator.  The generator 
temperature has a greater effect on the circulation ratio at a higher absorber 
temperature.  For the case study of an absorber temperature of 25 °C, the circulation 
ratio is 29.5 at a generator temperature of 90 °C, which is about 4 times the 
circulation ratio at 110 °C (7.5).  At 15 °C in the absorber, the circulation ratio 
changes from 5.0 at 90°C in generator to 3.6 at 110°C in generator.  At 5 °C in the 
absorber, the circulation ratio is 1.9 at a generator temperature 90 °C, which is similar 
to that at 110 °C, 1.8.  Both absorber and generator temperatures are design 
parameters for absorption refrigeration systems.   
  As discussed above, the lower absorber temperature results in higher 
refrigerant solubility in the IL solvent, which results in a lower circulation ratio.  
Figure 6.7 shows the effect of the generator and absorber temperature on COP with 
fixed heat input.  At 25 °C, an optimum generator temperature exists around 100 °C.  
Below it, COP increases with generator temperature.  The trend reverses when the 
generator temperature is higher than 100 °C.  For absorber temperatures at 5 °C and 
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15 °C, the optimum generator temperatures are 58 °C and 82 °C respectively.  In 
general, COP increases with the generator temperature until a maximum value and 
then decreases.  Since at lower generator temperatures, the solution in the generator 
will release a less mount of vapor to the condenser.  However, when the saturation 
condition of solution is reached, no more vapor is generated even in higher generator 
temperature.  Therefore, COP reduces with increasing generator temperature after 
reaching the maximum.  Sathyabhama et al. [31] showed the similar effect of 
generator temperature on COP and circulation ratio for ammonia-water absorption 
system.  Bourouis et al. [32] investigated the performance of air–cooled absorption 
air-conditioning systems working with water – (LiBr + LiI + LiNO3 + LiCl).  They 
report trends of generator temperature on COP similar to this work.   
 6.3.3.6 The effects of the condenser temperature on heat duty and COP 
This case study investigates the effects of changing condenser temperature from 30 
°C to 50 °C under the following operating conditions: the heat input to the generator 
is maintained at 12.25kW, the evaporator temperature is 0 °C, the generator 
temperature is 105 °C and the absorber temperature is 25 °C.  The condenser 
temperature is related to environmental or ambient temperature.  Thus, the condenser 
temperature set point is equal to ambient temperature plus the condenser offset 
temperature, i.e. heat exchanger efficiency.  The efficiency has been assumed to be 
70% for these calculations but can vary from 3.3-13.9°C difference.  If the offset 
temperature is set as 6 °C, and ambient temperature is from 25°C to 44°C, the 




As shown in Figure 6.8, the heat rates of the absorber, condenser and 
evaporator decrease with the condenser temperature given the same heat input to the 
generator.  The evaporator provides 5.88 kW cooling capacity at the condenser 
temperature of 30 °C and decreases to 4.07 kW at 50°C.  It means that the air 
conditioning system could provide sufficient cooling capacity at idle condition even 
in a hot season.  If the heat input is kept at 12.25 kW, the cooling capacity (4.07kW) 
is not sufficient at cruise conditions.  Since, the waste heat provided increases with 
RPM, higher RPM can generate more waste heat. If the heat input of the generator is 
increased to 16 kW, the cooling capacity of evaporator is from 7.68kW at 30 °C to 
 
Figure 6.6 Effect of absorber temperature on refrigerant circulation ratio  
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6.2 kW at 46 °C and decreases to 5.31 kW at 50°C.  If the heat input is increased to 
18.7 kW, the system can provide 6.2 kW cooling capacity even at 50 °C condenser 
temperature.  It should be noted that the waste heat can be provided by both exhaust 
and coolant, and they both increase with engine speed (Table 6.3).  It is thus feasible 
to utilize the energy from waste heat to reach enough cooling capacity for a car.  The 
COP versus condenser temperature is plotted in Figure 6.9, which shows that the 









Figure 6.9 Effect of condenser temperature on COP 
 
Figure 6.8 Effect of condenser temperature on heat rate 
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6.3.4 Use CO2 and [HMIm][Tf2N] as working fluids 
The use of CO2 as a refrigerant has gained renewed interest in the air 
conditioning and refrigeration markets due to the negative environmental impacts of 
the current use of HCFC and HFC refrigerants.  Since R-134a has a global warming 
potential (GWP) of 1300, in EU it will be restricted from 2011 in all new cars and 
totally phase out by 2017.  CO2, known as refrigerant R744, has been a natural 
refrigerant for over one century.  It is neither flammable nor toxic like NH3, HFCs 
and HCFC.  CO2 is also cheap and ecologically clean (ODP = 0, GWP= 1) substance.  
The cost of carbon dioxide is about 100~120 times lower than that of R134a.  As an 
alternative refrigerant of R-134a, CO2 offers the following advantages: low price, 
simple servicing and compatibility with mineral oils.  The following case studies are 
not specific to automobile applications, but for general industrial or home air 
conditioning systems using CO2 as refrigerant.   
6.3.4.1 Vapor compression and absorption systems  
Officine Mario Dorin S.p.A. has published data on TCS CO2 compressor 
model [33].  The TCS model is a single stage compressor that is able to operate in 
transcritical conditions and commercial refrigeration for medium-low evaporating 
temperature.  The TCS 340 compressor does not have a common condenser, but a gas 
cooler, which is used to cool down the compressed CO2.  Thus, the global efficiency 
of the system is strongly dependent on how efficiently the heat exchange inside the 
gas cooler is.  Table 6.9 [33] lists the parameters of a TCS compressor.  The 
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evaporator is operated at -10 °C, the condenser temperature is at 15 °C, the duty input 
for the compressor is 3.3 kW.  The cooling capacity is 9.5 kW, and the COP is 2.88.   
 















TCS 340 20.65 75 15 -10 9.5 3.3 2.88 
 
The case study investigate an absorption system with model [HMIm][Tf2N] and 
CO2 as working fluids.  Table 6.10 lists the operating parameters.  The condenser (gas 
cooler) and evaporator temperatures are kept the same as the vapor compression 
system.  The absorber temperature is set as 20 °C and the generator temperature is 
110 °C.  The simulation results are given in Table 6.11. 
To reach the same cooling capacity of the evaporator of 9.5 kW, COP of 
absorption cycle is 1.29, while for the vapor compression system, it is 2.88.  As 
discussed in IL and R134a absorption system, these COPs are not comparable.  
Moreover, the work of pump in the absorption system is 0.82 kW, which is about 
25% of the duty needed for the compressor, 3.3kW.  The heat input for the generator 
is 7.36kW.  These results were obtained for just the model IL/CO2 system.  Further 




Table 6.10 Operating conditions for absorption air-conditioning system by using 
[HMIm][Tf2N] and CO2 as working fluids 
Tabs  [° C] Tcon  [° C] Teva [° C] Tgen [° C] Qeva [kW] 
20 15 -10 110 9.5 
 
Table 6.11 Simulation results for absorption air-conditioning system by using 


















50.87 26.49 0.05 1.34 1.39 15.20 7.36 0.82 1.29 
 
6.3.4.2 Effects of generator heat input on cool capacity of the absorption system  
This case study investigates the effects of the heat input of generator which 
varies from 5 kW to 17 kW and can be probably obtained from the waste heat.  As 
shown in Figure 6.10, the heat rates of all units increase with the heat rate of the 
generator.  The cooling capacity of the evaporator increases from 6.4 to 21.95 kW.  
When the heat input is 7.46 kW, the potential cooling capacity is 9.5 kW.  If the 
17kW heat is input into generator, the cooling capacity can even reach 21.95 kW, 
which is about 130% higher than the vapor compression system. 
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6.3.4.3 Effects of generator and absorber temperature on circulation ratio and COP   
This case is to investigate the effect of the generator and absorber temperature 
on circulation ratio and COP.  The condenser and evaporator temperature are kept the 
same as previous case, which are 15 °C and -10 °C, while the heat input of the 
generator is set as 7.36 kW.  When the generator temperature is changed from 110 °C 
to 130 °C, the concentration of refrigerant in the strong solution is increased; more 
refrigerant leaves the generator and enters the refrigeration circuit, resulting in a 
decreased circulation ratio as shown in Figure 6.11.  Similar to the case study of 
[HMIm][Tf2N] and R-134a, a larger pump is needed at a low circulation ratio.  The 
effect of the absorber temperature on circulation ratio is shown in Figure 6.12.  With 
higher temperatures in the absorber, the refrigerant concentration in weak solution is 
lower, which results in a higher circulation ratio.   
 
Figure 6.10  Heat capacity can be provided with available waste heat for generator 
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As shown in Figure 6.12 when the absorber temperature is 20 °C, the circulation 
ratio is 28.55 at generator temperature of 110 °C, which is about 2.1 times that of 130 
°C, 13.67.  At the absorber temperature of 10 °C, the circulation ratio changes 
from11.18 to 7.97.  At 5 °C, the circulation ratio is 8.27 at generator temperature 
110°C, which is about 1.29 times that of 130 °C, 6.43.  Figure 6.13 reveals that the 
COP decreases with the generator temperature.  Since both the absorber temperature 
and generator temperature affect the system performance significantly, these are two 
important parameters to be optimized.  In the range of investigation here, higher 
absorber temperature with lower generator temperature results in high circulation 











Figure 6.13 Effect of generator temperature on COP 
 






Figure 6.15 Effect of condenser temperature on the heat rates with larger heat 
input to the generator 
 





6.3.4.4 Effects of the condenser temperature on circulation ratio and performance 
This case study investigates the effects of the condenser temperature on the 
performance of the absorption system.  With CO2 refrigerant, the condenser is a gas 
cooler and the global efficiency of the system strongly depends on the heat exchange 
efficiency inside the gas cooler.  Thus, higher refrigerating capacities are found for 
lower gas cooler outlet temperatures.  The parameters of this case study are: the heat 
input to the generator is 9.5 kW, the evaporator temperature is 0 °C, the generator 
temperature is 110 °C, the absorber temperature is 20 °C, and the condenser 
temperature changes from -5°C to 20°C.  As shown in Figure 6.14, heat rates of 
absorber, condenser and evaporator all decrease with the condenser temperature.  The 
 
Figure 6.16 Effect of condenser temperature on COP 
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evaporator provides 5.30 kW cooling capacity at -5 °C.  The cooling capacity 
decreases to 4.29 kW at 20°C.  .  If the heat input of generator is increased to 21.1 kW, 
(see Figure 6.15), the system can provide 11.28 kW cooling capacity at 0°C and 9.51 
kW cooling capacity even at 20 °C.  Figure 6.16 reveals that COP decreases with 
condenser temperature.   
 
6.4 Conclusions 
The simulation studies reveal that the absorption refrigeration system using 
ionic liquids are viable alternatives to traditional vapor compression ones.  Simulation 
studies reveal that an absorption refrigeration system with [HMIm][Tf2N] and R-134a 
as working fluid is feasible for automobile applications.  The system can be operated 
by the waste heat from exhaust gases and the engine coolant system, thus reducing 
fuel consumption and air pollution.  As ionic liquids have no vapor pressure, an 
absorption system would have no need for a bulky rectifier.  With appropriate 
operating conditions, the working fluids using [HMIm][Tf2N] and R-134a, 
[HMIm][Tf2N] and CO2 can be operated with only waste heat to produce comparable 
cooling capacity as vapor compression system.  The optimal operating conditions and 
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Chapter 7 Phase Equilibrium Study of the Hydroformylation/Hydrogenation 
Reaction Using Ionic liquids/CO2 Biphasic System as Reaction Media 
 
Gas-liquid catalyzed reactions are very typical in the chemical industry, 
including hydrogenation, hydroformylation, and oxidation and so on. The choice of 
solvent can dramatically affect the reaction kinetics and the final separations. In order 
to fully understand the reaction with alternative solvents, complete fundamental 
investigations are necessary, such as thermodynamic, kinetic and mass transport 
properties, polarity, etc. To develop these reactions, the knowledge of the phase 
behavior of a reaction system is very important, as it helps to understand and explain 
the reaction kinetics results, which is also pre-requirement to plan and design the 
experiments and determine the operating conditions (temperature, pressure and 
concentration, etc).  
In this Chapter, the phase behavior of hydroformylation and hydrogenation 
using ionic liquid and CO2 as reaction media were investigated and analyzed. The 
effects of phase equilibrium on the catalytic reaction rate are discussed. 
 
7.1 Introduction 
7.1.1 Advantages  of biphasic ionic liquids/CO2  
Biphasic reaction system is one system which has two phases. Generally, a 
biphasic system for homogeneous catalysts include lower phase with catalyst and 
reactants, and upper phase can carry the reactant in and phase the product out, but the 
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lower phase and catalyst do not dissolve in upper phase. The biphasic reaction media 
have been applied into a broad variety of reactions and solvents, including water and 
organic solvents,[1-6] fluorinated solvents,[7] ionic liquids and supercritical solvents 
like supercritical carbon dioxide [8-9]. The unique phase properties of IL/CO2 make it 
a favorable biphasic solvent system. The CO2 (upper phase) can deliver reactants and 
separate product from IL (lower phase), whereas CO2 can be recompressed and 
recycled, IL phase with catalyst with catalyst can be reused. Therefore, the process is 
environmental benign. Moreover, if the product does not need further purification, the 
economical benefit will be a plus. In a commercial chemical process, the separation 
and purification units account for about >50% investment costs.  
A biphasic ionic liquid/CO2 system draws on the advantages of each of the 
respective technologies and helps overcome their challenges. Combining ionic 
liquid/CO2 as reaction media forms a biphasic system, where catalyst and reactants 
dissolve in solvents and stay in one phase, the product, but catalyst will be extracted 
to the other phase after reaction. The catalyst left over in solvent phase can be 
recycled. Moreover, the attracting of the biphasic system is CO2 can dramatically 
decrease the viscosity of ILs to that of common solvents, which results in increase the 
diffusivity of components in IL.  In concurrent studies in Scurto lab, the viscosity of 
the IL, [HMIm][Tf2N] was measured [8, 10].  The viscosity decreases approximately 
80+% with up to 60 bar of CO2 at 40°C.  This decrease in viscosity has been used to 
predict the diffusivity in the ionic liquid with approximately a 3 fold improvement 
over the same pressure range. 
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The advantages of combining ionic liquids and CO2 rather than using them 
individually have been reported by some groups. Several examples are chosen here. 
Scurto et al. [11-12] have demonstrated CO2 can be a switch to separate ILs from 
organics, where CO2 pressure/composition induces phase splitting into an IL-rich 
phase and an organic (or aqueous) phase.  For gas reaction,  Leitner and coworkers 
found that CO2 pressure can increase the solubility of reaction gases into the IL-phase 
[13-14].  Another important finding which was reported by Scurto and Leitner [15-
16], who demonstrated that CO2 can dramatically decrease the melting point of many 
ionic solids, even lower the  melting point over 100°C than their normal melting 
points.  This greatly expands the numbers of compounds and functional groups of 
potential ionic liquids to be used as liquids in a process for various applications. We 
can also design ionic liquids in a variety of structures, and choose one that 
preferentially dissolves the homogeneous catalyst and reactants as solvent for a 




The global phase behavior of ionic liquid and CO2 is discussed in Chapter 4.  
The phase behavior of [HMIm][Tf2N] and CO2 at 70°C were measured  and 
illustrated in Figure 7.1.  CO2 is very soluble in the ionic liquid and reaches 
approximately 40% mole CO2 at 50 bar and 65% mole at 100 bar.  Below 100 bar, the 
solubility increases with pressure is approximately linear. Above 100 bar, the increase 
in pressure results in only marginal increase in solubility. Above 250 bar, the 
solubility increases slowly.  In contrast, the ionic liquid in CO2 phase is 
immeasurably insoluble, they does not become miscible (critical) for [BMIm][PF6] 
and CO2 even at hyperbaric pressures, e.g. 3100 bar at 40°C [17], which is unlike 
CO2 with most organic solvents (CXLs), which become miscible (critical; one phase) 
 
Figure 7.1 Phase behavior of the IL, [HMIm][Tf2N] and CO2 at 70°C.   The solid line 
is smoothed data.  
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at moderate pressures (100-200bar)[18-19]. In Chapter 4 and 5, differences of phase 
behavior between ionic liquid/CO2 and ionic liquid/ refrigerant gases were discussed, 
ionic liquid/ refrigerant system can be critical at moderate pressure. For instance, as 
shown in Chapter 4, we have measured [BMIm][PF6] with R-134a becoming critical 
at approximately 110 bar at 50°C.   
Therefore, the combination of compressed CO2 and ionic liquids offers a 
number of benefits for catalyzed reactions, such as: ionic liquid phase sequesters the 
organometallic catalyst, the CO2 phase becomes the mobile phase for reactants and 
products, the product can partition freely between IL phase and CO2 phase, etc. 
7.1.2 Literature survey of phase behavior of IL/organic component/CO2 
multicompoenent systems 
Despite all the interests in ionic liquids/CO2 as reaction media, phase behavior 
studies are still scarce in the literature, especially for multicomponent phase equilibria 
for reaction systems. Up to the date, investigations mostly focus on the binary 
reaction system. For Ionic liquid –organic component –CO2 ternary system, Scurto et 
al. [11] used carbon dioxide to separate an organic compound–ionic liquid 
homogeneous mixture. Aki et al. [20] presented phase equilibria of different ionic 
liquid + organic +CO2 mixtures and the factors to control the vapor-liquid-liquid 
equilibrium in ternary systems at 40 ºC: choice of organic, the type of IL, and the 
concentration of IL in the organic component.  
Fu et al. [21] measured phase equilibrium of the ternary system "CO2 + [BMIm][PF6] 
+ naphthalene” and found naphthalene concentration in CO2-rich phase decreased 
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regularly with decreasing naphthalene molality in the liquid phase. Qi et al. [22] 
presented phase equilibrium data of CO2/chloroaluminate ionic liquid/benzene ternary 
system at 60ºC and pressure ranging from 30 to 100 bar. Two- or three-phase region 
exists based on different initial molar ratios of composition.  Pressure influences the 
equilibrium composition greatly in benzene rich phase. Zhang et al. [23] studied the 
phase behavior of CO2 – water - [BMIm][BF4]. At a fixed temperature or pressure, 
there can exist four phases. Compositions of the phases in three-phase region (ionic 
liquid-rich phase, water-rich phase, CO2-rich phase) were measured and the 
distribution coefficients of [BMIm][BF4] between IL-rich phase and water-rich phase 
were calculated.  Zhang et al. [24] also measured the high-pressure phase behavior of 
CO2/[BMIm][PF6]/acetone and of CO2/[BMIm][PF6]/methonal system [25]. The 
distribution coefficients of the components between different phases were calculated 
based on the phase equilibrium data.  
Nadjanovic-Visak et al. [26] also observed CO2 pressure split the phases in 
systems with an ionic liquid. Water was shown to be a very good co-solvent.  If a 
small amount of water is present in the [BMIm][Tf2N]/1-butanol system, it will 
decrease the UCST as much as 1.5 K per mol% of water added to butanol.   
All of these investigations provide a solid basis for separating the solute from 
ionic liquid phase using CO2. There are only a few phase behavior study for reaction 
system. Kuehne et al. [27] investigated the liquid–vapor equilibrium for the ternary 
system [BMIm][BF4] + 4-isobutylacetophenone + CO2  of an intermediary 
hydrogenation reaction in the production of ibuprofen. This ternary system showed a 
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liquid–vapor equilibrium and a liquid–liquid equilibrium at 60 mol % CO2 in the 
mixture under their experimental conditions,. Zhang et al. [28] showed the effect of 
CO2 on the phase behavior of the reaction system and equilibrium conversion for 
esterification of acetic acid and ethanol in 1-butyl-3-methylimidazolium hydrogen 
sulfate([BMIm][HSO4]) at 60.0 ºC up to 150 bar. The reaction system starts as one in 
the absence of CO2, and then underwent two-phase→three-phase→two-phase 
transitions with increasing pressure.  The pressure of CO2 or the phase behavior of the 
system affected the equilibrium conversion of the reaction. The total equilibrium 
conversion was 64% without CO2 and could be as high as 80% with 90 bar CO2 
pressure.   
 
7.2 Motivation 
Based on the literature survey, however, the role of CO2 and its effect on the 
reaction is often reported conflicting, especially in terms of reaction rate/activity. 
Some of them think CO2 will speed up the reactions, while the other believe it will 
reduce the reaction rate. Phase Equilibrium knowledge is vital to understand the 
contradictory trends in the literature and do the reaction engineering of an actual 
process.  Therefore, in this chapter, the complete phase behavior of CO2, ionic liquid 
and reaction system were investigated for hydrogenation and hydroformylation 
reactions. The effects of CO2 pressure on phase behavior and reaction rate are 
discussed, and kinetics results are explained by phase equilibrium data. 
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7.3 Hydroformylation Reaction 
The hydroformylation reaction is the addition of synthesis gas (CO and H2) to 
alkenes to form aldehydes. A model system of hydroformylation of 1-octene to 
produce nonanal was chosen here, which is catalyzed by rhodium and a simple 
triphenylphosphine ligand. [HMIm][Tf2N], was chosen here, the details of ionic 
liquid synthesis procedure and analysis results are given in Chapter 2. All of materials 
used are listed in Chapter 2. In order to understand the reaction kinetics by using a 
tunable IL/CO2 biphasic system as reaction media and to engineer efficient reactions 
and separations, the complete phase behavior for reaction were measured. The vapor-
liquid phase equilibrium, liquid - liquid phase equilibrium, mixture critical points 
were measured in this Chapter. The details of the apparatus set up and experimental 
procedure are described in detail in Chapter 2. The thermodynamic data also help to 
explain the different trends reported in the literature of the contribution of CO2 to 
reaction system. The reaction mechanism is shown in Figure 7.2. The ratio between 
synthesis gas H2 and CO was kept as 1:1. 
 
   
 
 
Figure 7.2 Hydroformylation mechanism of 1-octene with syngas (H2:CO= 1:1 by 
mole) to n-nonanal (preferred) and the branched 1-methyl-octanal. 
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7.3.1 Phase equilibria of IL, CO2 and reactants/products for hydroformylation reaction 
The phase behavior of the reactants, product, CO2, and the ionic liquid was 
fully investigated in this chapter.  The various phase equilibria will be presented. A 
separation method by CO2 pressure was also studied.  The effects of CO2 pressure on 
reaction rate are connected to the operating conditions, and the kinetics results are 
explained by phase equilibrium knowledge. 
7.3.1.1 Volume expansion of the ionic liquid 
As shown in Figure 7.1, CO2 is highly soluble in ionic liquids, [HMIm][Tf2N],  
at 70°C. With pressure, CO2 begins to dissolve into the IL phase and slightly expands 
the liquid mixture volume. Thus, the total volume of the liquid mixture will increase, 
which will affect the molarity of the reactant in the reaction in biphasic IL/CO2 
systems. At 70°C, the volume expansion of the [HMIm][Tf2N] with CO2 and with a 
mixture of CO2 and syngas (H2:CO =1:1 by mole) have been measured. The data is 
given in Table 7.1 and shown in Figure 7.3.  The volume expansion with the IL was 
also measured with different pressures of syngas (CO/H2), which is a quaternary 
system of a mixture of syngas (H2,CO), IL, and CO2.  As a multi-component system, it 
technically requires the specifications of the initial and final loading of all 
components, such as, concentrations or molar ratios, according to the Gibbs phase 
rule, to adequately characterize the thermodynamic properties (including volume 
expansion).  For instance, syngas loaded into a reaction cell could be fixed at 6.11 bar, 
but without knowledge of the amount of IL and the amount in the vapor phase, it 
would hard to know the loaded amount (moles) of syngas.  However, as the solubility 
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of the syngas is relatively low, the vapor-phase mole fraction will not change 
appreciably.  Since the solubility of syngas is much lower than CO2, the gas mixture 
with syngas can not expand the liquid volume as much as pure CO2 pressure. The 
volume expansion with the mixed gases should change little whether loaded at a 
given pressure with a syngas to IL ratio of 0.5 or 1, for instance.  The majority of the 
loaded syngas will stay in the CO2 rich gas phase.  Thus, the volume expansion at 
other conditions will be nearly similar.       
With 119.8 bar pure CO2 pressure, the IL rich liquid phase can be expanded 
by approximately 25%.  However, with initial syngas pressure, the liquid volume 
expansion will decrease compared to the cases with only CO2 pressure. For instance, 
at a given pressure, the volume expansion decreases about 33% with an initial 
pressure of approximately 6.11 bar of syngas over that of just pure CO2. The volume 
expansion difference is expected due to lower solubility of H2 and CO compared to 
CO2 [30-33].  The introduction of syngas to the system reduces the partial pressure or, 
more appropriately, increase the fugacity of CO2 in the vapor phase. Therefore, the 
solubility of CO2 at a given pressure in the liquid phase will be lower.  If the volume 
expansion of the CO2/H2/CO mixture were linearly related to the partial pressure of 
the CO2 in the vapor phase, the volume expansion of the mixture would not change 
for the case of the total pressure in the pure CO2 equals to the partial pressure in the 
mixed gas case.  However, based on the experimental data, the volume expansion 
with 30 bar initially of syngas is equal to the pure CO2 case at approximately 22 bar 
lower, not 30 bar lower as given by the partial pressures.   Therefore, one cannot 
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predict, the exact volume expansion with the gaseous mixture of interest for reactions 
by simply knowing the volume expansion at a certain pressure of pure CO2. 
7.3.1.2 Phase behavior of the reactants/product and CO2 
The knowledge of phase behavior of the reactants and products with CO2 
(without the IL) lead to valuable insights on the effect of pressure on the biphasic 
IL/CO2 reaction system.  Organic reactants and products, such as 1-octene and n-
nonanal, can become miscible with CO2 at certain conditions (temperature, pressure, 
and composition) above the bubble point or beyond the mixture critical point.  The 
phase behavior and equilibrium of1-octene, n-nonanal, 1-octene/n-nonanal mixture 
and CO2 are discussed in detail in Chapter 8. Here are only the results. At a given 
temperature, the mixture critical point is the highest pressure and composition where 
a vapor and liquid phase can coexist.  The hydroformylation reaction system involves 
syngas, CO2, 1-octene and n-nonanal, which is a 5-component system. For a mixture 
with two or more components, the mixture critical points can change with initial 
composition. As the ionic liquid is immeasurably insoluble in the CO2 phase under 
the conditions studied here, the ionic liquid and CO2 can not become critical. The 
unique phase behavior of ionic liquid and CO2 results in a biphasic IL/CO2 system.  
The fluid phase is directly tied to the phase behavior of the reactants, product and 




Table 7.1  Volume expansiona of [HMIm][Tf2N] with CO2 and CO2 & syngas 
(CO/H2) at 70°C 
Pure CO2 
CO2 with initially 6.11 
barb CO/H2(1:1) 
CO2 with initially 30.06 
barc CO/H2(1:1) 
P [bar] ΔV/V0 [%] P [bar] ΔV/V0 [%] P [bar] ΔV/V0 [%] 
16.86 1.74 16.27 1.16 60.59 6.61 
28.44 3.86 39.76 5.20 95.98 12.79 
39.97 6.44 59.88 10.26 117.91 18.72 
58.44 10.91 79.57 15.03 153.96 25.85 
70.80 13.92 94.24 18.97 195.55 31.08 
94.65 19.64 107.59 21.92   
119.78 24.95 120.70 24.17   
a %ΔV/V0= [V(P)- V(P=1 bar)]/ V(P=1 bar)×100; b molar ratio of syngas:IL in the 
system is 0.293  c syngas:IL = 0.809 
 
 
Figure 7.4 illustrates the mixture critical pressure at 70°C as the proportion of 
1-octene to n-nonanal is varied between pure 1-octene and pure n-nonanal (on a CO2-
free basis). Above the mixture critical point line, a one phase mixture exists, and 
below the line, two-phase vapor-liquid equilibrium exists.  The change in 
concentration corresponds to the conversion for the hydroformylation reaction.  As 
shown in Figure 7.4, the mixture critical pressure increases from pure reactant (0% 
conversion), to pure product (100% conversion).  Thus the phase behavior throughout 
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the entire composition (conversion) range must be known before running and 
maintaining reaction in a single phase throughout the reaction.  For reactions in 
supercritical fluids, a single phase is usually desired, but simply choosing a pressure 
just above the critical point of the reactant (1-octene)/CO2 system at beginning will 
yield two phases during the reaction.  Similar conclusions were reached by Han, 
Poliakoff and coworkers[34], when studying the effect of the mixture critical point on 
reactions in initially single-phase supercritical fluids.  The addition of syngas 
increases the mixture critical point, as shown in Figure 7.4.  It also demonstrates that 
mixture critical pressure increased is beyond the initial syngas pressure (i.e. 30 bar).  
This is in an analogous manner to the volume expansion differences as discussed 
above.  With an initial loading of 30 bar of syngas, the mixture critical pressure 
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Figure 7.3 Volume expansion (%ΔV/V0= (V-V0)/V0×100; pure IL volume, V0) of 
[HMIm][Tf2N] with CO2 pressure with/without H2 at 70°C; molar ratio of syngas:IL in 
the system is 0.3 at Psyngas = 6 bar and at 30 bar, 0.8.  
Initial Mole Fraction Nonanal (CO2-free)  or CONVERSION















Mixture Critical Point With 30 bar Syngas
Mixture Critical Point With 0 bar Syngas
 
Figure 7.4 Phase behavior of 1-octene and n-nonanal and CO2 as percent of 
initial amount of nonanal (CO2-free basis); or can be read as phase behavior as a 
function of the conversion. 
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7.3.1.3 Phase behavior of the H2/CO in IL with CO2 
It has been reported in the literature that the presence of CO2 may enhance the 
solubility of permanent gases, such as CO, H2, O2, CH4, in ionic liquids over the pure 
gases as similar pressures.  Brennecke and coworkers [35] presented moderate to no 
enhancement for O2 and CH4.  However, Solinas et al. [36-37] reported significant 
enhancement of H2 in ionic liquids as observed from proton NMR.  This phenomenon 
has been well-established for the CO2-enhanced solubility of gases in organic 
solvents [14, 38-39]. 
Table 7.2  Mixture critical points of different initial ratios of 1-octene and n-nonanal 
with CO2 and with CO2 & CO/H2 at 70 ºC 
  
CO2 CO2 with Initial 30 bar CO/H2 Pressures c  
Mole Fraction of 
n-nonanal a  
Critical 
Pressure [bar] 
Mole Fraction of  n-
nonanal b 
Critical Pressure  
 [bar]  
0.00 115.30 0.00 147.13 
0.10 121.90 0.25 159.41 
0.33 124.31 0.50 166.39 
0.50 130.50 0.75 176.46 
0.67 132.75 1.00 188.30 
0.90 133.80   
1.00 136.10   
a  CO2-free basis; b CO2/syngas free basis;  
c initial molar ratio of syngas : IL = 0.81:1 
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7.3.2 Effects of phase equilibrium on the catalytic reaction rate 
The phase behavior with the pressure/composition effect on the reaction 
system was shown in Figure 7.5. The volume expansion data were also measured and 
given in Figure 7.3 and Table 7.1.  The reaction results, which were done by Azita 
Ahosseini in the Scurto group, show that the apparent lower reaction rate with 
increasing CO2 pressures. Before about 115 bar, the reaction rate slightly decreases 
with CO2 pressure. However, after 115 bar, the reaction rate is affected by CO2 
pressure dramatically.  How to explain the reaction results and kinetics using the 
phase equilibrium data is the main objective here. 
 
It is obvious from Figure 7.5 that the reaction rate deceases apparently with 
CO2 pressure. Firstly, when the reaction is operated at a relatively low pressure range 
(<115 bar), the system is below the mixture critical pressure of 1-octene and CO2. In 
this regime, 1-octene can be assumed to be found mostly in the IL phase, and, thus, 
Pressure [bar]














Figure 7.5 Reaction of the hydroformylation of 1-octene with total pressure CO2.  
Line is of smoothed data. 
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the total moles of 1-octene are constant.  However, as CO2 pressure increases, CO2 
dissolves in the liquid phase and the volume of the liquid phase (ionic liquid rich 
phase) will continually expand. With constant moles and increasing volume, molarity 
of the reactant decreases as shown in Figure 7.6. Therefore, CO2 pressure results in 
the dilution of reactants.  For example, the concentration of 1-octene in the IL phase 
is initially about 45 mM without CO2 pressure for the actual reaction. When the 
system is added about 130 bar CO2 and 30 bar syngas, the liquid volume is expanded 
about 30% based on the volume expansion data in Table 7.1. Thus the concentration 
of 1-octene is decreased about 25% to approximately 34 mM. CO2 pressure results in 
the dilution of reactants, which will decrease the overall reaction rate which is 
















































Figure 7.6 Volume expansion and molarity of 1-octene in the IL phase vs CO2 
pressure.  
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Secondly, when the reaction is operated at relatively high pressure (>115bar), 
for instance, CO2 pressure equals or is higher than the mixture critical pressure of the 
binary system of 1-octene and CO2, and 1-octene will be completely miscible with 
CO2.   In the multi-component IL/CO2 biphasic system, the reactant, 1-octene will 
partition from the catalytic IL phase to CO2 phase.  As shown in Table 7.2, this 
mixture critical point of CO2, the reactant and product with the IL changes with 
temperature and pressure.  ILs are not soluble in the CO2-phase and the CO2/IL 
mixture cannot become critical. With the organic/ionic liquid mixture, increasing CO2 
pressure will partition the organic component out of catalytic ionic liquid phase. 
Therefore, at high pressure, especially after binary mixture critical points, the reaction 
rate decreased dramatically (see Figure 7.5). A similar reaction run at 120 bar helium 
pressure instead of CO2 confirms this analysis, since the kinetic rate is similar to the 
CO2-free condition.  Compared with CO2, the solubility of helium in ionic liquid is 
orders of magnitude lower. The mixture critical point of helium and organic 
component is not reported, but expected to be orders of magnitude higher than with CO2. 
Combined the reaction kinetics results with the phase behavior study; it was 
found that the pressure of about 115 bar defines two regions. The pressure draws a 
boundary for regions having different effects (Figure 7.7).  As given in Table 7.2, 115 
bar pressure is the mixture critical point of 1-octene and CO2, which means that 1-
octene become totally miscible with CO2 after 115 bar for the binary system.  For the 
ternary system with the IL, this means that the 1-octene would preferentially partition 
into the CO2 phase. 
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Another potential factor leading to a reaction rate decrease due to high CO2 
pressure may be partitioning of catalyst out of IL phase to CO2 phase. It is reported 
by Shimoyama et al. [40] that both TPP and Rh complex can dissolve to some extent 
in supercritical CO2. The solubility is about 8.7×10-4 for TPP and 5.8×10-7 for Rh 
mole fractions with 15 bar CO2 pressure at 60 ºC. Wagner et al. [41] measured TPP 
solubility measurement in CO2 and found similar solubility.  While the ligand is three 
orders of magnitude more soluble than the Rh complex in supercritical CO2, both 
have very low solubility in supercritical CO2.  Thus, compared with reactant 
partitioning, catalyst partitioning is not believed to have marked effect in the biphasic 
IL/CO2 reaction system.   
 
Figure 7.7 Hydroformylation reaction results based on nominal concentration 
[molarity] [8]. 
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Thus, the reaction rate trend decrease with the increasing CO2 pressure, which 
can be divided into two regions (dash line in Figure 7.9): dilution of reactant 
dominates at relatively lower pressure (<115 bar) and reactant partitioning (extraction) 
from the catalytic IL-rich phase to CO2-rich phase dominates at relatively higher 
pressure (>115bar). This behavior explains the findings of other researchers in the 
literature that report similar decreases in reaction rate with increased CO2 pressure.  
The actual concentration of reactants, including 1-octene, H2 and CO, determined by 
accurate phase equilibrium measurement, plays an important role to determine the 
intrinsic kinetic constants for a given rate mechanism. The phase behavior 
equilibrium data of reactant and product with CO2 were measured and given in 
Chapter 8. Understanding on phase behavior and kinetics are necessary and important 
for the properly design of the reaction system and process. This investigation here 
provides the whole picture to achieve high throughput for a biphasic reaction system 
using IL/CO2 as reaction media. 
7.3.3 Product separation: phase behavior of the reactant/product, IL, and CO2 
In addition, the phase behavior of the ionic liquid, reactant, product and CO2 
can yield insight in the reaction phenomena as well as illustrate potential advanced 
separation techniques.  Scurto et al. [11-12] and other researchers [24, 26, 42-44] 
have indicated that CO2 at certain conditions can be used to induce phase splitting and 
separation into an IL-rich phase and an organic-rich phase.  The ambient pressure 
phase behavior of 1-octene, n-nonanal and [HMIm][Tf2N] is illustrated in Figure 7.8.  
As shown, the product is miscible with the IL phase, but the reactant, 1-octene, is 
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only partially miscible.  Thus, as conversion increases, the reaction could proceed 
from a two-phase region to a single miscible phase depending on the initial 
concentration of 1-octene.  From a separations perspective, immiscible products 
would be preferred, as they would naturally separate.  However, with CO2 there are 
other possibilities and regions of behavior that must be understood for efficient 
reactions and separations of the biphasic IL/CO2 reactions.              
 
With CO2 pressure the organic liquids (reactant and product) may be induced 
to separate from the IL mixture.  Figures 7.9 and 7.10 illustrate the qualitative phase 
behavior of loading of <30% of [HMIm][Tf2N] with the product n-nonanal or 
mixtures with 1-octene.   As shown, the mixture is homogeneous at ambient 
conditions. When CO2 pressure is applied, the transition from VLE to vapor-liquid-
 
Figure 7.8 Ambient pressure phase behavior of 1-octene, n-nonanal, and 
[HMIm][Tf2N] at 22°C.    
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liquid equilibrium (VLLE) (V-L → V-L1-L2) is encountered, which is the first 
instance of liquid instability leading to two liquid phases in equilibrium with a vapor 
phase (VLLE).   As pressure is increased, the relative volume of the organic-rich 
phase increases until it reaches the “K-point” where the organic-rich phase and CO2 
phase become critical and miscible to each other leaving an IL-rich phase and a vapor 
(fluid) phase.  Above the “K-point” pressure, more of the remaining amount of 
organic in the IL phases partitions to the upper fluid phase, similar to supercritical 
fluid extraction from ionic liquids [45].  The K-point pressures have been observed to 
be identical within experimental accuracy to the mixture critical points of the binary 
organic and CO2 system without the IL.  This is due to the lack of IL in the CO2 vapor 
phase and in the middle organic-rich phase near the K-point as confirmed in similar 
systems by Aki et al.[42].   
 
 
Figure 7.9 Pictures of the phase behavior in the autoclaves with increasing 
temperature and pressure  
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Often multiphase situations are avoided in reactions systems due to the 
interfacial mass transfer limitations.  However, as the dissolved CO2 significantly 
increases the mass transport properties of the IL phase, multiphase scenarios may not 
necessarily lead to mass-transport limited reaction kinetics.     
 
 
The pressure of the transition to VLLE (V-L→V-L1-L2) and back to VLE 
behavior (K-point) for mixtures of the IL with the product n-nonanal with CO2 are 
illustrated in Figure 7.10.  As shown, the mixture splits into two liquid phases at 
approximately 117 bar of pressure with an initial concentration of IL of 10% mole 
and 124 bar at 25% mole of the IL.  The K-point of these two mixtures was nearly 
identical at 136 bar.  When the concentration of the IL was further increased in the 
initial mixture, phase splitting did not occur.  However, under these conditions, the 
nonanal would partition between the CO2 phase and the IL phase, with a rapid 
increase in the partition occurring in the regime near the binary nonanal/CO2 mixture 
critical point conditions of pressure 136 bar (see above).   
 
Figure 7.10 Diagram of the phase behavior in the autoclaves with increasing 
temperature and pressure for mixtures of the organic reactants/products with the IL 
and CO2 pressure.   
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Table 7.3 Phase transition of n-nonanal, [HMIm][Tf2N], with CO2 at 70°C. 
Initial loading ILa  
[mole %] 
VLE to VLLE  (V-L→V-L1-L2)  
Phase Split Pressure [Bar] 
K-point (L-L=V) 
[Bar] 
0 -- 136.1 
10 117.3 136.2 
25 124.2 136.3 
31 No Split -- 
50 No Split -- 
a CO2-free basis 
 
For the case of incomplete conversion, mixtures of 1-octene and n-nonanal 
will exist and this will change the condition of the transition (V-L→V-L1-L2) and K-
point.  Various ratios of 1-octene to n-nonanal were mixed with 10% mole of the IL.  
The VLE to VLLE transition and K-points are compared in Table 7.3.  As large 
loadings of 1-octene are only partially miscible with the IL, two phases occur at 
ambient pressures to the K-point.  The mixture critical point without the ionic liquid 
(in parentheses in the table) is within experimental accuracy of the case with the IL.  
The mixtures of equal portions of 1-octene and n-nonanal (45%:45%) with 10% IL 
are initially miscible and form the two liquid phase condition at relatively low 
pressure (32 bar).  With higher proportion of n-nonanal, the VLE to VLLE transition 
pressure increases.    
These results would have significant effect in the design of high-throughput 
reactions in biphasic IL/CO2 systems.  The catalytic results presented above are 
performed below the concentrations where phase splitting occurs.  However, for 
higher loadings needed for realistic applications, the LLV and K-points must be 
known for proper engineering.   
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Table 7.4 Phase behavior of mixtures of 1-octene and n-nonanal with 10% mole 
[HMIm][Tf2N] with CO2 at 70°C 
Initial loading of 1-octene 
[mole %]a 





Octene (90%) LLE @ 1 bar 115.5 (115.3) 
Nonanal(30%)+Octene(60%) LLE @ 1 bar 124.1 (124.3) 
Nonanal(45%)+Octene(45%) 32.0 131.0 (130.5) 
Nonanal(60%)+Octene(30%) 87.4 132.5 (132.8) 
Nonanal (90%) 117.3 136.2 (136.1) 
a with 10% IL; b critical pressure without IL in parentheses. 
 
7.3.4 Conclusions for the hydroformylation reaction 
The hydroformylation reaction of 1-octene using ionic liquid/CO2 as reaction 
media was investigated, where [HMIm][Tf2N] was chosen as model IL.  Complete 
phase behavior studies were performed for the reactant, product, CO2 and ionic liquid 
including volume expansion of liquid phase with CO2 pressure. The reaction rate 
trend can be divided into two regions with different primary phenomena: dilution 
effect and reactant partitioning.  With these phenomena understood, high-efficiency 
reaction engineering may be performed.  A biphasic reaction system with IL/CO2 for 
homogeneously catalyzed reactions provides a highly tunable, flexible and 
economical platform for reaction and separations.  Detailed phase behavior and 
equilibrium are very important for fully understanding the kinetics results, 
determining the operating conditions, choosing appropriate separation process and 
properly designing an optimal reaction system. 
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7.4 Hydrogenation Reaction 
The hydrogenation reaction is widely used in industry. Here, the 
hydrogenation of 1-octene catalyzed by rhodium-triphenylphosphine was used as a 
model reaction to investigate the effects of CO2 pressure on reaction kinetics in the 
Scurto group. A biphasic ionic liquid/CO2 system was chosen as reaction media, in 
which a model ionic liquid, 1-hexyl-3-methyl-imidazolium 
bis(trifluormethanesulfonyl)amide ([HMIm][Tf2N]), was used, since it has been 
chosen as a model IL by International Union of Pure and Applied Chemistry(IUPAC). 
The reaction is shown in Figure 7.11.  
 
7.4.1 Phase behavior of the reactant/product/CO2  
Even the simplest chemical reaction is likely to involve three components, e.g. 
reactant, product, and solvent, and most reactions generally involve more.  Therefore, 
any study of reaction chemistry necessarily involves the phase equilibrium of 
multicomponent mixtures. In this work, the phase behavior of the reactants (1-octene, 
H2) and products (octane) with CO2 (without the IL) were measured, which also 
yields valuable insight into the reaction mixture phenomena.  As will be discussed in 
Chapter 8, organic liquids, such as 1-octene and octane, can become miscible with 
CO2 at certain conditions (temperature, pressure, and composition) above the bubble 
 
Figure 7.11 Reaction mechanism of hydrogenation reaction 
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point (solubility of the CO2 in the liquid phase) or at conditions beyond the mixture 
critical point. The mixture's critical point (CP) is defined as the point where the two 
phases are identical. The mixture critical pressure is defined as the highest pressure 
and composition at a given temperature where a vapor and liquid phase can coexist.  
For liquid mixtures with multiple components, the mixture critical points can change 
with composition.  
Figure 7.12 illustrates the mixture critical pressure at 70°C with conversion 
between pure 1-octene and pure octane on a CO2-free basis. The proportion of 1-
octene to octane is varied between as ratio of 3:1, 1:1, 1:3. Since the mixture critical 
point defines a boundary for different phase equilibria. Above mixture critical point 
line, only one phase exists, but below the line, two -phase vapor-liquid equilibrium 
exists.  This change in concentration corresponds to conversions of 0% (pure 1-
octene), 25%, 50%, 75% conversion, and 100% conversion (pure octane) for the 
actual hydrogenation reaction. As seen in Figure 7.12, both the binary mixture critical 
points of the organics with CO2 and their mixture of the organics have similar critical 
pressures.  This is believed to be due to similar physical and critical point properties 
of 1-octene and octane.  If the reaction is operated at the conditions above the mixture 
critical point, the system will remain in one phase regardless of the level of 
conversion.  Otherwise, it will be a biphasic system.  The Figure 7.12 also 
demonstrates that the mixture critical pressure increases with the addition of initial 
pressures of H2.  This is in an analogous manner to the volume expansion differences 
as discussed above in hydroformylation reaction. The mixture critical pressure 
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increases by approximately 12 bar over the pure CO2 conditions with an initial 
loading of 10 bar of H2. With an initial loading of 50 bar of H2, the mixture critical 
pressure increases about 57 bar compared with the pure CO2 conditions. 
 
      
Table 7.5  Mixture critical points of 1-octene, octane and CO2 with H2 at 70 °C       
 Mixture Critical Points 
  CO2 with Initial Pressures of H2 
Mole Fraction Octane 
(CO2-free Basis) 
Pure CO2 10 bar 30 bar 50 bar 
0 116.45 129.79 161.62 181.74
0.25 115.29 128.27 161.36 181.76
0.5 114.03 128.90 159.90 181.55
0.75 113.95 128.56 160.98 182.00
1 114.69 129.28 160.77 181.65
Initial Mole Fraction Octane (CO2-free)  or CONVERSION





















Figure 7.12 Phase behavior of 1-Octene and Octane and CO2 as percent of initial 
amount of octane (CO2-free basis) or the conversion. 
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7.4.2 Volume expansion of the ionic liquid  
As discussed in Chapter 5, CO2 is highly soluble in ionic liquids.  When CO2 
begins to dissolve into the IL phase, it expands the liquid and increases the total 
volume of the mixture. However, the volume expansion of ionic liquids is much 
smaller than organic liquids at similar pressure. For instance, with CO2 pressure, 
methanol volume can be expanded to 200% at approximately 69.73 bar and 35°C, 
686.15% at 72.63 bar [46].  The volume expansion of the [HMIm][Tf2N] with CO2 
pressure with or without hydrogen have been measured at 70°C. The volume 
expansion data of [HMIm][Tf2N] with CO2 are shown in Chapter 7.3, it is given here 
again to compared with volume expansion data with hydrogen pressure.   
 
As seen in Figure 7.13, the IL phase expands by approximately 25% over the 
volume at a CO2 pressure range of 120 bar.  With an initial pressure of approximately 
P [ Bar]












CO2 and 6.15 Bar H2
 
Figure 7.13 Volume expansion of [HMIm][Tf2N] with CO2 pressure with/without H2 
at 70°C. 
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6 bar of H2, at a given pressure, the volume expansion decreases compared to pure 
CO2.  When the volume expansion is the same, the pressure difference is not just the 
initial 6 bar as of H2 initially loading, but approximately 8-10 bar higher than the pure 
CO2 case. 
Table 7.6  Volume expansion of [HMIm][Tf2N] with CO2 and CO2 with H2 pressure 
at 70 °C 
Pure CO2 CO2 with initially 6.15 bar H2 
P [bar] ΔV/V0 P [bar] ΔV/V0 
16.86 0.0174 21.87 0.0078 
28.44 0.0386 33.06 0.0280 
39.97 0.0644 60.29 0.0928 
58.44 0.1091 74.66 0.1230 
70.8 0.1392 91.43 0.1625 
94.65 0.1964 107.58 0.1992 
119.78 0.2495 120.62 0.2247 
a ΔV/V0= [V(PCO2)- V(PCO2=1 bar)]/ V(PCO2=1 bar) 
7.4.3. Effects of phase equilibrium on the catalytic reaction rate 
The effect of CO2 pressure on the reaction rate was investigated and given in 
Figure 7.14. The kinetics study was done by my colleague, Azita Ahosseini [9].  The 
motivation of the study is based on inconsistent literature reports. Some report that 
CO2 pressure increases the reaction rate, but others say that it decreases the rate.  
Kinetics results in Figure 7.14 show that increasing CO2 pressure seems to decrease 
the reaction rate. How does the presence of CO2 affect the reaction rate? In this 
session, phase equilibrium knowledge is used to explain how the mechanism 
dominates phenomena by elevated CO2 pressure.   
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The phase behavior study indicates that a boundary of reactant, 1-octene, 
product, octane, and reactant gas, H2, is normally completely soluble/miscible in the 
CO2 phase above the critical point (Figure 7.12).  Above these approximate pressures, 
the reaction results (Figure 7.14) show lower reaction rate with an increase of CO2 
pressure.  At the pressure above its mixture critical point with the CO2 and/or CO2/H2 
mixture, reactant 1-octene partitions favorably into the CO2-phase from the IL phase.  
As 1-octene partitions away from the catalytic ionic liquid phase to non-catalytic CO2 
phase, it is obvious to see the reaction rate decrease as the corresponding molarity of 
the reactant decreasing.  Thus, the more dramatic drop in reaction rate at the higher 
pressures can be due to the decrease in solubility or concentration of the 1-octene 
reactant as seen in Figure 7.14.   
However, at lower pressures of CO2, 1-octene will stay the catalytic phase-
ionic liquid phase. Partitioning between two phases will not be the dominant factor, 
Pressure [bar]















Figure 7.14 Reaction of the hydrogenation of 1-octene with total pressure CO2. 
Reaction conditions:   PH2 = 30 bar, 70°C; 3 hours catalyzed by Rh-TPP (1:4) [46] 
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but dilution.  Here, dilution is a dominate factor that affects the reaction rate. The 
concentration of a reactant in the IL phase is affected by CO2 pressure, which is 
apparent by the volume expansion study.  The volume expansion data, given in 
Figure 7.13 and Table 7.6, indicate that the reaction mixture is expanded with the 
increasing CO2 pressure, so that the volume of the reaction mixtures will increase 
accordingly. While keeping mass or moles of the reactant in the initial IL constant, 
the addition of CO2 will decrease the molarity of the reactant due to the 
accompanying volume expansion.  For instance, if the concentration of 1-octene in 
the IL is 1M at atmosphere pressure, then when CO2 pressure is increased to 120 bar, 
the concentration of 1-octene would be reduced by 20% to 0.8 M.  This concentration 
reduction results in dilution before the reaction occurs.  In the real reaction scenario, 
the reaction rate is determined by the order of the kinetic rate expression. 
Concentration dilution will decrease the reaction rate. 
Therefore, the combination of phase behavior study and volume expansion 
data, the reaction rate will be affected by both the partitioning of the reactant and the 
reactants dilution.  With complete measurement and thorough characterization of the 
phase equilibrium, the reactant concentration and molarity, including 1-octene and H2, 
can be determined with volume expansion data. Then reaction rate can be determined 
by intrinsic kinetic constants from kinetic rate expression for a given rate mechanism. 
From the discussion above, it is obvious that the reaction rate decreases with CO2 
pressure, although the effect of CO2 concentration on the intrinsic kinetics is not clear.   
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7.4.4 Conclusions for the hydrogenation reaction 
The biphasic ionic liquid/CO2 system was proposed as alternative solvent for 
hydrogenation reaction of 1-octene. The combination of reaction media overcome the 
challenges of  using ionic liquid and CO2 individually as solvent for catalytic reaction 
and the benefits are explained and listed. The phase behavior and volume expansion 
with CO2 pressure were studied. The kinetics results and observations are reasonable 
explained by phase equilibrium data. Reactants partitioning and dilution with CO2 
pressure affect the reaction rate apparently, and show a negative effect. However, a 
biphasic IL/CO2 system represents a highly tunable and flexible platform for 
homogeneously catalyzed reactions.  Detailed phase equilibrium is needed to properly 
understand and engineer these reactions.   
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Chapter 8 High-Pressure Phase Equilibrium for the Hydroformylation of 
1-Octene to Nonanal in Compressed CO2 
 
8.1 Introduction 
Chapter 7 presents the high pressure phase equilibrium study of the 
hydroformylation reaction using ionic liquid/CO2 as reaction media. In this chapter, 
the high pressure phase behavior of hydroformylation reaction in compressed CO2 is 
investigated. The hydroformylation reaction converting olefins to aldehydes with 
synthesis gas CO/H2 is one of the largest homogeneously-catalyzed reactions in 
industry [1-2].  The reaction media has mostly used organic solvents, water, or 
solvent-free conditions. In recent years, CO2-expanded liquids (CXLs) gained 
increasing attentions due to lower pressure over supercritical systems, reduced 
solvent use and enhanced catalytic performance [3-5]. The reaction has been 
investigated in both CXLs [4, 6] and supercritical carbon dioxide [7-10]. For the 
hydroformylation reaction, it was also investigated in CO2-expanded ionic liquids 
(biphasic IL/CO2 systems) [11-14]. The phase equilibrium study for biphasic IL/CO2 
systems is given in Chapter 7.3. Accurate knowledge of the phase equilibria of the 
hydroformylation reaction mixtures is necessary to properly understand and design 
these reactions.  In addition, accurate equation of state modeling is needed to predict 
the phase equilibrium at operating conditions and optimize the reaction system.  
Several groups have investigated hydroformylation reactions in supercritical 
CO2  [4, 6, 15-18].  However, to properly explain the effect of operating conditions, 
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such as temperature, pressure and composition, on the reaction kinetics results in both 
the CXL and supercritical regimes, complete phase equilibria studies are needed.        
Guha et al. [19] presented a detailed reactor model incorporating reaction 
kinetics,   mass transfer rates and estimated phase equilibria to systematically 
investigate the effects of mass transfer and catalyst activation on induction period in 
1-octene hydroformylation in CXLs.  This report predicted all of the phase 
equilibrium using an equation of state.  Jiang et al. [20] studied the phase behavior of 
the system CO2, CO, H2, 1-hexene, and heptanal with conversion 0 to 1 at different 
temperatures. It is demonstrated that the phase behavior and mixture critical points of 
reaction system involving 5 components change with conversion of 1-hexene, 
temperature and pressure.  Ke et al. [6, 21] reported the change in mixture critical 
points with conversion for the hydroformylation of propene in supercritical CO2.  
Fujita et al. [15-16] investigated effects of fluorinated phosphine ligand/rhodium 
complexes and reaction conditions on the hydroformylation of 1-hexene and 1,5-
hexadiene in supercritical carbon dioxide and in toluene.  They observed phase 
changes with conversion and found that the yield changes with CO2 pressure. 
However, they did not study the complete phase behavior to explain the reaction 
results.  Recently, Pereda et al. [22] reviewed the effects of phase equilibrium on 
reactions and reaction engineering in supercritical fluids involving hydrogenation and 
Fisher–Tropsch. 
This Chapter reports the investigations of the vapor-liquid phase equilibrium, 
volume expansion, liquid molar volume and mixture critical points for binary systems 
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of 1-octene/CO2 and nonanal/CO2, and the ternary mixture of 1-octene/nonanal/CO2 
at various initial ratios of the 1-octene:nonanal.  The volume expansion and mixture 
critical points are also measured for the system with all reactants and products of 1-
octene/nonanal/CO2/CO/H2.  The mixture critical points define the boundary for 
different phase equilibria.  One can choose the operating conditions (temperature, 
pressure) for reaction based the phase behavior measured here.  Volume expansion 
data are particularly important to calculate the molarity of reaction mixtures at 
different amounts of CO2 present as kinetic rates are often based upon molarity.  
Reaction kinetics study can follow the molarity with conversion and pressure by 
volume expansion data here [23].   The equilibria are measured at 60°C (a common 
reaction temperature) and pressures to approximately 120 bar with reaction 
conversion as 0%, 25%, 50%, 75%, 100%.  
The phase equilibrium study of binary system between 1-octene and CO2, 
nonanal and CO2 were predicted by using PR EOS, which shows excellent correlation 
with experimental data.  During reaction, multi-components exist in the system. The 
ternary system phase equilibria of 1-octene, nonanal and CO2 are also predicted. The 
ternary equilibria are predicted only based on the interaction coefficients of 1-octene 
and CO2, nonanal and CO2.  Details are given in results and discussions session.   
8.2 Results and Discussions 
The solubility, volume expansion and molar volume of CO2 in 1-octene, nonanal 
and mixtures are measured at 60 °C and up to 120 bar in a in a static equilibrium 
apparatus. Details of the apparatus and materials used are described in Chapter 2.  For 
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the mixtures, the initial molar ratios of 1-octene and nonanal were 3:1, 1:1, and 1:3.  
In real reaction systems, the ratios would correspond to conversion of 25%, 50%, 
75%.  The pure 1-octene and nonanal correspond to the conversion of 0 and 100%.  
Therefore, all of data provide the whole scenario for the reaction.  In addition, the 
critical points of 1-octene, nonanal and CO2 are measured to determine the maximum 
pressure that a biphasic system would exist, which helps to determine the operating 
conditions if one wants to run the reaction in supercritical status at one phase, or gas-
liquid biphasic system.  The effects of CO/H2 on the mixture critical pressure are also 
considered.  
 
Table 8.1 Physical properties and equation of state parameters 
Components Formula MW [g/mol] Tb [K] Tc [K] Pc [bar] Ω 
1-octene C8H16 112.21 395.00 566.55 26.8 0.282 
Nonanal C9H18O 142.24 464.20 637.67 24.8 0.605 
Carbon Dioxide CO2 44.01 194.70 304.25 73.80 0.228 
Note: parameters are from PE2000 database[24] 
 
8.2.1 Binary vapor-liquid equilibrium systems 
8.2.1.1 Vapor-liquid equilibrium of CO2 in pure 1-octene  
The vapor-liquid equilibrium of CO2 in pure 1-octene is measured at 60 °C and 
pressure up to 98 bar.  The bubble-point (solubility) data are plotted in Figure 8.1. 
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Relatively high CO2 solubility in 1-octene is observed especially at elevated pressures.   
The mixture reaches the critical point at approximately 102 bar with 96% mole of 
CO2.   The PR EOS with van der Waals 2-parameter mixing rule is chosen to 
correlate the data.  Modeling results are shown in Figure 8.2 and the interaction 
parameters between 1-octene and CO2, nonanal and CO2 are given Table 8.2.  For 
ternary equilibrium prediction, the model performed simulation without 1-octene and 
nonanal interaction parameter.  The model accurately correlates the CO2 solubility 
data except in the near critical regime (>100 bar).  The predicted critical point appears 
at approximately 99 bar, which is 3.4% lower than the experimental point.  The 
predicted critical composition is 1.7% lower.  The poorer performance of the near 
critical region is observed commonly for cubic equations of state modeling of bubble-
point data, which are also reported in [19, 20].   




8.2.1.2 Vapor-liquid equilibrium of CO2 and nonanal 
The solubility of CO2 in pure nonanal (product of the hydroformylation reaction) 
is measured at 60 °C and pressure up to 117 bar.  The data are given in Table 8.2 and 
plotted in Figure 8.2.  At 116.6 bar, the mixture of nonanal and CO2 becomes critical 
and one phase with 97.1% mole of CO2.  As shown in Table 8.2 and Figure 8.2, the 
modeling results of solubility of CO2 in nonanal correlate excellently with the 
experimental solubility data.  The composition of critical point is also very well 




Figure 8.1 Experimental bubble-points and mixture critical point of 1-octene/CO2 at 
60°C. ●: bubble points.○: critical points. Solid line: modeling correlation 
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8.2.1.3 Vapor-liquid equilibrium of CO2/ Octene and CO2/nonanal 
When the system pressure is below the mixture critical point, the reaction is 
operated in biphasic system.  The solubility of CO2 is different in reactant and 
product.  As shown in Figure 8.3, the solubility of CO2 is higher in product of 
nonanal than 1-octene at lower pressures.  At approximately 65 bar, the solubility is 
equal.  Above 65 bar, the solubility of CO2 then becomes higher in 1-octene.  This 
may have ramifications for reactions in a biphasic CXLs. 
 
 
Figure 8.2 Experimental bubble-points and mixture critical point of nonanal/CO2 
at 60°C. ■: bubble points.□: critical points. Solid line: modeling correlation. 
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For reactions conducted below this cross-over pressure in a batch mode, the 
pressure may decrease as the mixture converts from a lower solubility reactant to a 
higher solubility product.  However, above this pressure, the pressure may actually 
increase throughout the reaction.  If these pressure changes are large enough, both the 
solubility and volume expansion (discussed below) may change the concentrations in 






Figure 8.3 Experimental bubble-points of 1-octene/CO2 and nonanal/CO2 at 60°C. 
●: 1-octene; ■: nonanal 
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Table 8.3 Vapor-liquid equilibrium data of 1-octene/CO2 and nonanal/CO2 systems at 
60 °C  
System P [bar] xCO2 ∆V/V0 VL  [cm3/mol] 
1-octene+CO2 12.17 0.1019 ± 0.0033 0.033 ± 0.001 141.55 ± 0.14 
 29.52 0.2778 ± 0.0041 0.130 ± 0.001 124.55 ± 0.11 
 39.45 0.3725 ± 0.0040 0.212 ± 0.002 116.08 ± 0.10 
 48.98 0.4599 ± 0.0038 0.309 ± 0.002 107.89 ± 0.08 
 59.85 0.5591 ± 0.0032 0.464 ± 0.002 98.49 ± 0.07 
 68.16 0.6348 ± 0.0026 0.640 ± 0.002 91.41 ± 0.06 
 77.95 0.7235 ± 0.0018 0.974 ± 0.002 83.32 ± 0.04 
 86.61 0.8021 ± 0.0011 1.575 ± 0.003 77.76 ± 0.03 
 91.67 0.8475 ± 0.0007 2.220 ± 0.004 74.91 ± 0.02 
 98.46 0.9078 ± 0.0003 4.528 ± 0.006 77.81 ± 0.01 
CP 102.39 0.9607±0.0002  84.26 ± 0.01 
nonanal+CO2 10.08 0.1019 ± 0.0034 0.016 ± 0.002 167.64 ± 0.19 
 20.04 0.2108 ± 0.0028 0.062 ± 0.002 154.04 ± 0.17 
 29.9 0.3067 ± 0.0023 0.123 ± 0.002 143.05 ± 0.15 
 40.25 0.4085 ± 0.0019 0.185 ± 0.002 128.81 ± 0.13 
 50.49 0.4968 ± 0.0016 0.282 ± 0.002 118.49 ± 0.11 
 60.02 0.5683 ± 0.0014 0.386 ± 0.002 109.90 ± 0.09 
 70.53 0.6463 ± 0.0012 0.540 ± 0.002 100.10 ± 0.08 
 80.32 0.7174 ± 0.0010 0.732 ± 0.002 89.93 ± 0.06 
 90.18 0.7831 ± 0.0008 1.023 ± 0.003 80.62 ± 0.05 
 102.04 0.8597 ± 0.0005 1.697 ± 0.003 69.52 ± 0.03 
CP 116.55 0.9706 ± 0.0001  69.60 ± 0.01 













CP: Mixture critical point 
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8.2.2 Multi-component vapor-liquid equilibrium systems 
8.2.2.1 Ternary VLE systems 
The solubility of CO2 in mixtures of 1-octene and nonanal are measured at 60°C 
with initial ratios of 3:1 (25% nonanal), 1:1 (50% nonanal), and 1:3 (75% nonanal).  
The results are listed in Table 8.4 and presented in Figure 8.3 by choosing and 
grouping the data approximately at pressures of 10 bar, 30 bar, 50 bar, 70 bar and 90 
bar.  At lower pressure the solubility of CO2 appears to change linearly in both pure 
1-octene and in nonanal.  However, at higher pressure and intermediate 1-
octene/nonanal concentrations, the CO2 solubility decreases slightly.  In order to 
predict the ternary equilibrium, 3 sets of binary interaction parameters are needed: k13 
and l13 of CO2/1-octene, k23 and l23 of CO2/nonanal, and k12 and l12 of 1-
octene/nonanal.  The first two can be obtained from correlating the binary 
experimental data.  However, no low-pressure vapor-liquid equilibrium data are 
known for the 1-octene/nonanal system and their interactions, so that k12 and l12 are 
set to zero.   
The results in Figure 8.4 reveal that the model predicts the ternary data quite 
well, despite no 1-octene-nonanal interaction parameters.  At lower pressure (< about 
65 bar), the solubility in nonanal is higher than 1-octene. When pressure is higher 
than 65 bar, CO2 is more soluble in 1-octene than nonanal.  When running the 
reaction at certain pressure, the pressure may change with the conversion.  In order to 
see this clearly on the model prediction, the data are plotted at an initial ratio of 1-










Figure 8.4 Ternary diagram of 1-octene (1), nonanal (2) and CO2 (3). ●:~10bar; 
■:~30bar; ▲:~50bar; ▼:~70bar; ♦:~90bar. Modeling prediction using only binary 
interaction parameters and k12, l12 = 0. 
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9.81 0.0963 ± 0.0034 0.023 ± 0.002 148.88 ± 0.19 
 20.45 0.2121 ± 0.0028 0.076 ± 0.002 136.55 ± 0.17 
 30.33 0.3111 ± 0.0023 0.143 ± 0.002 126.80 ± 0.15 
 40.30 0.4009 ± 0.0019 0.223 ± 0.002 117.97 ± 0.13 
 49.80 0.4817 ± 0.0016 0.318 ± 0.002 110.01 ± 0.11 
 60.18 0.5623 ± 0.0014 0.447 ± 0.002 102.01 ± 0.09 
 70.58 0.6453 ± 0.0012 0.630 ± 0.002 93.10 ± 0.07 
 80.66 0.7230 ± 0.0009 0.893 ± 0.003 84.47 ± 0.06 
 90.33 0.7956 ± 0.0006 1.309 ± 0.003 76.02 ± 0.04 
 100.57 0.8699 ± 0.0004 2.276 ± 0.004 68.65 ± 0.03 
CP 108.39 0.9697 ± 0.0001  76.67 ± 0.01 
1-octene/nonanal (3:1) 
+CO2 
9.80 0.0568 ± 0.0043 0.033 ± 0.002 153.13 ± 0.19 
 20.53 0.1863 ± 0.0048 0.079 ± 0.002 138.07 ± 0.16 
 31.29 0.2814 ± 0.0054 0.148 ± 0.002 129.66 ± 0.14 
 40.70 0.3753 ± 0.0053 0.221 ± 0.002 119.92 ± 0.12 
 50.66 0.4714 ± 0.0049 0.315 ± 0.002 109.25 ± 0.11 
 60.08 0.5484 ± 0.0043 0.438 ± 0.002 102.07 ± 0.09 
 70.53 0.6387 ± 0.0034 0.618 ± 0.002 91.88 ± 0.07 
 80.61 0.7204 ± 0.0025 0.892 ± 0.003 83.14 ± 0.06 
 90.79 0.8032 ± 0.0015 1.401 ± 0.003 74.29 ± 0.04 
 100.42 0.8796 ± 0.0007 2.623 ± 0.005 68.53 ± 0.02 
 105.34 0.9221 ± 0.0003 4.936 ± 0.008 72.66 ± 0.02 
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CP 105.92 0.9645 ± 0.0001  79.25 ± 0.01 
1-octene/nonanal (1:3) 
+CO2 
11.66 0.1335 ± 0.0042 0.021 ± 0.002 145.41 ± 0.19 
 20.69 0.2267 ± 0.0047 0.058 ± 0.002 134.45 ± 0.17 
 30.36 0.3185±0.0051 0.105 ± 0.002 123.78 ± 0.15 
 39.92 0.3983±0.0052 0.177 ± 0.002 116.48 ± 0.13 
 51.51 0.5018±0.0047 0.287 ± 0.002 105.46 ± 0.11 
 60.71 0.5762±0.0041 0.396 ± 0.002 97.25 ± 0.09 
 69.86 0.6484±0.0034 0.549 ± 0.002 89.53 ± 0.08 
 80.00 0.7258±0.0025 0.799 ± 0.003 81.12 ± 0.06 
 89.47 0.7965±0.0017 1.183 ± 0.003 73.04 ± 0.04 
 98.87 0.8652±0.0009 1.986 ± 0.004 66.19 ± 0.03 
 107.83 0.9352±0.0002 5.648 ± 0.009 70.85 ± 0.01 
CP 114.41 0.9697±0.0001  72.01 ± 0.01 












Δ ; CP: Mixture critical point 
      
Table 8.5 Critical point data of 1-octene/nonanal/CO2 systems without CO/H2 
pressure at 60 °C 
Conversion P [ Bar] XCO2 X1-octene Xnonanal 
0 102.39 0.9607 0.0393 0.0000 
0.25 105.92 0.9645 0.0266 0.0089 
0.5 108.39 0.9697 0.0151 0.0151 
0.75 114.41 0.9697 0.0076 0.0227 
1 116.55 0.9705 0.0000 0.0295 
 
 The mixture critical points for each initial ratio of reactants and products are 
measured and listed in Table 8.5.  The mixture critical points increase with 
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conversion. The CO2/nonanal mixture critical point is approximately 14.2 bar higher 
than that of CO2/1-octene at 60°C.  The critical points increase almost linearly with 




The mixture critical points of these mixtures define the boundary between a 
biphasic CXL reaction and a reaction in a single supercritical phase, which 
determines the reaction conditions.  There are potential advantages in either mode 
[21], but due to the large potential change in the mixture critical point as the reaction 
 
Figure 8.5 Experimental bubble-points and mixture critical point of an initially 1:1 
mixture of 1-octene/nonanal with CO2 at 60°C ■: bubble points; □: critical point. 
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proceeds from 100% 1-octene (0% conversion) to 100% nonanal (100% conversion).  
If a reaction runs just above the mixture critical point of 1-octene/CO2, a phase 
change would occur during the reaction.  If the reaction runs in a closed reactor 
without window, it is hard to monitor and keep the system in one phase during the 
whole reaction.  Without the knowledge of the phase behavior and anomalous 
kinetics results, it is impossible for rational reactor design. 
 
Figure 8.6 Experimental mixture critical points of mixtures of 1-octene and nonanal 
(initial gas-free basis), and CO2 with (■) and without (●) 6 bar initially of CO/H2. 
8.2.2.2 Mixture critical points of the 5-component Mixture: 1-Octene/Nonanal/CO2/CO/H2 
The mixture critical points with the presence of syngas (CO/H2 1:1 by mole) is 
measured at an initial loading of 6 bar of syngas corresponding to a global loading of 
approximately 36% by mole with the initial amount of 1-octene and or nonanal; exact 
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initial concentrations are listed in Table 8.6.  The critical pressure and composition 
with various initial fractions of nonanal, 0, 0.25, 0.5, 0.75, 1 (on a CO2 and syngas 
free basis), are measured at 60°C.  The mixture critical points increase with the 
conversion.  The critical points of the 5-component mixture are compared with the 
syngas-free case in Table 8.5.  As shown, the mixture critical points occur at higher 
pressures than the syngas-free case.  Moreover, despite adding only 6 bar of syngas to 
the mixture, the 5-component mixture critical pressures are 8 bar (sometimes more) 
higher than that of the syngas-free.  Therefore, simply knowing the ternary mixture 
critical points and adding 6 bar to obtain the multi-component critical point do not 
lead to a quantitative prediction for the actual mixture.      
Table 8.6 Critical point data of 1-octene/nonanal/CO2 Systems with CO/H2 pressure 









P [Bar] xCO/H2 xCO/H2 xCO2 xorganics 
0 111.36 0.3561 0.0203 0.9430 0.0367 
0.25 112.95 0.3681 0.0196 0.9469 0.0336 
0.5 115.76 0.3730 0.0193 0.9483 0.0324 
0.75 120.78 0.3753 0.0178 0.9527 0.0296 
1 123.04 0.3762 0.0172 0.9542 0.0286 
a CO2 and CO/H2 free basis 
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8.2.3 Volume expansion 
The volume expansions of the binary, ternary system with syngas pressure, up 
to 5-component systems are measured at 60°C and pressure approaching the mixture 
critical points.  The data are listed in Tables 8.3, 8.4 and 8.7 and shown in Figures 8.7 
and 8.8. The volume expansion is calculated by the ratio of the volume change with 
CO2 pressure and initial liquid volume. The volume change accounts for the volume 
difference between the volume of CO2 expanded liquid and the initial liquid volume 
without CO2 pressure. The volume expansion of the mixture expanded with CO2 is an 
important parameter for reactions and can be used to explain the reaction kinetics 
results.  Kinetic rate equations are most often functions of concentration (moles 
reactants per volume).  When the CO2 pressure is increased, CO2 dissolves in the 
liquid phase and expands the volume of the liquid mixture.  If the moles of reactant 
are kept as constant, this volume expansion would lower the concentration, CO2 
pressure dilutes the reactant. Thus from the reaction view point, the CO2 pressure 
results in a huge dilution in the reaction system. If this were not taken into 
consideration, the apparent reaction rate would appear to drop with additional CO2 
pressure.  However, the actual kinetic rate may be constant, decrease or even increase.  
The volume expansion of pure 1-octene and nonanal are plotted in Figure 8.7. 
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Figure 8.7 Volume expansion of 1-octene/CO2 and nonanal/ CO2. ●: 1-octene. ■: 
nonanal 
 
Figure 8.8 Volume expansion of 1-octene/nonanal mixtures (1:1) and CO2 with and 
without CO/H2 pressure ●: without syngas pressure. ■: with syngas pressure. 
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Table 8.7 Volume expansion of 1-octene/nonanal/CO2 with initially 6 bar of CO/H2 
pressure a at 60 °C 
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At pressures below 50 bar, the volume expansions of each of the components are 
very similar.  Between 50 bar and the respective mixture critical pressures, the 
volume expansion of 1-octene becomes significantly greater than nonanal due to 
higher solubility in 1-octene than nonanal.  Moreover, as nonanal is slightly polar, the 
nonanal-nonanal interactions in the CO2 expanded fluid become stronger than mostly 
dispersive forces found in the 1-octene/CO2 mixture.    
The volume expansion data with CO/H2 pressure are measured at 60°C and up to 
120 bar pressure; the data are summarized in Table 8.7. The volume expansion of 
CO2 with an initial CO/H2 pressure is very similar to that of CO2 without CO/H2 
pressure. The volume expansion of a 1:1 mixture of 1-octene and nonanal is 
illustrated in Figure 8.7 until approximately 60 bar of pressure.  Above 60 bar, the 
volume expansion with only CO2 pressure becomes moderately different and greatest 
near the mixture critical point.  With an initial pressure of approximately 6 bar of 
syngas, the volume expansion decreases at a given pressure over that of a similar 
pressure of pure CO2.  This would be expected as the solubility of H2 and CO is much 
less than CO2 [25-27].  By reducing the partial pressure or, more appropriately, 
increasing the fugacity of CO2 in the vapor phase, the solubility of CO2 at a given 
pressure in the liquid phase will be lower, therefore, the volume expansion without 
CO/H2 pressure is higher than runs with CO/H2 pressure. 
8.2.4 Molar volume 
The volume expansions of the binary, ternary systems are measured at 60°C and 
pressure approaching the mixture critical points.  The data are listed in Tables 8.3 and 
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8.4.  The molar volume decreases with CO2 pressure until it is close to critical status, 
where the volume expansion is increased dramatically to make the molar volume 
slightly higher than minimum.  For instance, the mixture of 1-octene and CO2 is 
141.55 mol/ml at 12.17 bar, 77.81mol/ml at 98.46 bar, which decreases about 45%.  
Figure 8.9 shows that the molar volume of 1-octene and nonanal decreases linearly at 
lower pressure and reaches the minimum when the pressure is close to mixture 
critical points.  The molar volume data is very important for kinetics result 









To understand the phase behavior and phase equilibrium of the hydroformylation 
of 1-octene in CO2-expanded liquids, the vapor-liquid equilibrium of CO2 with 1-
octene, nonanal, and syngas (CO/H2) has been measured at 60°C and pressure up to 
120 bar.  The phase behavior data determine the operating conditions.  The molar 
volume and volume expansion data are very useful to explain the kinetics results. The 
vapor-liquid equilibrium data is the basis for reaction and calculation of kinetics rate.  
As expected, the solubility and volume expansion increase with CO2 pressure, which 
can be quite significant in the binary and multi-component mixtures.  The Peng-
Robinson equation of state with vdW-2 mixing rules was chosen for modeling, which 
correlates the binary experimental solubility data well.  The model also provides an 
adequate prediction of the ternary results without interaction parameters for the 1-
octene and nonanal especially at low to moderate pressures.  For the ternary mixtures 
of the 1-octene and nonanal, the mixture critical points increase with initial nonanal 
composition (increasing conversion during a reaction) and increase in the presence of 
syngas (CO/H2) pressure. These data will aid to understand the reaction kinetics and 
help reaction engineering for the Hydroformylation reaction in CO2–expanded liquids 
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Chapter 9 Conclusions and Recommendations 
 
The research presents the investigation of the global phase behaviors and 
equilibria of ionic liquids and compressed gases for chemical reactions and 
engineering applications.  A biphasic IL/CO2 reaction system is a promising 
alternative for hydrogenation and hydroformylation reactions. Experimental results 
and thermodynamic model studies reveal that ionic liquids and compressed gases are 
feasible to be used as working fluids for absorption air conditioning systems.  
Binary mixtures of the refrigerant gas, R-134a, and ionic liquids of [EMIm][Tf2N], 
[HMIm][Tf2N], [HMIm][PF6], [HMIm][BF4], and [BMIm][PF6] belong to a Type V 
system according to the classification of Scott and van Konynenburg, which includes 
vapor liquid equilibrium, vapor liquid liquid equilibrium, liquid liquid equlibirum, 
and reaches mixture critical points at certain temperature and pressure.  R-134a and 
[HMIm][Br] is a type III system which also includes vapor liquid equilibrium, vapor 
liquid liquid equilibrium, liquid liquid equilibrium, multiple phase equilibrium, but 
cannot reach a mixture critical point at the studied conditions.  The different phase 
behaviors between [HMIm][Br], [HMIm][Tf2N] and R-134a provide a feasible 
purification method of synthesizing the IL by compressed fluids.  The phase behavior 
of CO2 and all ionic liquids indicate Type III systems.  The global phase behavior of 
ionic liquids and compressed gases is predicted with Peng-Robinson equation of state 
(EoS).  The model can quantitatively predict the global phase behavior by only using 
 336
the EoS parameters and binary interaction parameters correlated from vapor liquid 
equilibrium data. 
The phase equilibrium data of imidazolium ionic liquids and CO2/R-134a at 
three isotherm and pressure up to 250 bar reveal an excellent agreement with those 
reported in literature. The ionic liquid structure demonstrates significant influence on 
both the phase equilibrium data and the global phase behavior, such as solubility, 
molar volume, LCEP and mixture critical points.  The solubility and LCEP 
temperature increase and the mixture critical pressures decrease with increasing the 
alkyl- group on the cation.  The anion plays a more important role for a given cation 
class than changes to the cation itself.  The solubility and the LCEP temperature 
increases and the mixture critical pressures decrease in the order of [BF4], [PF6], and 
[Tf2N]. The phase equilibria data is well correlated by the PR-vdW2 EoS using 
predicted critical properties of ionic liquids.  However, the model under predicts the 
mixture critical points. The EoS prediction of a mixture critical point for the 
CO2/[HMIm][Tf2N] system at pressures above 400 bar is not supported by any 
experimental data.   
The feasibility of absorption refrigeration systems using ionic liquids and 
compressed gases in vehicles was investigated by thermodynamic modeling.  
Simulation studies reveal that the air conditioning system could be operated by the 
waste heat from the engine coolant and/or exhaust gases.  This would reduce fuel 
consumption and lower environmental pollution.  In addition, it is not necessary for 
an absorption system to have a bulky rectifier, needed for common absorption 
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refrigeration systems using solvents, since the ionic liquid has no vapor pressure.  
Modeling studies reveal that the working fluids of [HMIm][Tf2N]/R-134a and 
[HMIm][Tf2N]/CO2 can produce comparable cooling capacity as standard vapor 
compression systems.  Further optimization is also possible by varying operational 
conditions and molecular design of the ionic liquid.    
Complete phase behavior study of the reactant, product, CO2 and ionic liquids 
for hydrogenation and hydroformylation reactions of 1-octene were measured.  
Volume expansion of liquid phase with CO2 pressure was determined simultaneously.  
CO2 pressure shows two main effects on the reactants: dilution and reactant 
partitioning. The unique phase behavior of CO2, the organic components and ionic 
liquid provide a feasible process to perform the reaction and separation of the product 
from the catalytic phase.  With these phenomena understood, a biphasic reaction 
system with IL/CO2 for homogeneously catalyzed reactions provides a highly tunable, 
flexible and possibly economical platform for reactions and separations.  Complete 
phase behavior studies for reactions enable the understanding the kinetics results, 
determining the operating conditions and choosing appropriate separation process and 
properly designing an optimal reaction system.   
In the future, designing and synthesizing an ionic liquid absorbent with high 
CO2 and R134a solubility and capacity are recommended. Developing a preliminary 
process using ionic liquids/compressed gases in an absorption system is desired. More 
physical and chemical property data with different ionic liquids need to be measured 
to build a database.  Models that provide the correlation between property and 
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structure would be highly useful for molecular design of novel ionic liquids.  The 
absorption and desorption kinetics of ionic liquids and compressed gases should be 
measured for further process design.  For alternative refrigerants of R-134a, the 
hydro-fluoro olefin, 2,3,3,3 tetrafluoropropene (HFO-1234yf) is a promising 
alternative in addition to CO2.  The atmospheric lifetime of HFO-1234yf is just 11 
days, compared to 13 years for today's R-134a.  The properties of HFC-134a and 
HFO-1234yf are very similar.  The service equipment and service practices will also 
be similar for vapor compression systems.  The phase behavior and equilibrium of 
ionic liquids and HFO-1234yf should be measured and simulation studies for 
absorption air conditioning systems in vehicles should be performed. 
To better understand the association between ionic liquids and compressed 
gases, it is necessary to further explore the factors affecting the gas solubility.  The 
solubility is not only affected by temperature and pressure, but also the molecular size 
and polarity.  Moreover, three intermolecular forces play significant roles here: 
coulombic forces, dispersive forces, dipolar forces, and sometimes hydrogen bonds.  
Identifying and quantifying the dominant forces will help explain and relate the 
solubility with IL structure. 
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Appendix A: Mechanical Drawing of High Pressure Vapor-Liquid Equilibrium 
Cell 
 
Figure A.1 Mechanical drawing of vapor-liquid equilibrium cell from front view. 
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Figure A.3 Picture of experimental apparatus. 
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Appendix B: Error Analysis for Vapor-Liquid Equilibrium Calculations 
Combined standard uncertainties represent the estimated standard deviation of 
the results, which can be used to evaluate the accuracy for the apparatus [1]. In order 
to provide the uncertainties, the error analysis is developed following the procedure 
given by Scurto[2].  
Suppose f  is a function that depends on more than one variable, f can be 
expressed as: 
),...,,( 21 naaaff =  







































































































To simplify the calculation for practical interest, the variables can be assumed 
to be uncorrelated. Then the second-order mixed derivatives are neglected. The 















































If the quantities of variables are very small, the second-order derivatives can 
be approximated to the corresponding variances, i.e. 211
2 )( aad Δ≈  .  
In the following equations, 1 represents the liquid property, 2 represents the 
gas property. 
Error analysis of the mole faction of CO2, 2x ,  is calculated as:  







































































































dmdn =  


















































































































































































































































































∂ ;     
( )

































































































































































































































































































































































































































































































































































































Error analysis for liquid molar volume, LV , is computed as 





























































































































































































































































Error analysis for the mass fraction of the gas, w , is calculated as 








































































































































2 dnMWdm =  
 
Error analysis for the volume expansion, 
0V
VΔ , is computed as: 















































































Error analysis for Molality , [m], is determined from the definition: 
Molality = moles of  CO2/ mass of IL (kg), 




































































Error analysis for Molarity, M, is computed in the similar way with Molality. 
Molarity = Moles of the gas/ Volume of the solution (liter) 








































































Table B.1 Nomenclature used in the error analysis 
ix  Mole  fraction of component i  
in  Moles of component i  
tn  Total mole of the liquid-gas mixture  
linesheadspacepumpn ,,  Moles of the gas in the pump, headspace, lines 
0
,headspaceslinen  Initial moles of the gas in the lines and headspace 
im  Mass of component i  
iMW  Molecular weight of component i  
01,CC  Calibration coefficients from the liquid height H  to the volume LV
 
Table B.2 Measurement precision for the error analysis 
3,2,1=idTi  ± 0.5 C 
pumpdT  ± 0.01 C 
pumpdP  0.334 Bar 
dT , headspacedT  ± 0.01 C 
dP , linesdP  0.0668 Bar 
celldV  0.01438ml 
LdV  0.001ml 
dH  0.01mm 
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Appendix C: Mechanical Drawing of High Pressure High Pressure UV-vis Cell  
 

















Appendix D: Vapor-Liquid Equilibrium Data and Error Analysis for 
[HMIm][Tf2N] and R134a System 
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